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Abstract

This work presents the development and validation of a 1D finite-volume model for the
simulation of planar solid oxide cells (SOCs), developed for integration in more complex
systems and process simulations. The model allows to investigate the temperature, compo-
sition, and current density profiles along the channel. In this work, the Fick’s equations
typically used to calculate the concentration overpotential due to H2 and H2O diffusion
in the electrode are improved compared to 1D SOC models available in the literature. In
particular, the approximate analytical solution of the dusty gas model (DGM) equations
allows for a better definition of H2 and H2O mixture diffusion coefficients, which are
relevant, for instance, in the case of solid oxide fuel cells (SOFCs) fed with reformate gas
mixtures. Differently from other 1D models available in the literature, the model devel-
oped is validated using experimental SOFC polarization curves covering a wide range
of operating conditions in terms of molar fraction of H2 (21–93%) and H2O (7–50%) in
the fuel, temperature (550–750 ◦C), and fuel utilization factor (exceeding 90%), demon-
strating that 1D SOC models retain a good description of the physical processes occurring
within the cell. While this work focuses on a co-flow SOFC configuration, the model can
simulate a counter-flow configuration and electrolysis operation without modifying the
model equations.

Keywords: solid oxide fuel cell; 1D SOFC model; channel-level model; finite-volume model

1. Introduction
Solid oxide fuel cells (SOFCs) and solid oxide electrolysis cells (SOECs) are emerging

energy conversion technologies that can support the energy transition. Their use can
improve the efficiency of the existing energy conversion concepts, like in the case of an
SOFC used for cogeneration applications, or prompt the development of new concepts,
like multi-energy systems based on reversible solid oxide cells (rSOCs) [1] or hybrid
power generation systems integrating an SOFC with gas or steam cycles [2]. Modern
SOCs can operate at an intermediate temperature range between 600 and 800 ◦C thanks
to the fabrication of very thin electrolytes (10 µm or lower), which are typically made of
yttria-stabilized zirconia (YSZ), or thanks to the use of alternative electrolyte materials
(e.g., scandia stabilized zirconia). On the one hand, the high temperatures bring several
advantages compared to similar electrochemical devices based on polymeric or alkaline
electrolytes, including higher efficiency, the possibility of thermal integration at system
level, fuel flexibility, and absence of expensive catalysts. On the other hand, the main
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drawbacks include a faster degradation of the main cell components and the need to
carefully manage internal thermal gradients.

Using accurate models to predict the performance of SOFC (or SOEC) is a crucial aspect
for the development of energy systems based on this technology. The model dimensionality
and complexity can vary substantially, including 1D approaches developed along the
main direction of the gas flows [3], 1D + 1D or 2D models with a refined description of the
processes occurring within the electrodes [4] and at the cell layer boundaries, and 3D models
of the solid oxide cell (or stack) using commercial software like COMSOL Multiphysics® [5]
and CFD (computational fluiddynamics) approach. The review work of Wu et al. [6]
provides an in-depth description of the available SOFC models, highlighting strengths,
weaknesses, and field of application for each of them. In particular, 1D models can be
more easily integrated into wider system simulations due to the significant computational
burden of 2D and 3D models, allowing the system optimization while retaining a good
description of physical processes occurring within the stack. Two- and three-dimensional
models provide additional insights on the stack internal operating conditions and can
improve the performance estimation, especially at high current density [7].

This paper presents an updated version of a stationary 1D finite-volume model for
the simulation of planar SOFCs and SOECs, which has already been validated and used in
several works [3,8] and which can be used both in co-flow and counter-flow configurations.
Differently from previous versions, the model is developed to allow running within Aspen
Plus® for wider system and process simulations; the Aspen environment provides built-
in functions for the calculation of physical and thermodynamic properties of gases and
facilitates the model integration.

Focusing on stationary 1D models describing the SOFC internal conditions along the
channel direction, either in a co-flow or counter-flow arrangement, the state-of-the-art
modelling approach and equations used are substantially unchanged compared to the
first models of this kind developed about 20 years ago (e.g., [3,9]). A typical 1D SOFC
model solves the species mass balances to find the fuel and oxidant composition along the
channel length, energy balances for the temperature distribution, and an electrochemical
model using local partial pressures and temperature to calculate the local current density
produced by the cell, assuming that the cell voltage is fixed.

The energy balance equations can present some variations depending on the assump-
tions made. While the temperature profiles of the fuel and air streams are always calculated,
the solid parts (electrodes, electrolyte, and interconnects) can be assumed to be at the same
temperature at each axial coordinate [10]. Alternatively, a finer grid allows to distinguish
the temperature of the PEN (positive-electrolyte-negative), which is the assembly including
the electrodes and the electrolyte, from the interconnect temperature [11]. The interconnects
at the fuel and air sides can also be separated for an improved description, which is the
approach followed in this work. The interconnects might also be internally divided into
smaller pieces, depending on the assumed geometry, which was reported to provide an
improved level of detail in the cross-flow configuration [3]. While the axial heat conduction
in the solid parts is always considered, this term is typically neglected in the gas phase,
which is also an assumption made in this work, since the thermal conductivity of gases
is 10–100 times lower compared to that of solid materials (especially the interconnect). In
addition, the radiative heat transfer between PEN and interconnects, which is typically
considered in other works, is replaced by an equivalent heat conduction term, as also done
by Jie et al. [12].

Regarding the electrochemical model, a voltage balance involving the ideal Nernst
voltage, the imposed cell voltage, and the overpotentials is solved to find the local current
density. Since electrochemical reactions are always assumed to occur at the electrode–
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electrolyte interface, the ohmic loss due to the ionic current only occurs in the electrolyte
bulk, while the electronic ohmic loss can be considered for the electrodes and the intercon-
nects. However, the latter contribution is typically neglected due to the high conductivity
of the interconnect materials. In this work, the electronic ohmic loss in the electrodes
is also neglected due to its very low contribution. Indeed, assuming to calculate ionic
and electronic conductivities with the relations used in several references [3,11–13] and
assuming a very thin electrolyte of 3 µm, a 1000 µm fuel electrode (conservatively thick,
since typical fuel-electrode supported SOCs employ <400–500 µm electrodes), and a 50
µm air electrode, the area specific resistances at 700 ◦C would be equal to 3.554 Ω mm2,
0.033 Ω mm2, and 0.004 Ω mm2, for the electrolyte, fuel, and air electrodes respectively,
which justifies the exclusion of electronic losses from the model. Activation losses are
always calculated using Butler–Volmer equations, either in their complete form, as done in
this work, or using a simplified version valid in the low or high overpotential region.

Concentration overpotentials at the fuel side are typically more important compared to
the air side, both due to the fuel electrode-supported architecture of modern SOFCs and the
high fuel utilization factor targeted in real applications. In 1D SOC models, a simplified Fick
approach is always used to estimate the species partial pressures at the electrode–electrolyte
interface, since solving the rigorous dusty gas model (DGM) equations along the electrode
thickness would require a 2D approach. One of the aims of this paper is to clarify the
derivation of Fick’s equations for H2 and H2O diffusion in the electrode, starting from the
complete DGM equations, as some confusion is still present in the literature. For instance,
most authors assume that the total pressure along the electrode thickness is constant, which
can either introduce an approximation in the model developed [10,14,15], or it can justify
the replacement of partial pressures in the Fick’s equations with molar fractions [12,16].
While the latter situation would not introduce errors, the molar fractions calculated in this
way are not consistent by themselves, as their sum can exceed one in some conditions
(while still providing a correct estimation of the concentration loss), as demonstrated in this
work. Moreover, the molecular diffusion coefficient of H2 and H2O in a multi-component
gas mixture, which can be a relevant parameter for SOFCs operating with natural gas or in
the co-electrolysis of H2O and CO2, is typically calculated with a generic relation [3,17] that
can be derived from Stefan–Maxwell equations, assuming that each component diffuses
in a stagnant gas mixture [18]. However, this is not the case for the fuel electrode, where
equimolar counter-diffusion of H2 and H2O occurs. In this work, an improved molecular
diffusion coefficient for multi-component mixtures is defined based on the approximate
analytical solution of DGM equations [12].

Another gap existing in the literature is the validation of 1D SOC models over a
wide range of operating conditions, as their simplicity might limit their applicability in a
narrow range of operating conditions near the calibration point. The model developed in
this work is calibrated and validated using experimental polarization curves of an SOFC,
covering a wide range of operating conditions in terms of H2 and H2O molar fraction in the
fuel, temperature, and fuel utilization factor (exceeding 90%). The experimental data are
reported in ref. [4], which also includes a numerical investigation using a 1D + 1D model
integrating the DGM for species diffusion in the electrode, coupled with a distributed
electrochemical model applied throughout the electrode thickness. One of the aims of this
work is to demonstrate that the same set of data can be accurately described by a simpler
1D model over a wide range of operating conditions.
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2. Model Description
The model developed is designed for the simulation of standard solid oxide cells using

Y-doped zirconia as electrolyte. The electrochemical reactions (1) and (2), representing the
hydrogen oxidation reaction (HOR) and the oxygen reduction reaction (ORR), occur at the
fuel and air electrode, respectively. In fuel cell mode, H2 is oxidized to H2O, consuming
an oxygen ion in the electrolyte and producing two electrons in the electronic conducting
phase (e.g., nickel). Electrons flow through an external resistance towards the positive
electrode (air electrode), where they combine with oxygen to produce an oxygen ion in
the electrolyte. The HOR and the ORR proceed forward and backward in fuel cell and
electrolysis mode, respectively.

H2 + O2− ↔ H2O + 2e− (1)

1
2

O2 + 2e− ↔ O2− (2)

Figure 1 (left) shows a generic solid oxide cell stack made of multiple planar cells
stacked on top of each other, each cell containing several gas channels as the one shown
on the right-hand side of Figure 1. The model developed in this work considers a single
channel as geometric domain, assuming that the whole stack (or cell) can be represented by
a number of identical channels, which significantly limits model complexity. The developed
finite-volume model is one-dimensional in the direction of the channel; it assumes steady-
state operation, with either co-flow or counter-flow arrangement (the co-flow configuration
is shown in the figure for simplicity), and it can be used to model both fuel cell and
electrolyzer modes. The model is implemented in Aspen Plus® (Aspen Technology, Inc.,
Bedford, MA, USA) environment, which allows exploiting a built-in equations solver
and accurate datasets for the calculation of thermodynamic and physical properties of
gas mixtures.

Figure 1. (Left) solid oxide cell stack made by several cells. (Right) single channel within a solid
oxide cell. The model developed in this work considers a single channel as the geometrical domain.

The model inputs are the channel geometry, the conditions of the inlet streams (temper-
ature, composition, pressure, and molar flow rate), several parameters required to model
the physical processes, and the cell voltage, which is assumed to be constant throughout
the channel (electrode equipotential assumption). The main outputs of the 1D model are
the distribution along the axial direction of:

• The composition (xi ) and temperatures (Tf and Ta) of the gas streams;
• The temperature of the PEN structure (TPEN);
• The temperature of the interconnect at the fuel side and air side (Tint, f and Tint,a);
• The current density (iO2− ) and the electrochemical overpotentials (ηk).

Figure 2 shows the main dimensions defining the channel geometry, and Table 1
defines some relevant geometrical parameters, where ε f e and εae are the porosities of the
fuel and air electrode, respectively.
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Figure 2. Main geometrical dimensions of the SOFC channel.

Table 1. Relevant geometrical parameters derived from the input channel geometry.

Symbol Equation Description

lact wch + 2·tint Active area per unit length
tPEN t f e + tae + tely PEN thickness
Aint lact·hint + 2·tint·hch Cross-sectional area of the interconnect
A f e lact·t f e·

(
1 − ε f e

)
Cross-sectional area of the fuel electrode

Aae lact·tae·(1 − εae) Cross-sectional area of the air electrode
Aely lact·tely Cross-sectional area of the electrolyte

APEN A f e + Aae + Aely Cross-sectional area of the PEN assembly

The finite-volume solution algorithm includes the division of the channel in N small
pieces as the one shown in Figure 3 (left), which will be called control volume (CV). Assum-
ing that the cell voltage is fixed throughout the channel, the electrochemical model allows
to calculate the local current density iO2− , which is equal to the small (but finite) current
(∆I) flowing through the interconnects of the CV divided by the active area contained in it
(∆Aact), as shown in Equation (3).

iO2− =
∆I

∆Aact
=

∆I
lact·∆x

(3)

Figure 3. The channel is divided into N control volumes (left). Each control volume is further divided
into 5 sub-volumes (right). The current density is calculated for each control volume, while the energy
balances are solved for all 5 × N sub-volumes. Mass balances are solved for the 2 × N sub-volumes
enclosing the fuel and air streams.

The electrochemical model is zero-dimensional, meaning that electrochemical reactions
are assumed to only occur at the interface between the electrode and the bulk of the
electrolyte. Coherently with the use of YSZ as electrolyte, short-circuit electronic currents
in the electrolyte are neglected, hence the current collected by the interconnects is equal to
the ionic current flowing in the electrolyte.

As shown in Figure 3 (right), each CV is further divided into 5 sub-volumes enclosing
the fuel and air channels, the interconnects, and the PEN structure. Mass and energy
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balances are solved for each of these 5 × N sub-volumes to find the temperature and
gas composition along the channel. A uniform temperature is defined for the solid parts
(interconnects and PEN sub-volumes) of each CV, resulting in 3 × N unknown tempera-
tures. The fuel and air temperatures at the outlet interface of each CV are also unknown,
resulting in 5 × N unknown temperatures in total, which is equal to the number of energy
balance equations.

Axial heat conduction in the x direction is considered for the PEN and the intercon-
nects, while it is neglected for gas streams due to the low thermal conductivity of the gases.
In the y direction, only the convective heat exchange between gases and interconnects is
considered (with exchange area per unit length equal to 4·hch). The heat exchange in the z
direction includes the convective heat transfer between gases and solid parts, the conduc-
tive heat transfer between PEN and interconnects, and the heat loss, which is assumed to
be uniformly distributed on the external interconnect surfaces. The radiative heat exchange
between PEN and interconnects is neglected since the temperature of the solid parts is
always found to be very similar in the z and y directions even when radiative heat exchange
is not considered, while the view factors are very small in the x direction.

The main equation used for the calculation of the local current density is the voltage
balance shown in Equation (4). The cell voltage (Vcell) is fixed (if the total current is fixed,
instead of the voltage, the same model can be run iteratively to find the voltage which
matches the required current), and EH2 is the ideal maximum (minimum) cell voltage in fuel
cell (electrolysis) mode. The term E0

H2
depends on temperature, and a simple correlation can

be derived by fitting thermodynamic data [3]. The partial pressures of hydrogen and steam
(pH2 and pH2O) used in Equation (5) are those found locally in the fuel channel; similarly, the
local oxygen partial pressure in the air channel (pO2) is used. The overpotentials, ηk, shift
the cell voltage from the ideal value, decreasing its performance. In the model developed,
both the overpotentials and the current density are positive in fuel cell mode and negative
in electrolysis mode. All the overpotentials depend on the current density, and Equation (4)
is used to implicitly calculate iO2− .

Vcell = EH2 − ηconc − ηohm − ηact − ηleakage (4)

EH2 = E0
H2

+
R·TPEN

2·F ln

(
pH2 ·p

1/2
O2

pH2O

)
(5)

Equation (6) is used to calculate ηleakage, which accounts for the fact that the measured
open-circuit voltage (OCV) is typically slightly lower compared to the ideal value calculated
with Equation (5), even if the external current is null [4,19]; since it is difficult to identify
and model the phenomena behind this mismatch, which might be due to gas leaks or a
short-circuit electronic current within the electrolyte, ηleakage should only be seen as a small
numerical correction to better fit experimental data. In fuel cell (or electrolysis) mode, the
maximum current density imax is calculated assuming that all the equivalent hydrogen (or
steam) is consumed, generating a corresponding faradaic current. Therefore, the leakage
loss is important near the OCV and tends to zero when the current density is large (in
absolute value).

ηleakage =
(
EH2 − OCV

)
·
(

1 − iO2−

imax

)
(6)

The concentration overpotential, which is calculated with Equation (7), accounts for
the fact that the ideal voltage should be calculated using the species partial pressures in the
proximity of the reaction site (i.e., pH2,r, pH2O,r, and pO2,r), which is assumed to be located
at the electrode–electrolyte interface.
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ηconc =
R·TPEN

2·F ln

(
pH2

pH2,r
·

pH2O,r

pH2O
·

p1/2
O2

p1/2
O2,r

)
(7)

The partial pressures of H2, H2O, and O2 at the electrode–electrolyte interfaces are
calculated using Equations (8)–(10), in line with most literature works on 1D SOFC mod-
els [11,15]. The coefficient lact/wch is included to account for the fact that the reference
surface for the diffusion process is lower than the active area. The calculation of the diffu-
sion coefficients in the porous electrodes Di,p can vary among different works, with some
approaches even assuming that DH2,p and DH2O,p are equal [14,15]. The coefficients Di,p

are typically calculated as a combination of the Knudsen diffusion coefficient (De
K,i) and

the molecular diffusion coefficient in the gas mixture (De
i,mix) of each species, as shown in

Equation (15).

pH2,r = pH2 −
iO2− ·R·TPEN ·t f e

2·F·DH2,p
· lact

wch
(8)

pH2O,r = pH2O +
iO2− ·R·TPEN ·t f e

2·F·DH2O,p
· lact

wch
(9)

pO2,r = pch −
(

pch − pO2

)
·exp

(
iO2− ·R·TPEN ·tae

4·F·pch·DO2,p
· lact

wch

)
(10)

In this work, the binary diffusion coefficients Di,j are calculated according to the
Fuller method, which is valid for pressures below 35 bar [20], and it is widely adopted
in other similar works [12,21]. The effective molecular diffusion coefficients De

i,j can be
found multiplying the binary diffusion coefficients by ε/τ. The effective Knudsen diffusion
coefficient De

K,i is calculated with Equation (14), where rp is the average pore radius, and
MMi is the molar mass of species i.

Since the concentration overpotential due to O2 diffusion is typically small, and
the cathodic gas mixture is often a N2-O2 binary mixture, De

O2,mix is calculated using
a generic literature model, represented by Equation (13), which can be derived from
Stefan–Maxwell equations assuming that a species diffuses in a stagnant gas mixture [18]
(which is not the case for the fuel electrode where equimolar counter-diffusion of H2

and H2O occurs). Instead of using a relation similar to Equation (13), as done in other
works [3,17], the molecular diffusion coefficients of H2 and H2O in the gas mixture are
calculated with Equations (11) and (12), according to the approximate solution of the DGM
equations shown in the Appendix A. In particular, the Appendix A shows the derivation
of Equations (8) and (9) and the coefficients De

H2,mix, De
H2O,mix, DH2,p, and DH2O,p, starting

from the rigorous DGM equations. In particular, it is demonstrated that defining De
H2,mix

and De
H2O,mix, as done in Equations (11) and (12), allows to achieve results very similar

to the DGM solution in a multi-component gas mixture compared to using a generic
correlation as Equation (13).

1
De

H2,mix
=

NS

∑
j ̸=H2

xj

De
H2,j

+
xH2

De
H2,H2O

(11)

1
De

H2O,mix
=

NS

∑
j ̸=H2O

xj

De
H2O,j

+
xH2O

De
H2,H2O

(12)

1
De

O2,mix
=

1(
1 − xO2

) · NS

∑
j ̸=O2

xj

De
O2,j

(13)
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De
K,i =

ε

τ
·2
3
·rp·

√
8·R·TPEN
π·MMi

(14)

1
Di,p

=
1

De
K,i

+
1

De
i,mix

(15)

The ohmic loss is calculated with Equation (16), where the main contribution is due to
the oxygen ion conductivity (σ) along the electrolyte thickness (tely), and rcontact is a calibra-
tion parameter that can be used to fit the data, representing an additional electric contact
resistance, which includes the effect of the interconnects (material electric resistance and
contact resistance) and other contributions that are not (or cannot be) explicitly considered
in the model.

ηohm = iO2− ·
( tely

σ
+ rcontact

)
(16)

σ =
σ0

TPEN
·exp

(
− Eact,σ

R·TPEN

)
(17)

The activation overpotentials in the fuel electrode (ηact, f e) and air electrode (ηact,ae)
are calculated using Butler–Volmer Equations (18) and (20), and their sum is equal to
the overall activation overpotential (ηact). The form of the Butler–Volmer equations is
taken from ref. [4], and both kHOR and kORR are referred to the active area of the cell. The
coefficients α f e and αae are the charge-transfer coefficients of the HOR and ORR.

iO2− = i0, f e·
[

exp
(

α f e
2·F·ηact, f e

R·TPEN

)
− exp

(
−
(

1 − α f e

) 2·F·ηact, f e

R·TPEN

)]
(18)

i0, f e = kHOR·pa
H2,r·pb

H2O,r·exp
(
−

Eact, f e

R·TPEN

)
(19)

iO2− = i0,ae·
[

exp
(

αae
2·F·ηact,ae

R·TPEN

)
− exp

(
−(1 − αae)

2·F·ηact,ae

R·TPEN

)]
(20)

i0,ae = kORR·pc
O2,r·exp

(
− Eact,ae

R·TPEN

)
(21)

The mass balance equation for each species i can be written in differential form, as
shown in Equation (22), accounting for NR possible chemical or electrochemical reac-
tions and the stoichiometric coefficient νij of species i in reaction j. The reaction rate
rj (mol s−1 m−2) is specific to the active area of the cell. The sum of the HOR and the
ORR can be considered as a single overall reaction whose reaction rate is calculated as in
Equation (23), with stoichiometric coefficients equal to −1, 1, and −0.5 for H2, H2O, and
O2, respectively.

Concerning water gas shift (WGS) and methane steam reforming (MSR) reactions,
a global reaction approach is used, as described by Equations (24) and (25). The for-
ward kinetic constant for the WGS reaction is calculated using the parameters derived
by Wang et al. [22]. Since the pre-exponential factor given in the reference is equal to
0.0183 mol s−1 m−3 Pa−2, and it is specific to the electrode volume, this value is multi-
plied by 101,3252 and by an assumed electrode thickness equal to 250 µm, which is a
purposely low thickness for fuel-electrode-supported cells, in order to be conservative.
Therefore, γWGS is equal to 46,970 mol s−1 m−2, it is specific to the active area, and it
requires partial pressure expressed in atmospheres. The activation energy Eact,WGS is equal
to 103.8 kJ mol−1.

Regarding the MSR reaction, which is of interest mostly for fuel cell operation, the
kinetic model reported by Timmermann et al. is selected [23]. This model is valid in the
range of 600–750 ◦C, which is in line with the operating temperature of modern SOFCs; the

https://doi.org/10.3390/en19041023

https://doi.org/10.3390/en19041023


Energies 2026, 19, 1023 9 of 20

temperature at cell outlet might be even larger, but methane is typically consumed near
the inlet section of the cell. The pre-exponential factor appearing in the kinetic constant
kMSR

f , which is equal to 1483 mol s−1 m−2 in the original reference, is scaled by a factor
1.73 to refer to the active area instead of the surface touched by the gas. The scaling factor
is derived from the channel width (wch) and interconnect thickness (tint) stated in ref. [23],
equal to 1.5 mm and 0.55 mm, respectively. Therefore, γMSR and Eact,MSR are equal to
856 mol s−1 m−2 and 61 kJ mol−1. Note that all the equilibrium and kinetic constants are
calculated using the local PEN temperature.

1
lact

d
.
ni

dx
=

NR

∑
j

rj·νij (22)

rHOR+ORR =
iO2−

2·F (23)

rWGS = kWGS
f ·pCO·pH2O·

(
1 −

pH2 ·pCO2

KWGS
eq ·pCO·pH2O

)
(24)

rMSR = kMSR
f ·pCH4 ·

(
1 −

p3
H2
·pCO

KMSR
eq ·pCH4 ·pH2O

)
(25)

kWGS
f = γWGS·exp

(
−Eact,WGS

R·TPEN

)
(26)

kMSR
f = γMSR·exp

(
−Eact,MSR

R·TPEN

)
(27)

Equations (28)–(32) represent the energy balances for the fuel channel, air channel,
PEN assembly, fuel-side interconnect, and air-side interconnect, respectively. The energy
exchanges between gas and solid parts are further detailed in Table 2. The left-hand side of
Equations (28) and (29) represents the variation in enthalpy flow along the axial coordinate,
where

.
n f and

.
na are the overall molar flow rate at the fuel and air side, respectively, and

the specific enthalpy, which is calculated using Peng–Robinson correlations imported from
Aspen Plus®, is a function of the local gas composition and temperature. The left-hand side
of Equations (30)–(32) accounts for the axial conduction of the solid parts. A heat loss term
qloss, expressed in W m−2, is also included in Equations (31) and (32), and it is specific to
the interconnects surfaces facing adjacent cells. All other external surfaces of the channel
are assumed to be adiabatic.

d
( .

n f ·h f

)
dx

=
.

Q f−PEN +
.

H f−PEN +
.

Q f−int f
(28)

d
( .
na·ha

)
dx

=
.

Qa−PEN +
.

Ha−PEN +
.

Qa−inta (29)

APEN ·kPEN ·
d2TPEN

dx2 =
.

Q f−PEN +
.

Qa−PEN +
.

QPEN−int f
+

.
QPEN−inta +

.
H f−PEN +

.
Ha−PEN + lact·iO2− ·Vcell (30)

Aint·kint·
d2Tint f

dx2 =
.

Q f−int f
−

.
QPEN−int f

+ qloss·lact (31)

Aint·kint·
d2Tinta

dx2 =
.

Qa−inta −
.

QPEN−inta + qloss·lact (32)
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Table 2. Summary of heat and enthalpy exchanges between gas and solid parts.

PEN Interconnect (Fuel and/or Air Side)

Gas Channel
(Fuel or Air)

.
Qgas−PEN = hconv·wch·(1 − ε)·

(
TPEN − Tgas

)
.

Qgas−int = hconv·(wch + 2·hch)·
(
Tint − Tgas

)
.

Hgas−PEN =
NS
∑
i

d
.
ni

dx
·h 1

i

PEN -
.

QPEN−int = 2· kint
hch

·tint·(1 − ε)·(TPEN − Tint)

1 hi is the enthalpy of the pure species i calculated with the local PEN or gas temperature in case d
.
ni

dx is positive or
negative, respectively.

The local convective heat transfer coefficients (hconv) for the fuel and air streams are
calculated from the local Nusselt number, the gas thermal conductivity, and the hydraulic di-
ameter (dh) of the channels. The local Nusselt number is calculated using Equation (33) [24],
where the Graetz number is calculated with Equation (34), x is the distance from the channel
entrance, Re is the Reynolds number, and Pr is the Prandtl number. The Nusselt number
rapidly declines from the channel entry reaching an asymptotic value equal to Nu∞, repre-
sentative of a fully developed laminar flow. The asymptotic Nusselt number, which is only
a function of the channel aspect ratio, is calculated with the relation provided in ref. [24],
and it is equal to 3–5 for aspect ratios (wch/hch) in the range 1–4.

Nu = Nu∞ + 8.9336·
(

1000
Gz

)−0.5386
exp
(
−6.7275

Gz

)
(33)

Gz = Re·Pr·dh
x

(34)

The PEN thermal conductivity is calculated as shown in Equation (35).

kPEN =
k f e·A f e + kae·Aae + kely·Aely

APEN
(35)

3. Results and Discussion
3.1. Model Calibration and Validation

The experimental data on commercial 5 × 5 cm2 (4 × 4 cm2 active area) cells, reported
by Neri et al. [4], are used to validate the model. The cell is manufactured by Elcogen
(Tallinn, Estonia) and is composed by a thick Ni-YSZ composite electrode (400 µm), a
thin YSZ electrolyte (1.5 µm), a GDC (Ce0.9Gd0.1O2-δ) barrier layer (1.6 µm), and a LSC
(La0.6Sr0.4CoO3-δ) single-phase cathode (15 µm). The experimental polarization curves
used for the model validation refer to fuel cell operation and cover a wide range of
operating conditions:

• 7% humidified fuel gas mixtures with 21–93% H2 fraction and N2 balance at 750 ◦C;
• 50% H2 fuel gas mixtures with 10–50% steam content and N2 balance at 750 ◦C;
• 7% humidified fuel gas mixture with 93% H2 fraction at 550–700 ◦C.

A large excess of air (assumed composition is 21% O2 and 79% N2) is always used at
the air-electrode side of the cell, and the co-flow configuration is selected. Note that the
limiting current density is approached when the H2 fraction is low, allowing to evaluate
the model performance at large fuel utilization factors typical of real applications. More
detailed information on the cells, the experimental setup, and the experimental procedures
are available in ref. [4].

Since the cell used as reference for the experimental data was tested in a furnace with a
fixed setpoint temperature, the temperature distribution is assumed uniform throughout the
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channel length for all gas and solid parts. As demonstrated by Neri et al. [4], this hypothesis
can be justified by the inconsistent numerical results stemmed from the assumption of
adiabaticity, and the large thermal conductivity of the nickel current collector, which
efficiently dissipates the heat produced by electrochemical reactions.

Table 3 summarizes the main parameters used for model validation. Most of the
values are derived from ref. [4], while several parameters are calibrated. The ohmic
parameters σ0 and Eact,σ are calibrated from EIS data shown in ref. [4]; note that the contact
resistance grew significantly as a consequence of a blackout (15 min) when passing from
experiments at low temperature to 750 ◦C; therefore, two values of σ0 are calculated (the
blackout only affected the ohmic resistance of the cell). The remaining eight parameters
are calibrated using the polarization curves and include the activation loss parameters,
the anode tortuosity, and the inlet fuel flow rate. Note that there is uncertainty about the
fuel flow rate that actually reaches the cell due to leakages on the fuel pathway and in
the fuel distributor (the experimental setup avoids sealings, which may damage the cells
during disassembling), which justifies its inclusion in the set of calibrated variables. The
calibrated inlet fuel flow rate is equal to 5.486 Nml min−1 cm−2, which is similar to the
6.25 Nml min−1 cm−2 value indicated in ref. [4].

Table 3. Input parameters used for the model validation.

Parameter Value Source

Channel
Lch 4 cm [4]
wch 2 mm [4]
hch 2 mm [4]
tint 1 mm [4]
hint 1 mm [4]

Aact,tot Lch·lact = 1.6 cm2
.
n f ,in 5.486 Nml min−1 cm−2 Fitted
.
na,in 93.75 Nml min−1 cm−2 [4]

N 100
Fuel Electrode

t f e 400 µm [4]
ε f e 0.28 [4]
τf e 7.5 Fitted

rp, f e 0.16 µm [4]
Eact, f e 100 kJ mol−1 Fitted
kHOR 3.2 × 108 A m−2 Fitted

a 0.5 Fitted
b −1 Fitted

α f e 0.5 [4]
Air Electrode

tae 15 µm [4]
εae 0.2 [4]
τae 3.0 [4]

rp,ae 0.25 µm [4]
Eact,ae 135.0 kJ mol−1 Fitted
kORR 2.2 × 1011 A m−2 Fitted

c 0.22 [4]
αae 0.65 [4]

Electrolyte
tely 3.1 µm [4]

Eact,σ 61.1 kJ mol−1 Fitted from EIS [4]
σ0

1 261,945 S K m−1 Fitted from EIS [4]
rcontact 0.0

1 This value is valid for experiments with varying pH2 and pH2O performed at 750 ◦C. For experiments at 700 ◦C,
650 ◦C, 600 ◦C, and 550 ◦C, σ0 = 464,167 S K m−1.
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Figure 4 shows the experimental polarization curves and the model predictions for
different H2 and H2O concentrations (Figure 4a,b), and different temperatures (Figure 4c).
At each cell voltage, the average current density is calculated with Equation (36).

iav =
1

Lch
·
∫ Lch

0
iO2−dx (36)

(a) (b)

(c)

Figure 4. Experimental polarization curves (dots) and model predictions (lines) at different operating
conditions: (a) 7% H2O and 21–93% H2 (N2 balance) at 750 ◦C, (b) 50% H2 and 10–50% H2O
(N2 balance) at 750 ◦C, (c) 7% humidified H2 at 550–700 ◦C.

Considering the wide range of operating conditions investigated in terms of reactants
concentrations, temperature, and fuel utilization, the good matching between model and
experiments demonstrates the generality of the model developed. Notably, the model
accuracy is not significantly worse compared to the results shown in ref. [4], where the same
set of data is described using a 1D + 1D model, which couples the dusty gas model with a
distributed electrochemical model along the electrode thickness for a better representation
of ohmic and activation overpotentials.

The measured OCV is always 6–24 mV lower compared to the theoretical value EH2 .
Therefore, the leakage loss calculated with Equation (6) is limited. The limiting current is
approached for the case with 21% H2, as 95.6% of the available hydrogen is consumed near
0.7 V. Notably, the model correctly predicts the cell performance also in this extreme case,
where concentration losses play a major role.

Figure 5 shows the average overpotentials, calculated using Equation (37), in different
selected operating conditions. Since the overpotentials represent the exergy lost per unit
charge (J C−1), they are weighted by the local current produced. Note that the oxygen
concentration loss is negligible in all cases, and the anode concentration loss includes
contributions from both H2O and H2 diffusion processes in the electrode.

ηk,av =
1

iav·Lch
·
∫ Lch

0
iO2− ·ηk·dx (37)
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(a) (b)

(c)

Figure 5. Polarization losses calculated in selected operating conditions: (a) 7% H2O and 21% H2 (N2

balance) at 750 ◦C, (b) 50% H2 and 50% H2O at 750 ◦C, (c) 7% humidified H2 at 550 ◦C.

Figure 5a shows the overpotentials for the case with 7% H2O and 21% H2 (N2 balance)
at 750 ◦C and suggests that the concentration loss always dictates the cell performance.
Most of the anode concentration loss is due to steam diffusion in the low current den-
sity region since its concentration in the channel is low compared to hydrogen. In other
words, if pH2O or pH2 in the channel are low, pH2O,r or pH2,r can be very different from their
channel values percentage-wise, significantly increasing the concentration polarization
(see Equations (7)–(9)). The H2 concentration polarization becomes dominant only above
125 mA cm−2 due to the fuel depletion, and it grows exponentially at larger current densi-
ties. Since the calibrated H2 exponent (coefficient a in Table 3) is equal to 0.5, the anode
activation loss grows significantly at large current densities.

Figure 5b shows the overpotentials calculated for the case with 50% H2 and 50% H2O
at 750 ◦C. Concentration losses are limited due to the large channel concentration of both
H2 and H2O. Hydrogen and steam diffusion processes contribute approximately equally to
the anode concentration loss, since pH2O is large even at low current densities, and the H2

utilization factor is limited in the high current region (78% at 0.7 V). Anode activation and
ohmic overpotentials have the greatest impact on the cell performance.

Figure 5c shows the polarization losses for the case with 93% H2 and 7% H2O at 550 ◦C.
The concentration overpotential gives the smallest contribution to the cell polarization due
to the relatively weak dependence of diffusion processes on temperature. Contrarily, the
cathode activation overpotential grows significantly, being the most important contributor
together with the anode activation loss.

Each calibration parameter has a different impact on the simulation results depending
on the operating conditions. For instance, since concentration losses dictate the cell polar-
ization for the case with 21% H2 at low current densities, the anode tortuosity is primarily
calibrated by matching the model results with the experimental points in this region. The
inlet fuel flow rate is calibrated using the same curve near the limiting current region.
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Since concentration overpotentials are higher in conditions where either H2 or H2O
are low, fuel mixtures without nitrogen have low concentration losses and higher activation
losses. In particular, the polarization curves of the H2-H2O mixtures (with null or low N2)
at 750 ◦C are used to calibrate kHOR, a, and b. As a general consideration, the performance
at high current densities, which is dominated by the anodic activation overpotential (see
Figure 5b), tends to decrease more rapidly compared to the model predictions, which is
particularly visible in Figure 4b. Therefore, the H2O exponent (b) is fixed to −1, which is
assumed to be a lower bound. Similarly, the H2 exponent (a) is fixed to 0.5. Higher values
of the hydrogen exponent would excessively increase the performance of the curves with
a large H2 fraction. The activation energies Eact, f e, Eact,ae, and the pre-exponential factor
kORR are calibrated using the polarization curves at low temperatures (Figure 4c) where the
temperature effect related to the activation energies is present, and the cathode activation
overpotential is more relevant.

In general, the trends discussed and the overpotentials calculated are similar to those
shown in ref. [4], suggesting that both models can be used for the simulation of solid oxide
fuel cells.

3.2. Adiabatic Model with Reformate Fuel

In order to test the adiabatic model (which also includes energy balances) in a condition
representative of a real application, the operating conditions calculated in ref. [2] are
considered. In particular, Table 4 shows the operating conditions of an SOFC integrated in
a hybrid power generation system that also includes a bottoming steam cycle. A co-flow
configuration is assumed for the simulation.

Table 4. Operating conditions of the SOFC in the hybrid system with a bottoming steam cycle [2].

Parameter Value Description

General
Vcell

1 0.8 V Cell voltage
U f 66.4% Single-pass H2 utilization factor

Heat loss 2% Heat loss (fraction of fuel LHV)
Tout 800 ◦C Outlet cell temperature

Fuel Inlet
Tf ,in 521 ◦C Inlet fuel temperature
p f ,in 1.15 bar Inlet fuel pressure
xH2 24.16% Inlet H2 fraction

xH2O 32.83% Inlet H2O fraction
xCO 4.45% Inlet CO fraction
xCO2 26.66% Inlet CO2 fraction
xCH4 11.55% Inlet CH4 fraction
xN2 0.35% Inlet N2 fraction

Air Inlet
Ta,in 754 ◦C Inlet air temperature
pa,in 1.15 bar Inlet air pressure
xO2 20.73% Inlet O2 fraction
xN2 77.28% Inlet N2 fraction

xH2O 1.03% Inlet H2O fraction
xAr 0.96% Inlet Ar fraction

1 Reference [2] shows 0.86 V, but this value is too large to guarantee a significant current density near the
channel exit.

The global heat loss assumption is used to calculate qloss (see Equations (31) and (32)),
which is equal to 40 W m−2. The investigated operating conditions are peculiar because
of the low inlet fuel temperature equal to 521 ◦C, which might cause significant thermal
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gradients near the SOFC entrance. All parameters shown in Table 3 are used for the
simulation, with some exceptions:

• The fuel and air mass flow rates at channel inlet are derived to match the fuel utilization
factor and the outlet cell temperature stated in Table 4.

• The channel length is set to 9 cm, which is a value in line with applicative cells, and
the channel width is fixed to 3 mm for the same reason.

• The parameter σ0 is fixed to 464,167 S K m−1 (used for the simulations in Figure 4c).

The thermal conductivity of the anode, cathode, and electrolyte (k f e, kae, kely) is fixed
to 2 W m−1 K−1, while the interconnect conductivity (kint) is equal to 20 W m−1 K−1.

Figure 6 shows the results of the adiabatic simulation. Figure 6a shows the temperature
profiles calculated for the PEN, interconnects, and gas streams. Although the fuel inlet
temperature is equal to 521 ◦C, the minimum value of the temperature axis is fixed to
720 ◦C for clarity.

(a) (b)

(c) (d)

Figure 6. Results of the adiabatic simulation: (a) temperature distribution of PEN, interconnects, and
gas streams, (b) current density profile, (c) fuel stream composition along the channel, (d) effect of
grid refinement on PEN temperature distribution.

The fuel reaches a temperature close to that of the air stream almost instantly, which is
due to its relatively low thermal inertia (the inlet air molar flow rate is 5.42 times larger).
The PEN temperature near the channel inlet seems to be the only one slightly affected by the
low fuel temperature; this is attributed to its relatively large resistance to axial conduction,
since the temperature of the fuel interconnect is higher despite having a larger contact
surface with the fuel stream. The PEN temperature remains large due to the heat exchange
with the air stream and the interconnects, but there is a very small region where the PEN
temperature gradient reaches 3 ◦C mm−1, which is larger compared to the value calculated
in the middle of the channel, equal to 0.5 ◦C mm−1.
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The fact that the model used for the kinetics of MSR is derived in the 600–750 ◦C
temperature range [23] might seem in contrast with the fact that the fuel enters at 521 ◦C
and exists at about 800 ◦C. However, since the PEN temperature is used to calculate the
MSR reaction rate, which is expected to better reflect reality, and considering that CH4 is
almost completely consumed after 1 cm, the MSR reaction is expected to occur between
748 ◦C and 760 ◦C, which is very close to the upper bound of the model validity, equal
750 ◦C. From the data shown in ref. [23], the kinetic constant kMSR

f calculated in this work
at 760 ◦C is only about 5% larger compared to the real value.

Figure 6b shows that the current density reaches a maximum value near the channel
entrance, which corresponds to the H2 concentration peak shown in Figure 6c. After
this point, the current density decreases due to H2 depletion and H2O formation, despite
the increasing temperature trend. Figure 6c shows that methane is rapidly consumed
producing H2, overcompensating the H2 consumed by electrochemical reactions up to the
peak already mentioned. The existence of a H2 concentration peak near the channel inlet
is typical of SOFCs operating with reformate, as also demonstrated in other modelling
works [3,8].

Figure 6d shows the effect of grid refinement on the PEN temperature distribution.
Since the PEN temperature frequently appears both in the electrochemical, chemical, and
energy balance models, it is considered representative of the status of all other calculated
variables. Figure 6d shows that the PEN temperature profiles calculated with 100 and
300 control volumes almost perfectly overlap, suggesting that dividing the channel into
100 control volumes is sufficient to achieve the grid independence.

Overall, the model developed correctly simulates the most relevant physical processes
occurring within a SOFC, elucidating the internal operating conditions like the temperature,
current density, and gas composition profiles.

It shall be noted that the model is also flexible by the point of view of the cell operating
mode, since its extension to the case of counter-flow configuration is straightforward; in the
counter-flow case, the inlet conditions assigned for the air stream (temperature, pressure,
composition, and molar inlet flow rate) are imposed at x = Lch instead of x = 0, and a
negative inlet air molar flow rate must be assigned. The model calculates a distribution
of negative air flow rates throughout the channel, and further model modifications are
not necessary. Similarly, simulating the electrolysis configuration does not require any
mathematical modification; in this case, the cell voltage assigned must be larger than the
Nernst voltage, resulting in a distribution of negative current densities calculated by the
electrochemical model.

4. Conclusions
This work presented the development and validation of a 1D finite-volume model

for the simulation of planar SOCs. The model is developed to facilitate the introduction
of SOCs in wider energy or industrial system models and process simulations in Aspen
Plus®, which provides built-in functions for the calculation of physical and thermodynamic
properties of gases. The model allows to simulate the most relevant physical processes
occurring within an SOC and to investigate its internal operating conditions in terms of
temperature, current density, and gas composition profiles.

Differently from other works, the H2 and H2O molecular diffusion coefficients in the
gas mixture, which are used to calculate the overall diffusion coefficients in the porous
electrode, are derived from an approximated analytical solution of the DGM equations,
resulting in a better accuracy of the Fick model. Moreover, the model is calibrated and
validated using experimental SOFC polarization curves covering a wide range of operating
conditions in terms of H2 and H2O molar fraction in the fuel, temperature, and fuel
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utilization factor. A good matching between model results and experimental data is
achieved in all conditions with a single set of calibrated parameters, demonstrating that
1D models can accurately describe the most relevant physical processes occurring in the
cell, despite their relative simplicity compared to multi-dimensional approaches. Although
the results presented in this work focus on a co-flow SOFC configuration, the counter-
flow arrangement and the case of electrolysis operation can be simulated without further
modifications to the model.
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Abbreviations

CFD computational fluid dynamics
CV control volume
DGM dusty gas model
EIS electrochemical impedance spectroscopy
HOR hydrogen oxidation reaction
MSR methane steam reforming
OCV open circuit voltage
ORR oxygen reduction reaction
PEN positive-electrolyte-negative
SOC solid oxide cell
SOEC solid oxide electrolysis cell
SOFC solid oxide fuel cell
WGS water gas shift
YSZ yttria-stabilized zirconia

Appendix A
Calculation of H2 and H2O Partial Pressure at Cell Reaction Site

Estimating the quantity of reacting species reaching the cell reaction sites is one of the
key steps in the solid oxide cell model; in particular, the partial pressures of hydrogen and
steam directly influence the concentration overpotential (Equation (7)) and the activation
overpotential (Equation (19)).

The most referenced approach to evaluate the variation in partial pressure from the
bulk region of the cell channels to the actual reaction sites, due to the diffusion process in
the porous electrode structure, is the dusty gas model (DGM).

Diffusion of each species, i, through the porous electrode according to the DGM can
be expressed by Equation (A1). In Equation (A1), the term Ji is the species molar flux
(mol m−2 s−1), and B is the electrode permeability; both molecular and Knudsen diffusion
coefficients are intended as effective coefficients, meaning that they are already multiplied
by ε/τ.

∑
j ̸=i

xj·Ji − xi·Jj

De
i,j

+
Ji

De
K,i

= − 1
R·T ·

(
dpi
dz

+
xi·p·B
De

K,i·µ
·dp
dz

)
(A1)

https://doi.org/10.3390/en19041023

https://doi.org/10.3390/en19041023


Energies 2026, 19, 1023 18 of 20

This set of equations cannot be solved analytically in its complete form. Assuming
equimolar counter-diffusion (JH2O = −JH2 ) and neglecting the term including the electrode
permeability, it is possible to derive Equations (A2) and (A3):

JH2

(
NS

∑
j ̸=H2

xj

De
H2,j

+
xH2

De
H2,H2O

+
1

De
K,H2

)
= JH2

(
1

De
H2,mix

+
1

De
K,H2

)
= − 1

R·T ·
dpH2

dz
(A2)

JH2

(
NS

∑
j ̸=H2O

xj

De
H2O,j

+
xH2O

De
H2,H2O

+
1

De
K,H2O

)
= JH2

(
1

De
H2O,mix

+
1

De
K,H2O

)
=

1
R·T ·

dpH2O

dz
(A3)

Assuming that the term in the parenthesis is constant, which is always true for a
H2-H2O mixture since De

H2,mix = De
H2O,mix = De

H2,H2O, but it introduces an additional error
for multi-component mixtures (in this case, the channel composition can be used to calcu-
late De

H2,mix and De
H2O,mix), the integration along the fuel electrode thickness (z direction)

then gives Equations (A4) and (A5), where the molar fluxes are expressed in terms of
current density.

pH2,r = pH2 −
iO2− ·R·T·t f e

2·F·DH2,p
· lact

wch
(A4)

pH2O,r = pH2O +
iO2− ·R·T·t f e

2·F·DH2O,p
· lact

wch
(A5)

Some authors use Equations (A6) and (A7) instead of Equations (A4) and (A5),
which is equivalent to assuming that the pressure throughout the electrode is constant
and equal to the channel pressure (pch). Although using Equations (A4) and (A5) or
Equations (A6) and (A7) to calculate concentration overpotentials gives the same results,
calculating molar fractions in the reaction site with Equations (A6) and (A7) gives inconsis-
tent results, as demonstrated below.

xH2,r = xH2 −
iO2− ·R·T·t f e

2·F·DH2,p·pch
· lact

wch
(A6)

xH2O,r = xH2O +
iO2− ·R·T·t f e

2·F·DH2O,p·pch
· lact

wch
(A7)

Figure A1 shows xH2,r, xH2O,r, pH2,r, and pH2O,r calculated with the rigorous DGM and
with the Fick’s model (Equations (A4)–(A7), assuming lact

wch
equal to 1) for different H2 molar

fractions in the fuel (balance H2O). Since atmospheric pressure (1.01 bar) is assumed in
the channel, molar fractions and partial pressures are almost the same in the Fick’s model.
The current density is always assumed equal to 1000 mA cm−2, which is a purposely large
value in order to highlight the differences between the DGM and the Fick model. The fuel
electrode parameters shown in Table 3 are used for the calculations. The permeability, B, is
equal to 7.84 × 10−17 m2, which is estimated based on the electrode porosity, tortuosity,
and particle diameter (assumed equal to 1 µm) [25]. The temperature is assumed equal
to 750 ◦C.

Figure A1 shows that the molar fractions estimated with Equations (A6) and (A7)
(represented by the triangles in the figure) are by themselves inconsistent since their sum
exceeds 1 in all conditions. Moreover, there is a significant difference compared to the
values calculated with the DGM. The H2 and H2O partial pressures calculated with the
Fick model are in very good agreement with the DGM, as shown in Figure A1. Since the
coefficient B is assumed to be null to derive the analytical solution represented by the Fick
equations, the Fick model (Equations (A4) and (A5)) and the DGM are in good agreement
because the permeability coefficient is actually very low. Note that the total pressure
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calculated in the reaction site is always equal to about 1.27 bar, which is significantly larger
compared to the channel value (atmospheric pressure).

Figure A1. Molar fractions and partial pressures in the reaction site estimated using the DGM and the
Fick’s model for different H2 fractions in the channel (H2O balance). The current density is assumed
equal to 1000 mA cm−2, and the temperature is equal to 750 ◦C.

Figure A2 shows the partial pressures of H2 and H2O calculated with the DGM and
the Fick model along the electrode thickness, assuming different channel compositions and
current densities. The chosen gas compositions are those calculated at channel inlet and
outlet in the adiabatic simulation performed in this work (see Figure 6). In general, there
is very good agreement between the DGM and the Fick model. The largest discrepancy
is found at the electrode end (Figure A2a), where the steam partial pressure calculated
with the Fick model is 2% larger compared to the DGM. The same calculations have been
performed using an equation similar to Equation (13) to calculate De

H2,mix and De
H2O,mix

(instead of using Equations (11) and (12)), as done in other works, finding errors up to 8%.

(a) (b)

Figure A2. Partial pressures of H2 and H2O calculated within the electrode using the DGM and the
Fick model for different channel compositions and current densities at 750 ◦C: (a) 24.16% H2, 32.83%
H2O, 4.45% CO, 26.66% CO2, and 11.55% CH4 at 1000 mA cm−2; (b) 13.12% H2, 51.94% H2O, 7.32%
CO, and 27.34% CO2 at 500 mA cm−2.
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