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Abstract
In this work, hydrogen sulphide methane reformation is analysed for the hydrogen production from H2S. The process allows the H2S valorisation recovering its intrinsic hydrogen content.
For the technology scale up to the industrial level, a process simulation is set up in Aspen Plus V11®. Its performances are evaluated as a function of the CH4 /H2S inlet molar ratio. Material and energy balances are presented for each considered case. A detailed process economic assessment is provided to identify the best operating conditions. Results in terms of hydrogen cost show the strong system’s dependence on the CH4 /H2S inlet molar ratio. If opportunely optimized, the present process can be competitive with respect to the traditional methane steam reforming, also considering that no direct CO2 emissions are produced. The advantages of the H2S methane reformation are discussed, to pave the way for future process optimization. 
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Abbreviations
BFD		Block Flow Diagram
CEPCI		Chemical Engineering Plant Cost Index
COP 		Coefficient Of Performance
DEA		DiEthanolAmine
DMC 		Direct Manufacturing Costs
FCI 		Fixed Capital Investment 
FMC 		Fixed Manufacturing Costs 
GE 		General Expenses
H2SMR 	H2S Methane Reformation 
IEA 		International Energy Agency
TRL 		Technology Readiness Level

1. Introduction
In the last years, many countries fixed the goal of net-zero carbon emissions, imposing stringent legislations to ensure the achievement of this target (Liu et al., 2021). The U.S. Environmental Protection Agency (EPA) identified the major carbon dioxide emission contributions coming from industry (16%), electricity (31%) and transportation (35%) (EPA, 2019). In this context, hydrogen can potentially play a key role to guarantee a clean and affordable energy future. It is light, storable, energy-dense and produces no direct greenhouse gases emissions. When H2 is used as a fuel, H2O is emitted as exhaust gas (Aasadnia et al., 2021). According to the International Energy Agency (IEA) 2019 report (©IEA, 2019), hydrogen is currently enjoying unprecedented political and business momentum, with the number of policies and projects around the world expanding rapidly. The production of hydrogen from renewable energy sources and its integration with the existing infrastructure is likely to be the pathway to improve hydrogen economy (Turner, 2004). Despite the abundance of hydrogen on earth, obtaining hydrogen in elemental form is a challenging task. For this reason, considering the future energy scenario and the hydrogen production processes state-of-the-art, major efforts are dedicated to scale up existing technologies and bring down costs to allow an easy spread of this energy vector (Gondal, 2016; Rossetti et al., 2015). 
To date, the most mature and widely used process for the hydrogen production is the steam reforming of methane. In the steam reforming process, for each mole of CH4 converted, 3 moles of H2 and one mole of CO are produced (reaction ). The carbon monoxide formed by  reacts with the excess vapour fed to the reformer according to the known water gas shift reaction .
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The optimal conditions for the hydrogen production via methane steam reforming include:
- high temperatures at the exit of the reforming reactor (T = 800-900° C);
- excess of steam with respect to the stoichiometric (steam/carbon ratio = 2.5-3);
- pressure (P) less than 30 atm.
Although the steam reforming of methane is a consolidated technology (Alibrahim et al., 2021; Hamid et al., 2020), it requires large quantities of natural gas, a valuable resource in itself, both as a reagent and as a fuel to satisfy the reaction  endothermicity (Huang and T-Raissi, 2008). Considering both these contributions, for each mole of methane consumed, more than one mole of CO2 is emitted in the atmosphere (Pellegrini et al., 2020). This aspect represents one of the major disadvantages of the steam reforming process: in other words, the production of hydrogen as a clean-burning fuel, fundamental in view of the decarbonization process, is meaningless if hydrocarbons are considered as raw materials (T-Raissi, 2001). Furthermore, producing hydrogen from steam reforming would require the H2-CO separation of the obtained syngas, with relative additional fixed and operating costs. 
On the other hand, as alternatives to the steam reforming of methane, the pyrolysis processes of CH4 or H2S have been evaluated, but they are highly endothermic (see reactions  and ).
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Hydrogen can also be produced from thermochemical processes employing different types of biomass, even if CO2 is coproduced in most cases (Martinez-Burgos et al., 2021).
Considering H2S as a feedstock, bearing in mind the current efforts for acid gases emission abatement, hydrogen production via H2S Methane Reformation (H2SMR) can represent a valid alternative to the traditional steam reforming. In the H2SMR reaction, H2S is converted into hydrogen and carbon disulphide according to reaction . However, in the presence of H2S and CH4 at high temperature, also reactions  and  can occur. As clearly visible from the reaction  standard enthalpy, the H2SMR is extremely endothermic: high temperatures are needed to reach satisfactory reactants conversions.
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Reaction  is one of the major concerns about the H2S to H2 valorisation through methane reformation. As a matter of fact, carbon lay down can be detrimental for equipment operability and catalysts durability. Thermochemical equilibrium calculations reveal that the carbon deposition can be eventually avoided through a careful management of the operating conditions, i.e., temperature, pressure, feed mixture impurity content and CH4/H2S inlet molar ratio. The system’s thermodynamics has been extensively studied elsewhere (Spatolisano et al., 2021) and, based on the thermodynamic study outcomes, a preliminary process scheme has been set up for demonstrating the feasibility of the methane reformation process at the industrial level. Recently, many efforts are dedicated to investigate the system’s kinetics as well as to identify the best reformation catalyst (El-Melih et al., 2016; El-Melih, A.M.; et al., 2017; Galindo-Hernàndez et al., 2015; Karan and Behie, 2004; Li et al., 2017; Martìnez-Salazar et al., 2015a; Martìnez-Salazar et al., 2015b; Megalofonos and Papayannakos, 1996, 1997). Results showed that chromium based catalysts present the highest activity for promoting both H2S reformation and pyrolysis reactions, inhibiting carbon formation and allowing regeneration after carbon deposition at the same time. Following their previous kinetic study, Martínez-Salazar and co-workers (Martìnez-Salazar et al., 2019) proposed a preliminary economic assessment of hydrogen sulphide methane reformation. The process basis of design were not clearly set up neither the system’s dependence on the operating conditions was discussed. In the evaluation of operating and fixed costs, the methodology was not detailed. Moreover, no sensitivity analysis as a function of the inlet reactants ratio was discussed on a quantitative basis, to verify how it influences the process performances.   
To fill this gap, the aim of this work is to evaluate the technical and economical performances of the methane reformation process. To this purpose, a process sensitivity study as a function of the reactants inlet molar ratio has been performed. CH4/H2S variable between 1:10 and 1:4 has been selected as investigated range and process performances have been discussed for each analysed case. The fixed and operating costs have been calculated according to the Turton methodology (Turton et al., 2008). In this way, the hydrogen production cost has been evaluated as a function of the reactants inlet molar ratio. Results reveal that, if opportunely optimized, the methane reformation process can represent a promising alternative for the industrial hydrogen production. 

2. Proposed flowsheet
The starting point for the methane reformation process sensitivity analysis was the process Block Flow Diagram (BFD) shown in Figure 1. This diagram was useful to identify all the process sections and was the preliminary step for the process simulation development in Aspen Plus V11® (AspenTech, 2016), whose flowsheet is reported in Figure 2.
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[bookmark: _Ref81581757]Figure 1. Proposed H2S methane reformation Block Flow Diagram (BFD).
In the Aspen Plus simulation, the SRK method has been specified to describe the system’s thermodynamic behaviour. 
According to the process simulation performed, pure hydrogen sulphide and methane (streams H2S and CH4 in Figure 2, respectively) are fed to the process unit battery limits. After pre-heating by heat exchange with the reaction products (PROD-1), to recover the latter high enthalpy level, reactants are fed to the reactor (R-100 in Figure 2), simulated through the Aspen Plus RGibbs model. This model is able to predict the system’s composition at thermodynamic equilibrium conditions when temperature and pressure are fixed, through the Gibbs free energy minimization. 
The reaction temperature is the pinch temperature (minimum temperature at which no coke formation occurs, according to the thermodynamic equilibrium, see (Spatolisano et al., 2021) for further details) at the specified CH4/H2S inlet molar ratio, while the reactor pressure is slightly above the atmospheric one (P = 1.7 bar). Right after the reaction section, the products mixture undergoes a series of separations. Firstly, the sulphur separation is performed through condensation in the V-101 separator, operated at T = 135°C as in both the Claus and Frasch processes (Steudel, 2003). A pressure drop of 0.03 bar has been specified for each heat exchanger of the process flowsheet reported in Figure 2.     
Sulphur is recovered as the liquid bottom product of the V-101 separator, with purity suitable for its market distribution. The top product mixture of the V-101 separator (PROD-4), roughly composed of the unreacted hydrogen sulphide, hydrogen and carbon disulphide, is fed to the CS2 separation section. The CS2 separation section essentially consists of the C-100 distillation column, equipped with a partial condenser and a partial reboiler. Carbon disulphide, whose purity is sufficiently high to be commercialized as a valuable chemical, is recovered at the bottom of the column. The C-100 vapour top product, approximately a H2S-H2 mixture, is compressed up to 10 bar in K-100 and sent to the H2 separation section, consisting of a diethanolamine (DEA) absorption column (C-101 in Figure 2) and the amine regeneration column (C-102 in Figure 2). A solution of 20 wt.% of DEA is chosen as absorbing agent due to the sulphur-based compound traces (mainly COS and mercaptans) present in the product mixture: secondary amines are less reactive towards these species, so their presence does not hinder hydrogen sulphide absorption (Kohl and Nielsen, 1997). The C-101 absorption column separates the hydrogen gas top product from the rich amine solution, which is expanded, cooled and sent to the C-102 regeneration column. This column, a distillation unit equipped with a partial reboiler and a partial condenser, allows the recovery of the amine solution, which is pumped back to the absorption column, from the unreacted H2S, recycled back to the reaction section. The hydrogen product flowing out of the C-101 absorption column is compressed up to 75 bar for its pipeline distribution together with methane (Snam). The hydrogen compression section, whose design follows the Ludwig’s guidelines (Ludwig, 1994), accounts for two compression stages (K-101 and K-102) with intermediate cooling. However, the hydrogen product destination can be different from the gas grid distribution, considering its applications as a coolant or valuable chemical. In these cases, a post-treating section can be added to the proposed scheme of Figure 2, to bring its purity to levels suitable for such industrial applications. 
 
[bookmark: _Ref81582132]Figure 2. Aspen Plus V11® process simulation of the H2S methane reformation, where all the process sections are pointed out (orange, reaction section; green, S2 separation sections; blue, CS2 separation section; red, H2 compression section; yellow, H2S separation section). 

3. Process economic assessment
The performances of the H2S methane reformation process described in section 2 have been analysed varying the CH4/H2S inlet molar ratio, to identify the optimal process operating conditions. As a matter of fact, if, on the one hand, the CH4/H2S ratio decreasing implies a pinch temperature decrease (Huang and T-Raissi, 2008; Spatolisano et al., 2021), with a consequent reduction of the reaction section operating costs, on the other hand, the large H2S excess fed to the process makes the separations downstream of the reaction section more expensive.
The inlet reactants ratio variation has been imposed fixing the H2S inlet molar flow rate and varying the CH4 molar flow rate entering the process unit battery limits. For each considered case, the amine flow rate has been modified to guarantee the complete H2S absorption. In the regeneration column top product, a water molar fraction of about 2.5% ensures a sufficiently high partial condenser temperature, so that cooling water can be used as cold utility.  
The effect of the inlet reactant ratio on the process performances has been quantified through the fixed and operating costs evaluation according to the Turton methodology (Turton et al., 2008). 

3.1 Fixed costs

[bookmark: MTBlankEqn]The evaluation of fixed costs according to the Turton methodology consists in the calculation, for each piece of equipment, of the purchased base cost () according to equation , where K1,i, K2,i and K3,i are specific constants available for each equipment type and Ai is the equipment capacity. 
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The purchased base cost, referred to 2001 year, is actualized through the 2020 Chemical Engineering Plant Cost Index (CEPCI), to take into account the economic inflation, which is CEPCI (2020) = 596.2 (© Access Intelligence, 2021). Equation  allows the calculation of the bare module cost (), to account for the equipment operating pressure and its material of construction. B1,i, B2,i, FM,i and FP,i are pressure and material dependent constants. 
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Through the bare module cost, the total module cost (CTM) can be evaluated according to equation . In the present analysis, the total module cost is considered equal to the Fixed Capital Investment (FCI), assuming that the methane reformation plants can result from the revamping of an already existing industrial plant. The grassroot cost, for this reason, has been neglected in calculations. 
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3.2 Operating costs
The operating costs include the Direct Manufacturing Costs (DMC), the Fixed Manufacturing Costs (FMC) and the General Expenses (GE). All these cost items are detailed in Table 1.
	[bookmark: _Ref81665864]Table 1. Operating costs evaluation (Turton et al., 2008).

	Cost item
	Description
	Evaluated as

	DMC

	raw Material (CRM)
	cost of necessary process raw materials
	see section 3.2

	waste treatment (CWT)
	cost of waste treatment to respect environmental limitations
	-

	utilities (CUT)
	vapour, cooling water, steam, electricity, fuel, …. 
	see section 3.2

	operating labor (COL)
	cost of plant operators
	see section 3.2

	direct supervisory and clerical labor
	cost of engineering, administration
	0.18·COL

	maintenance and repairs
	cost of maintenance and repairs
	0.06·FCI

	operating supplies
	paper, filters, DPI, ….
	0.009·FCI

	laboratory charges
	cost of laboratory tests for quality check and troubleshooting
	0.15·COL

	patents and royalties
	cost of licensed technologies
	0.03·COM

	Total DMC
	DMC = CRM+ CWT+CUT+1.33·COL+0.069·FCI+0.03·COM

	FMC

	depreciation
	
	FCI/plant life (= 25 years)
(straight line)

	local taxes and insurance
	cost of insurances and taxes depending on the plant location
	0.032·FCI

	plant overhead costs
	cost of auxiliary structures (accounting services, medical services, canteen) 
	0.708·COL+0.036·FCI

	Total FMC
	FMC = 0.708·COL+0.068·FCI+depreciation

	GE

	administration costs
	administration costs for salaries, infrastructures 
	0.177·COL+0.009·FCI

	distribution and selling costs
	cost of chemical selling
	0.11·COM

	research and development
	cost of research activities 
	0.05·COM

	Total GE
	GE = 0.177·COL+0.009·FCI +0.16·COM

	Total DMC+FMC+GE
	CRM + CWT+CUT+2.215·COL+0.190·COM+0.146·FCI+depreciation




The cost of waste treatment (CWT) has been neglected in the present analysis, while for the cost of raw materials (CRM), only methane and water have been considered, with a unit cost of, respectively, 1.67 $/1000 kg (Turton et al., 2008) and 2.45 $/1000 kg (Turton et al., 2008). The cost of labour (COL) is evaluated according to equation , where stands for the number of operator necessary in the plant, assuming 8000 operating hours per year, 245 shifts for operator and 8 working hours per day. 48400 $ have been considered as yearly average wage per operator (Turton et al., 2008).
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The cost of utility (CUT) is calculated starting from the unitary utility cost reported in Table 2. When possible, the hourly utility consumption has been calculated through the energy balance retrieved from process simulations. 
	[bookmark: _Ref81658462]Table 2. Unitary utility cost (Turton et al., 2008). 

	Utility
	Cost
[$/GJ]
	Cost
[$/1000 kg]

	electric energy
	18.72
	-

	cooling water
	0.378
	-

	refrigerated water
	4.77
	

	low pressure steam
	4.54
	

	boiler feed water
	
	2.45

	fuel
	
	1.67



This was not the case for the reaction section fuel consumption and for the C-100 condenser, for which a specific methodology has been developed. Concerning the reaction section, its fuel demand has been quantified modelling a simplified reforming furnace in Aspen Plus V11®, reported in Figure 3.The required reaction heat is supplied by fuel combustion with air. Air and natural gas, streams AIR-1 and NG-1 in Figure 3, respectively, are preheated by flue gases up to 500°C, the methane auto-ignition temperature, mixed and fed to the furnace. In the furnace, the combustion reaction takes place: fuel flow rate is modelled to supply the necessary duty for the reformation reaction to occur, while the air flow rate is fixed at a value 10% higher than the stoichiometric one, to ensure complete hydrocarbons combustion. The high enthalpic content associated with the flue gas is recovered producing medium pressure steam in HE-103, HE-104 and HE-105 waste heat boilers.
[bookmark: _Ref81660061][bookmark: _Ref81930593][image: ] 
[bookmark: _Ref81930633]Figure 3. H2S methane reformation furnace simulation in Aspen Plus V11®.
Regarding the C-100 column condenser, a refrigeration cycle is needed due to the cryogenic temperatures involved (the top condenser temperature ranges between -60 and -50°C for each analysed case). The electric energy consumption associated with such a refrigeration cycle has been evaluated considering its Coefficient of Performance (COP), which results from the Carnot COP multiplied by the second thermodynamic efficiency (Spatolisano and Pellegrini, 2021), assumed to be 0.6.  The Carnot COP is calculated according to equation , where TH and TL are the hot reservoir temperature, set equal to 25°C, and the cold reservoir temperature, that is the outlet temperature of the process stream to be cooled down (as obtained from simulations) minus 5°C for temperature approach. 
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The equivalent work of the refrigeration cycle results from equation , once the required cooling duty Q is known.
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3.3 Revenues
The revenues of the process include those associated with sulphur, CS2, H2 and the steam. Regarding the sulphur product, its market value is assumed to be 0.04 $/kg, as reported in Statista, 2020. Concerning CS2 cost, a range of 0.55 – 0.75 $/kg is reported in the literature (LexisNexis and RiskSolutionsGroup, 2021). To be conservative, considering the significant CS2 content produced in the methane reformation process, a value of 0.55 $/kg has been introduced in the present analysis. On the other hand, hydrogen cost is highly variable depending on the type of the produced hydrogen (if green, blue or grey), the methane cost and the production location. Literature reports a hydrogen market value between 0.70 – 2.20 $/kg (Collins, 2020), so 1.45 $/kg has been chosen as reference cost. Finally, savings for produced steam are assumed to be equal to 12.33 $/GJ, according to (Turton et al., 2008). 

4. Results and discussion
4.1 Material and energy balances
Table 3 and Table 4 report the inlet and outlet streams specifications, respectively, for each CH4/H2S inlet molar ratio analysed. An existing Eni S.p.A. Claus plant has been selected as a reference for defining the inlet streams conditions for the process simulation. The plant is fed with a fresh acid gas stream and methane stream (H2S and CH4, respectively, in Figure 2), together with the unconverted hydrogen sulphide, recycled from the downstream separation sections. 
	[bookmark: _Ref81924741]Table 3. Inlet streams specifications at the battery limits, for each CH4/H2S inlet molar ratio analysed.

	
	CH4/H2S = 1:4
	CH4/H2S = 1:6
	CH4/H2S = 1:10

	reactants
	H2S
	CH4
	H2S
	CH4
	H2S
	CH4

	T
	°C
	44.3
	40
	44.3
	40
	44.3
	40

	P
	bara
	1.8
	1.8
	1.8
	1.8
	1.8
	1.8

	molar fractions
	
	
	
	
	
	

	H2S
	 
	1
	-
	1
	-
	1
	-

	CH4
	 
	-
	1
	-
	1
	-
	1

	FTOT
	kmol/h
	82.3076
	32.6617
	82.3076
	36.7611
	82.3076
	43.5866




	[bookmark: _Ref75003381]Table 4. Outlet streams specifications at the battery limits, for each CH4/H2S inlet molar ratio analysed.

	
	CH4/H2S = 1:4
	CH4/H2S = 1:6
	CH4/H2S = 1:10

	products
	H2-HP
	CS2
	S
	H2-HP
	CS2
	S
	H2-HP
	CS2
	S

	T
	°C
	212.79
	61.13
	135
	212.64
	61.33
	135
	212.24
	61.13
	135

	P
	bara
	75
	1.6
	1.7
	75
	1.6
	1.7
	75
	1.6
	1.7

	molar fractions
	
	
	
	
	
	
	
	
	

	H2O
	 
	0.0056
	19ppm
	1ppm
	0.0056
	0.0002
	11ppm
	0.0056
	0.0020
	60ppm

	H2S
	 
	1ppm
	0.0003
	0.0009
	-
	41ppm
	0.0018
	-
	24ppm
	0.0027

	CH4
	 
	0.0006
	-
	-
	0.0018
	-
	-
	0.0039
	-
	-

	CO
	 
	0.0083
	-
	-
	0.0214
	-
	-
	0.0457
	-
	-

	H2
	 
	0.9854
	-
	-
	0.9705
	-
	-
	0.9416
	-
	-

	CS2
	 
	-
	0.9991
	0.0052
	-
	0.9990
	0.0037
	-
	0.9968
	0.0022

	S2
	
	-
	0.0005
	0.9939
	-
	0.0007
	0.9945
	-
	0.0011
	0.9951

	CH4S
	
	-
	10ppm
	-
	-
	27ppm
	-
	-
	52ppm
	-

	COS
	 
	0.0001
	1ppm
	-
	0.0007
	-
	-
	0.0033
	-
	3ppm

	FTOT
	kmol/h
	150.8875
	31.2746
	9.8832
	163.6593
	32.8493
	8.2630
	188.1344
	33.7439
	7.1614


Material balances have been derived imposing the thermodynamic equilibrium, since the RGibbs model has been applied to the reaction section. Although the equilibrium conditions may be not suitable for the prediction of the system’s kinetics, the thermodynamic analysis is fundamental for identifying the optimal operating range to avoid carbon deposition in the reaction zone. To verify whether the RGibbs model application is reasonable, its predictions have been compared with the literature experimental data. Few data are available for the non-catalytic reaction and at the high temperature levels considered (reaction temperature varies between 1000 and 1500°C for the analysed cases). After a massive literature search, data from (El-Melih, A. M. et al., 2017) have been selected for the RGibbs model validation. The comparison between model predictions and experimental data is reported in Figure 4. Due to the very high operating temperatures, no significant differences can be appreciated between predicted and experimental concentrations. For this reason, as the aim of this work is to perform a preliminary feasibility study of the methane reformation technology at the industrial scale, the RGibbs model has been applied to the present process simulation.  

a)  [image: ]b) [image: ]
[bookmark: _Ref85626441]Figure 4. Comparison between Aspen Plus RGibbs model predictions and literature experimental data, considering: a) hydrogen mole fraction (yH2) and b) methane mole fraction (yCH4) in the methane reformation reaction product. 



As can be observed from Table 4, when the CH4 /H2S inlet molar ratio decreases, the fresh CH4 flow rate fed to the process unit battery limits increases, because of the increasing recycled H2S flow rate. The calculated H2S conversion, for each of the 3 analysed cases, is respectively:, ,  while the methane conversion is practically quantitative for each case.
Regarding the products at the battery limits, it is worth noticing that, at decreasing CH4 /H2S inlet molar ratio, the total H2 and CS2 molar flow rates increase, but their purity decreases (see the H2-HP stream in Table 4, in which a significant mole fraction of CO is registered for CH4/H2S  = 1:10).
This effect is due to the amount of water recycled back to the reaction stage together with the unconverted H2S stream. This H2O fraction is responsible for the conversion of part of the CH4 fed by steam reforming, with the consequent production of CO, as well as hydrogen. At low CH4 /H2S molar ratios, therefore, it could be necessary to consider a dehydration stage of the H2S recycled stream, before its feeding to the reaction section, to limit impurity contents in the product mixture.
The process energy balance for each analysed case is reported in both Table 5 and Table 6, in terms of heating/cooling requirements and power requirements, respectively. 
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	[bookmark: _Ref81387353]Table 5. Heating and cooling requirements, together with the corresponding working fluid, of the process in Figure 2 for each CH4 /H2S inlet molar ratio analysed.

	
	CH4/H2S = 1:4
	CH4/H2S = 1:6
	CH4/H2S = 1:10

	equipment
	TIN
[°C]
	TOUT
[°C]
	Q
[kW]
	TIN
[°C]
	TOUT
[°C]
	Q
[kW]
	TIN
[°C]
	TOUT
[°C]
	Q
[kW]
	working fluid

	HE-100
	1301.15
	1500
	550.84
	1183.80
	1200
	77.67
	990.15
	1000
	69.48
	fuel

	R-100
	1500
	1500
	2841.96
	1200
	1200
	3035.74
	1000
	1000
	3389.07
	fuel

	HE-102
	400
	135
	-811.57
	200
	135
	-225.48
	-
	-
	-
	cooling water

	HE-103
	135
	50
	-180.12
	135
	50
	-266.15
	135
	50
	-464.15
	cooling water

	C-100 reboiler 
	56.69
	61.13
	4569.43
	60.68
	61.33
	6779.86
	60.94
	61.37
	12077.73
	LP steam

	C-100 condenser 
	-53.88
	-77.47
	-5007.16
	-52.91
	-66.46
	-7322.51
	-52.06
	-59.63
	-12857.46
	refrigeration cycle needed

	HE-104
	85.55
	50
	-60.09
	97.17
	50
	-127.36
	102.41
	50
	-266.80
	cooling water

	C-102 reboiler 
	119.75
	120.17
	7684.81
	119.71
	120.12
	23157.9
	119.71
	120.12
	59317.54
	LP steam

	C-102 condenser 
	115.40
	31.85
	-4451.63
	115.66
	31.85
	-13754.5
	115.66
	31.85
	-35199.59
	refrigerated water

	HE-107
	100.49
	50
	-2509.39
	99.93
	50
	-7267.06
	99.83
	50
	-18615.54
	cooling water

	HE-108
	50
	35
	-739.37
	50
	35
	-2165.29
	50
	35
	-5557.43
	refrigerated water

	HE-105
	163.87
	70
	-115.18
	163.74
	70
	-124.89
	163.41
	70
	-143.46
	cooling water



	[bookmark: _Ref81391045]Table 6. Compression power requirements of the process in Figure 2 for each CH4 /H2S inlet molar ratio analysed.

	
	
	
	CH4/H2S = 1:4
	CH4/H2S = 1:6
	CH4/H2S=1:10

	equipment
	PIN
[bara]
	POUT
[bara]
	Power
[kW]
	Power
[kW]
	Power
[kW]

	K-100
	1.6
	10
	282.88
	446.21
	815.33

	P-100
	1
	10
	16.09
	47.08
	120.82

	K-101
	10
	34
	166.52
	180.60
	207.55

	K-102
	34
	75
	187.36
	203.23
	233.62



As the CH4/H2S inlet molar ratio decreases, a lower reaction temperature is experienced in the RGibbs unit (R-100). Nevertheless, the reaction duty increases due to the higher flow rates involved. The CS2 and H2 separation sections downstream the reaction one show higher energy requirements. Considering the CS2 separation column C-100, heat loads are significantly higher for both the reboiler and the condenser. The same is for the C-102 amine regeneration column. At lower CH4/H2S inlet molar ratio, C-100 condenser temperature is higher due to higher H2S and lower H2 content in the top product. Also, power requirements increase when the CH4/H2S inlet molar ratio decreases, even if these contributions are not particularly significant in the overall process energy balance. 

4.2 Equipment sizing
The process towers, i.e., columns C-100, C-101 and C-102, have been sized through the Aspen Plus V11® interactive sizing. Specifically, for the C-101 column, whose aim is H2S-H2 separation through chemical absorption, the absence of kinetic limitations has been proved in a preliminary simulation phase, confirming that the H2S dissociation in water is fast and approaches the thermodynamic equilibrium conditions. The specified number of stages and internals for process towers are reported in Table 7. The V-101 process vessel has been sized considering both gas and liquid flow rates and densities, keeping the height-to-diameter ratio between 2.5 and 5, as from Turton heuristic rules (Turton et al., 2008).
Concerning the heat exchangers sizing, a value of U = 60 W/(m2·K) has been assumed in the case of gas to liquid heat exchange, while U = 850 W/(m2·K) for water to liquid heat exchange and U = 1140 W/(m2·K) for reboilers. 

	[bookmark: _Ref81672910]Table 7. Number of stages and internals for process towers in the methane reformation process of Figure 2.

	equipment
	N
	internals

	C-100
	10
	trayed

	C-101
	20
	packed

	C-102
	10
	trayed



4.3 Fixed and operating costs
Figure 5 shows the fixed costs (in M$) and the utility costs (in M$/y) for the H2S methane reformation process, considering the CH4 /H2S inlet molar ratio of 1:4. The assessment does not include any spare unit.
a) [image: ]  b)[image: ] UTILITIES = 8.6053 M$/y
CAPEX = 11.0615 M$

[bookmark: _Ref81673687]Figure 5. H2S methane reformation: a) fixed costs in M$ and b) utility costs in M$/y. The CH4 /H2S inlet molar ratio is fixed at 1:4.
The reformation furnace has been sized considering thermodynamic equilibrium conditions. As can be observed, its investment cost is the most expensive one considering single equipment and represents alone about 17% of the total costs. On the other hand, considering the utility costs, it is worth noticing that the predominant cost item is associated with steam.  
Revenues referred to the CH4 /H2S inlet molar ratio of 1:4 are shown in Figure 6. Looking at Figure 6, it is clear how the economy of the process is strongly influenced by the CS2 market, which is produced in large quantities and represents the major portion of the process revenues.
[image: ]REVENUES = 14.9575 M$/y
M$/y

[bookmark: _Ref81674705]Figure 6. H2S methane reformation revenues in M$/y. The CH4 /H2S molar inlet ratio is fixed at 1:4.
As regards the other CH4 /H2S inlet molar ratios analysed, results are reported as variation of fixed costs (Figure 7), utility costs (Figure 8) and revenues (Figure 9) with respect to the CH4 /H2S molar inlet ratio = 1:4. 
a) [image: ]b)[image: ]
[bookmark: _Ref81675479]Figure 7. Fixed costs variation in M$ with respect to CH4 /H2S molar inlet ratio = 1:4 for: a) CH4 /H2S inlet molar ratio = 1:6 and b) CH4 /H2S inlet molar ratio = 1:10.
a) [image: ]b)[image: ]
[bookmark: _Ref81725437][bookmark: _Ref81725431]Figure 8. Utility costs variation in M$/y with respect to CH4 /H2S inlet molar ratio = 1:4 for: a) CH4 /H2S inlet molar ratio = 1:6 and b) CH4 /H2S inlet molar ratio = 1:10.
a)[image: ]b)[image: ]
[bookmark: _Ref81725435]Figure 9. Revenues variation in M$/y with respect to CH4 /H2S inlet molar ratio = 1:4 for: a) CH4 /H2S inlet molar ratio = 1:6 and b) CH4 /H2S molar inlet ratio = 1:10.
As the CH4 /H2S inlet molar ratio decreases, fixed costs increase, due to the larger equipment size, and the utility consumption increases, except for the fuel entering the furnace and the boiler feed water. As a matter of fact, at decreasing CH4 /H2S inlet molar ratio, the reaction temperature is reduced and, consequently, both the process fuel demand and the steam production are reduced. 
Furthermore, a lower CH4 /H2S inlet molar ratio corresponds to higher earnings, as a consequence of the higher CS2 and H2 production. Nevertheless, as reported in section 4.1, the increase in the products flow rates is associated with a decrease in their purity. This aspect has to be considered in the analysis of the obtained results: for the lowest CH4 /H2S inlet molar ratio, it could be necessary to add a hydrogen post-treatment or, alternatively, a dehydration stage of recycled H2S, the presence of which has been neglected in this assessment.
Fixed and utility costs as well as revenues allow the evaluation of methane reformation total costs, for each of the cases analysed, considering a payback time of 6 years. As output from the analysis, the CH4 /H2S inlet molar ratio significantly affects the process performances. Results are summarized in Table 8.
	[bookmark: _Ref75300206]Table 8. Hydrogen cost for H2SMR process, considering the different reactant inlet molar ratios analysed.  

	
	CH4/H2S  = 1:4
	CH4/H2S  = 1:6
	CH4/H2S  = 1:10

	 CAPEX [M$]
	11.0615 
	18.8881
	20.4109

	 UTILITIES [M$/y]
	8.6053
	18.0124
	40.3950

	 REVENUES [M$/y]
	14.9575
	16.3587
	19.1478

	TOT [M$/y]
	17.1170
	31.4469
	59.6101

	
	
	
	

	H2 cost [$/kg]
	0.7660
	4.2253
	5.2443


The hydrogen cost varies according to the inlet reactants molar ratio, as shown in Figure 10 for the sake of clarity. As follows from the assessment performed, the most profitable operating conditions are associated with the highest CH4/H2S inlet molar ratio. At high ratios, however, the particularly high reaction temperature, close to 1500°C, represents an operational problem, mainly for the materials of construction of the reformation furnace: a further process optimization is necessary to reduce the operating costs of downstream separations and, consequently, lower the CH4 /H2S inlet molar ratio as much as possible. Again, the results show that the reformation technology is a valid alternative for the hydrogen production from H2S, considering that the present assessment does not take into account the gain associated with the non-emitted CO2, if referred to the traditional methane steam reforming.
[image: ]
[bookmark: _Ref81676521][bookmark: _Ref81676496]Figure 10. Hydrogen cost as a function of the CH4/H2S inlet molar ratio.
On the other hand, considering the methane reformation as a possible hydrogen sulphide valorisation technology, a comparison with the Claus process, the benchmark H2S conversion solution, can be performed. According to the Claus process, H2S is oxidized to elemental sulphur while its intrinsic hydrogen content is converted to water vapour. In a typical Claus plant, tail gas clean-up units are needed to remove traces of sulphur based compounds before venting the off-gases to the atmosphere. As opposite to the benchmark process, the hydrogen sulphide methane reformation converts H2S and simultaneously recovers its hydrogen content. No finishing stages are required, due to the reduced concentration of sulphur compounds in the exiting streams. In this respect, the advantage of H2SMR appears straightforward. Nevertheless, in its actual configuration, the Claus process is extensively optimized and has a significant maturity level. This is not the case of methane reformation, which is currently under development. For this reason, despite an economical comparison of these two technologies appears as unfair considering their actual readiness levels, results of the present analysis pave the way for future process intensification. The industrial application of H2S methane reformation is technically doable and can be economically viable, if a specific optimization will be performed in the next future. 

5. Conclusions
The present work is aimed at the sensitivity analysis and process techno-economic assessment of H2S methane reformation. The hydrogen production through H2S methane reformation presents several advantages, that are:
· the high hydrogen yield. For each mole of CH4 reacted, 4 moles of H2 are produced;
· the technology scale up to the industrial level, that can be accomplished by revamping an already existing steam reforming plant;
· the absence of direct CO2 emissions, unlike the traditional methane steam reforming;
· the reaction tolerance to CO2. In the case of CO2 presence in the feed stream, a CO-H2 mixture is obtained in place of pure H2;
· the simple product mixture separation downstream of the reaction section.
The Technology Readiness Level (TRL) of this technology is 6 (National Aeronautics and Space (NASA)). This methodology appears to be practicable for the implementation at the industrial level. For the technology industrial commercialization, the optimal process operating conditions are investigated in terms of the CH4 /H2S inlet molar ratio. The effect of the CH4 /H2S inlet molar ratio is determined through the evaluation of fixed and operating costs. Results show that the proposed technology is a valid alternative for industrial hydrogen production. The perspective of the process depends on its energy efficiency. In this respect, the present analysis aims at offering the starting point for the technology scale up, which shall consider a further process optimization. 
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