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Multi-column capture processes show several advantages compared to batch capture. It is how-ever not evident how
many columns one should use exactly. To investigate this issue, twin-column CaptureSMB, 3- and 4-column periodic
counter-current chromatography (PCC) and single column batch capture are numerically optimized and compared in terms
of process performance for cap-turing a monoclonal antibody using protein A chromatography. Optimization is carried out
with respect to productivity and capacity utilization (amount of product loaded per cycle compared to the maximum
amount possible), while keeping yield and purity constant. For a wide range of process parameters, all three multi-column
processes show similar maximum capacity utilization and performed significantly better than batch. When maximizing
productivity, the CaptureSMB process shows optimal performance, except at high feed titers, where batch
chromatography can reach higher productivity values than the multi-column processes due to the complete decoupling of
the loading and elution steps, albeit at a large cost in terms of capacity utilization. In terms of trade-off, i.e. how much
the capacity utilization decreases with increasing productivity, Cap-tureSMB is optimal for low and high feed titers,
whereas the 3-column process is optimal in an intermediate region. Using these findings, the most suitable process can be
chosen for different production scenarios.
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1 Introduction

ing for new products. These developments require high-
productivity, flexible downstream processes. Continuous

Due to their fast growing market share and high val-
ue, monoclonal antibodies (mAbs) are one of the most
important classes of biopharmaceuticals today [1]. Rapid
progress in cell line development, resulting in greatly
increased fermentation productivity and titers [2, 3] has
increased the output of existing bioreactors and prompt-
ed the use of smaller fermenters and flexible manufactur-
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upstream has become an attractive option in many cases,
triggering the use of continuous downstream processes.
In order to fulfill these requirements, novel downstream
processes have been developed in the recent years,
specifically in the field of chromatography, which is still
the main process step in downstream purification [4, 5].
While the use of SMB technology has a long history in
downstream processing [6-8], its operating principles
(binary separation, many columns) make it generally a
sub-optimal choice for affinity capture or polishing steps,
where usually a ternary separation must be carried out.
The new continuous chromatographic processes operate
with two or more identical columns, enabling also coun-
ter-current principles. For polishing steps, multi-column
counter-current solvent gradient purification (MCSGP)
[9-12], has been successfully used and displayed supe-
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rior performance compared to batch chromatography. It
has been shown that for protein A capture of mAbs, it
can be advantageous to use multi-column setups, rather
than batch chromatography, such as the twin-column
CaptureSMB process (which is semi-continuous when
an interconnected wash is applied) [13] or continuous
processes with more columns, such as sequential multi-
column chromatography (SMCC) processes [14, 15], or
periodic counter-current (PCC) processes with intercon-
nected wash, which are typically run with three or four
columns [16, 17], or the BioSMB process, which uses up
to 12 columns [18]. In general, counter-current chroma-
tography offers several advantages, mainly increased
productivity, better resin utilization and smaller specific
buffer consumption, but these come at the price of higher
hardware complexity and increased investment cost [19].

Common among these multi-column setups is that
the product breakthrough of one column is directed into
another column to adsorb, allowing the use of higher load-
ing flow rates and loading times without compromising
yield by product breaking through. This leads to higher
productivity and higher loadings of the resin. Resin
capacity utilization is proportional to product pool con-
centration and inversely proportional to buffer consump-
tion and resin costs [13].

For many years, modeling has been a valuable tool
for understanding and optimizing these multi-column
processes, precisely because of the high investment costs
and typically the high value of the products involved [20,
21]. A novel modeling approach for the diffusive behav-
ior of the monoclonal antibodies inside the affinity resin
particles, based on a shrinking core model, is applied
here. It has been shown previously that fitting batch
breakthrough experiments is sufficient for predicting the
performance of the CaptureSMB process [22]. With the
column model available, the capture process can be laid
out in order to maximize two objectives: Productivity,
that is mAb produced per column volume (CV) and time,
and capacity utilization, that is how much mAb is loaded
onto the columns compared to the maximum theoreti-
cally possible amount. It is possible to identify operating
points biased towards one or the other objective, depend-
ing on manufacturing needs or cost targets. In this work
we show that the trade-off is present for all investigated
processes with one to four columns. Comparing the pro-
cesses under these important aspects might shed some
light on their advantages, disadvantages and usefulness
for capture applications.

2 Process descriptions

As an example capture problem in this work, the purifica-
tion of an IgG, monoclonal antibody (mAb) from clarified
cell culture harvest is considered. The processes exam-
ined here are: single-column batch capture, twin-column

CaptureSMB [13], and periodic counter-current (PCC)
processes with interconnected wash step with three
(3C-PCC) and four (4C-PCC) columns [16, 23] (Fig. 1).
Note that the recovery and regeneration phase can be
optimized separately and is independent of the process
type. The total column volumes of buffers used in the dif-
ferent steps of the recovery and regeneration phase are
assumed to be the same in all processes. Moreover it was
assumed that the same recovery and regeneration proto-
col was used in every cycle. Therefore, it is not part of the
optimization considered in this work. All flow rates of the
recovery and regeneration phase that are not associated
with loading, namely interconnected wash, wash, elution
and equilibration, are assumed to be run at a constant
flow rate Qgg of 1.5 mL min? (corresponding to a linear
velocity of 450 cm h!). The cleaning in place (CIP) step
uses a constant contact time, i.e. its duration is independ-
ent on column size. The described processes have in com-
mon that steps with sequential loading of two columns
and steps with single column loading alternate, each pair
of these steps is referred to as “switch” in the following.
However, in 3C- and 4C-PCC processes, the intercon-
nected loading step and the recovery and regeneration
procedure run simultaneously while in CaptureSMB they
run sequentially.

2.1 CaptureSMB

The CaptureSMB process uses two columns, as shown in
the process schematic in Fig. 1 (panel A, top). A detailed
description is available in [13]. During the interconnected
phase, which has the duration ., the columns are loaded
in series, with the flow rate Q. After the columns have
been loaded in series, a first interconnected wash step is
performed at the end of the interconnected phase to flush
any protein still present in the liquid phase into the sec-
ond column. After this wash step, the first column is fully
loaded and the columns are disconnected. While the first
column enters the recovery and regeneration procedure
the second column continues to be loaded. This step is
denoted as the “batch” phase, with a duration of tg, and a
loading flow rate of Qp for the second column.

Of the four design variables, three can be used to
design the process (t,;, O and Qg), with the constraint
that no breakthrough should occur, ensuring high yield
in all operating points. Since the first column undergoes
recovery and regeneration during the batch phase, the
duration of this step, tg, is fixed by the recovery and
regeneration protocol, which ensures constant purity and
product quality.

2.2 3-column PCC (3C-PCC)

The 3-column PCC process uses three identical columns.
A process schematic, adapted from [24], can be found in
Fig. 1 (middle panel B). A different 3C-PCC process has
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Figure 1. Flow chart of the multi-column processes. (A) CaptureSMB; (B) 3-column PCC; (C) 4-column PCC. For each process, an entire cycle is shown.



been published by the same group in [23], however in this
work we refer to the newer process. In the 3-column PCC
process, the first part of a switch consists of an intercon-
nected wash step where the first, fully loaded column is
washed and the wash is recycled into the third column,
while the second column is loaded in a disconnected
mode. Since the feed is applied to a disconnected column,
this phase is denoted as the batch phase, with the dura-
tion t; and the feed flow rate Q.

When the interconnected wash step is finished, the
first and the third column are disconnected and the first
column continues in the recovery and regeneration pro-
cedure, with further wash steps, the elution, the CIP and
the equilibration step. In the meantime, the two other
columns are loaded in an interconnected manner using a
flow rate Q; therefore this part of the switch is called the
interconnected phase, which lasts for the time ;.. After
the interconnected phase is complete, all columns are
moved one position upstream relative to the liquid phase
flow, which denotes the beginning of a new switch. When
three switches have passed and the columns are back in
the initial configuration, one cycle has passed.

The duration of the interconnected wash dictates the
duration of the batch step. The duration of the recovery
and regeneration procedure, which happens during the
interconnected phase, puts a lower bound on the dura-
tion of this step, since it is permitted to load for a longer
time than it takes to wash, elute, clean and equilibrate
one column. It is therefore permitted that the first column
is inactive for certain periods of time following recovery
and regeneration. The 3-column PCC process has three
degrees of freedom, namely the two loading flow rates Qg
and Q; and the interconnected loading time ¢..

2.3  4-column PCC (4C-PCC)

The 4-column PCC process uses four identical columns
that are loaded and eluted sequentially [16]. A process
schematic can be found in Fig. 1 (bottom panel C). In the
setup investigated in this work, there are two different
steps, during which different columns are interconnected.

In the first part of the switch, the column in the first
position, which has been washed in the previous switch,
is eluted. Meanwhile, the second column undergoes the
first part of the wash step, during which product from the
liquid phase of the first column is directed to the cleaned
and regenerated column in the last position. During this
time, the column in the third position is disconnected and
loaded with feed with a flow rate of Qp. Since the loading
happens in a single column batch manner in this part of
the switch, it is denoted as the batch phase, which has
the duration ¢

When the interconnected part of the wash step is
completed, the second column is disconnected and the
recovery and regeneration continues, with further wash-
ing. The elution of product from the first column finishes

during this phase, and cleaning in place (CIP) and regen-
eration follow. Meanwhile, the other two columns are
interconnected and further feed is applied to the third
column, with a different flow rate Q.. After this, one
switch has passed and the columns are moved one posi-
tion upstream, i.e. counter-currently relative to the direc-
tion of the liquid phase flow. Because the feed is applied
to two interconnected columns in this part of the switch,
it is denoted as the interconnected phase with a duration
of ;.

Since the interconnected wash step is fixed, the dura-
tion of the batch step, tg: is fixed. However, it is again
permitted to load for a longer time than it takes to clean
and equilibrate a column and the first column is permitted
to be inactive after regeneration, so there is a lower bound
on the interconnected time o Therefore, the 4-column
PCC process has three degrees of freedom, namely the
two loading flow rates Qp and Q and the interconnected
time ..

3 Materials and methods

The cell culture supernatant used in the experimental
parts of this study was produced at ETH Zurich by
continuous fermentation and contained a monoclonal
IgG,-type antibody in concentrations between 0.20 and
0.75mg mL!. For the breakthrough experiments at higher
concentrations, clarified cell culture supernatant with
a concentration of 0.3 mg mL™ was spiked with elution
product of previous capture runs to obtain feed concen-
trations of 1.6 mg mL7 and 2.6 mg mL'. As stationary
phase, MabSelect SuRe (GE Healthcare Life Sciences),
in pre-packed columns of dimensions 0.5 x 5 cm (Atoll,
Weingarten, Germany) was used for all experiments. Two
such columns were joined in series to form columns with
bed heights of 10 cm. The preparative conditions and
analytical method (analytical protein A chromatography)
were the same as reported in [22], with two differences in
the preparative part: The duration of the CIP step was var-
ied as a process variable, and recovery and regeneration
was always performed at maximum flow rate, therefore
ORR = Omax'

3.1 Process model

Since adsorption of mAbs on protein A ligands is very
fast compared to diffusion through the resin particles, the
radial profile of adsorbed protein in the particles shows
a very steep front, as has been shown in theory and also
experimentally by confocal x-ray spectroscopy [25—29].
This property is used as a basis for a model that avoids
completely the radial discretization of the resin particles.
Shrinking core models have been proposed previously
for catalyzed chemical reactions in porous particles [30],
and the analogy between a fast chemical reaction and an



adsorption process justifies its use in chromatography.
Therefore, the same approach is used to describe the
moving front of adsorbed protein.

3.2 Shrinking core adsorption model

According to the shrinking core model, the protein has to
diffuse through a stagnant film between the bulk phase
and the solid phase particle, and a layer of antibody-
saturated protein A sites of thickness I, = R, where I,
is the resin particle radius and R is the radial position
of the antibody front progressing through the particle,
before adsorbing on a free protein A adsorption site. This
process is visualized in Fig. 2. The total mass transfer
coefficient is therefore given as a combination of these
two contributions:
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where k is the film mass transfer coefficient and kg is
the pore mass transfer coefficient. By combining the
fact that the molar flow rate of the protein through the
saturated layer is constant, and by using a linear driving
force assumption, the following expression can be used to
calculate the pore mass transfer coefficient [31]:

(1- 06)1/3
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)

where D = e‘pDE/rp is a fitting parameter that is related to
the pore diffusion coefficient for diffusion through satu-
rated pores Dy and « is the fraction of total adsorption
sites occupied, i.e.
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where g, is the solid phase concentration on the first
adsorption site (Eq. 6), gf..q is the equilibrium solid phase
concentration of protein at feed concentration, gyt IS the
saturation capacity of the resin, ¢y, is the protein con-
centration in the feed and K, is the equilibrium constant
of the adsorption process.

The film mass transfer coefficient k; on the other hand
can be estimated from a classical semi-empirical correla-
tion [4]:

_ Dy 1.09( 2,u
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where D, is the protein diffusivity in free solution, & is the
porosity of the packed bed and u = Q/A_, | is the superficial
velocity, where Q is the volumetric flow rate, and A is
the column cross sectional area.
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Figure 2. Visualization of the moving front inside a resin particle accord-
ing to the shrinking core model.

The intra-particle liquid phase is therefore described
by the equilibrium with the bulk liquid phase and the
adsorption terms:
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where ¢y, is the intra-particle liquid phase concentration,
¢ is the bulk liquid phase concentration, @, = (1 - &,)/€, is
the particle phase ratio, where g, is the particle porosity,
and g, are the adsorbed phase concentrations for each
adsorption site. The particle porosity, and therefore the
intra-particle liquid phase volume, is assumed to be inde-
pendent of adsorption and therefore constant.

For immobilized recombinant protein A ligands two
to three adsorption sites are actually available per ligand
[4], and since the adsorption rate constant decreases
with increasing number of mAbs bound to a ligand due
to steric hindrance, only the first two adsorption pos-
sibilities are taken into account here. This leads to the
following expressions for the change in adsorbed phase
concentrations [31]:
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where k A are the adsorption rate constants for each site.
Note that in the formula for the second adsorption site,
the current concentration of the first site appears in place
of the saturation capacity. This reflects the fact that the
second site is a hindered site, which can only be occupied
when a mAD is already adsorbed on the first site.



3.3 Column model

As in the standard lumped kinetic model, the equations
above describing the adsorption process are combined
with the transport equations for the liquid phase [20]:
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where t denotes the time, v = u/sB is the interstitial veloc-
ity, x is the coordinate along the longitudinal axis of the
column, D, is the apparent axial dispersion coefficient,
and L, is the bed height of one column.

These partial differential equations are subject to the
following boundary conditions and initial conditions:
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The apparent axial dispersion coefficient was estimated
as described in [22], and the same solution procedure was
used to solve the system of partial differential equations.

3.4 Process performance measures
and optimization problem

Apart from impurity clearance, the three most important
performance measures in preparative affinity chroma-
tography are yield, productivity and capacity utilization.
Since the main factors influencing product purity are the
type of stationary phase and the recovery and regenera-
tion protocol, it is not modelled and considered constant
and in specification for all investigated processes. Yield
and productivity by contrast are strongly influenced by
the operating parameters, namely the flow rates and
durations of the different process steps, and they are
properly calculated in the model. In capture processes,
columns are typically not fully loaded since this would
compromise yield. In batch capture of monoclonal anti-
bodies for example, 90% of the volume corresponding to
1% breakthrough [16] is loaded to ensure maximum and
constant yield. Since this does not directly translate to
multi-column processes and different implementations
of a safety factor will make a fair comparison difficult, the
constraint applied for all processes in this work is that
the breakthrough value of a disconnected column must
not exceed 1%. This assures a high yield value for all pro-
cesses considered.

Flow rate constraints were implemented based
on product information provided by the manufactur-
er. For MabSelect SuRe a maximum linear velocity of
500 cm hl is reported, resulting in a maximum flow rate of
Q,.x=167mL min! (GE Healthcare, Data file 11-0011-65
AC, retrieved online 07/2014).

Itisimportant to highlight that the processesdescribed
were not optimized under a feed continuity constraint as
described in [24] for full integration with continuous
upstream manufacturing without an intermediate bal-
ancing container. Instead, a setup as described in [23]
was assumed, with a balancing container (“surge bag”)
at the interface of upstream and downstream processing.
This setup requires only the average inflow and outflow of
the container to be equal, allowing flexible feed flow rates
on the side of the downstream capture, i.e. different feed
flow rates in the interconnected and batch phases of mul-
ticolumn capture, allowing better process performance.
Moreover this setup appears advantageous from a risk
perspective. It also covers the state-of-the-art mAb fed-
batch fermentation, where the entire harvest becomes
available at a certain point in time. Due to the risk of prod-
uct degradation, this scenario requires the harvest to be
processed within a certain time period, typically around
24 h, however this capture mode does not require the feed
flow rate to be constant.

The first optimization target is productivity, which
is defined as the amount of product produced per resin
volume and unit time and can be written as follows for
all processes:

P=Y. CrecdticCic +taQr) o
NeaVeolltic +t8)

where Y is the process yield, ¢g_, is the mAb concentra-
tion in the feed, ng, is the number of columns the process
uses, and VCO1 = L001 . Ac o 1S the volume of one column.
Note that for batch chromatography, there is no intercon-
nected phase, and the recovery and regeneration time
has to be added to the switch time in the denominator.

The second optimization target is the capacity utili-
zation CU, which is defined as the actual load per cycle
divided by the maximum possible load. Therefore, the
higher the capacity utilization, the more antibody can be
produced per volume of resin before the resin needs to be
replaced, since fewer load and elute cycles are needed to
process a given amount of antibody. Thus, higher capac-
ity utilization leads to lower resin costs. The capacity
utilization can be calculated as follows:

Creed(ticQic +1508)
(1 - SB)VColqmax

cUu=Y- (10)

where g, . is the maximum possible amount that could
theoretically be loaded per column volume at a given feed

concentration, which can be calculated as follows:



CFeed
= q 11
Qmax (1 /K eed) sat ( )

Summarizing the constraints and objectives discussed
above, the following optimization problem can be formu-
lated:

max%(mize P(x),CU(x)

subject to  c(z=Lg,) <0.01CFeeq
Q < Onax (12)
0 <X
trr St

where x are the degrees of freedom of the capture process
with x = [t5, Qg as the degrees of freedom for batch single
column chromatography and x = [Qy, t;,, Q-] as degrees of
freedom for the multicolumn processes. Note that the first
constraint ¢(z = L) < 0.01cg_, is, as mentioned above,
effectively a yield constraint that applies only for columns
that are being loaded and have no column connected to
their outlet. This effectively assures that the first column
in the loading zone is loaded to a very high breakthrough
value (typically above 60%) as well. The last constraint
tpg < b Only applies to the 3- and 4-column PCC process-
es. For numerical optimization, a multi-objective genetic
algorithm, i.e. a modified version of the third iteration of
the generalized differential evolution algorithm (GDE3)
was used [31].

4 Results and discussion

4.1 Model fitting of batch protein A breakthrough
curves

From the breakthrough experiments described in the
materials and methods section the parameters D, kA,l,Z'
K, and g, used in Eq. (2), (3) and (6) can be estimated.
This is done by minimizing the sum of square errors using
the GDE3 algorithm. 13 breakthrough curves at three
different linear velocities between 150 and 450 cm h
(resulting in flow rates between 0.5 and 1.5 mL min™?),
and five different feed concentrations between 0.2 and
2.5 mg mL were used to fit the model parameters. The
data set includes columns with bed heights of 5 and
10 cm. A full list of all the parameters and their value is
reported in Supporting information, Table S1. The intra-
particle diffusion coefficient kg and the film mass transfer
coefficient ki obviously depend on the solid phase and
feed concentrations, and the current flow rate, respec-
tively. The values of the intra-particle diffusion coefficient
kg were typically in the range of 0.001 cm min?, while
the film mass transfer coefficient k, was typically in the
range of 10 cm min™. Therefore, as expected in protein
chromatography, intra-particle diffusion was the rate
limiting step. Several breakthrough curves with fitted
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Figure 3. (A) Experimental breakthrough curves at different feed con-
centrations (symbols) compared with simulation data (lines). The feed
flow rate was 1.0 mL min" (300 cm h™') for feed concentration below

1.0 mg mL7, 1.5 mL min™ for the curve at 1.5 mg mL" and 0.75 mL min'
(225 cm h™) for the curve at 2.5 mg mL". (B) Experimental breakthrough
curves at different feed flow rates (symbols) compared with simulation
data (lines). The feed concentration was 0.42 mg mL", the bed height was
5 cm and the column diameter was 0.5 cm in all cases.

model results are displayed in Fig. 3. Clearly the model is
applicable for simulating breakthrough curves at differ-
ent flow rates and different feed compositions, and can
accurately account for different column lengths. The root
mean square error in each experiment was in the range of
1.20 to 3.98%, averaging at 2.49%. As expected in protein



A chromatography, the isotherm resulting from the fitted
parameters is nearly rectangular. The isotherm is shown
in Supporting information, Fig. S1.

4.2 Operational parameters considered
for optimization

Along with the optimization, the influence of four dif-
ferent operational parameters on the optimal operating
points of the capture processes was examined: The
cleaning-in-place contact time, the number of column
volumes used in the interconnected wash step, the bed
height of a single column and the feed concentration. An
overview of the cases examined is reported in Supporting
information (Table S2). In a first scenario, the processes
were optimized for cleaning (CIP) durations of 15, 30 and
60 min. In a second scenario the optimization was done
for washing in series (interconnected) for 0, 3 and 6 col-
umn volumes, respectively. In a third scenario, the opti-
mization was done for feed concentrations of 0.5, 1.5, 2.5,
and 5.0 mg mL™. In the base case, for which a CIP time
of 30 min, three column volumes interconnected wash
and a feed concentration of 1.5 mg mL! was used, bed
heights of b and 10 cm were considered, which results in
loading zone bed heights of 5, 10 or 20 cm. Since columns
with bed heights of less than 10 cm are generally not
considered to be reproducibly packable at large scale, and
minimal single column bed height appears to be optimal
because this shortens the recovery and regeneration
procedure, the investigation of the effect of changing the
operational parameters was limited to 10 cm columns.
Any scaling up can then be done by increasing the col-
umn diameter, which is not expected to have any impact
on process performance unless radial flow distribution
becomes an issue [4].

4.3 Base case optimization results in productivity/
capacity utilization trade-off for all processes

Fig. 4 shows pareto-optimal operating points in the
capacity utilization (CU) versus productivity plane for
the base case, at fixed purity and yield values. The data
confirm the expected trade-off of operating with high pro-
ductivity but low capacity utilization or at high capacity
utilization but low productivity. In terms of column bed
heights, it is evident that with 5 cm bed height columns,
a higher maximum productivity per column volume can
be achieved than with 10 cm bed height columns for all
processes. When comparing the different processes, the
batch process is clearly inferior to the multi-column pro-
cesses in terms of capacity utilization, but can achieve
a similar maximum productivity value, although at the
expense of a strong decrease in capacity utilization.
Among the multi-column processes, the 4-column PCC
process shows the worst performance, because more
capacity utilization is lost when increasing the produc-
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Figure 4. Pareto-optimal operating points (at fixed yield and purity) for

the base case (¢, = 30 min, Wash,. =3 CV, ¢ ., = 1.5 mg mL"). Filled

symbols show results for 5 cm single column bed height, empty symbols
show the results for 10 cm single column bed height.

tivity. The CaptureSMB and 3-column PCC processes
can achieve a similar maximum productivity, which is
the highest maximum productivity for both bed heights.
The multi-column processes all show a similar maximum
capacity utilization close to 100%, independent of bed
height. These operating points at high capacity utiliza-
tion of course exhibit a corresponding decrease in pro-
ductivity. In all cases considered, the pareto-fronts show
the same behavior in terms of process constraints: Each
and every pareto-optimal point has exactly 1% break-
through (Eq. 12), which is obvious because as long as
the breakthrough constraint is not active, one can simply
load faster (increasing productivity) or more (increasing
capacity utilization). The end points of the pareto-curves
are marked by any other constraint becoming active: At
maximum capacity utilization (and minimum productiv-
ity), the loading flow rates reach the lower bounds (set at
0.01 mL min™ to avoid points where nothing is loaded at
all), or the capacity utilization approaches 100%, where
no further benefit can be gained by reducing the pro-
ductivity. On the other hand, at maximum productivity
(and minimum capacity utilization), either the maximum
loading flow rate is reached, or, in the case of the multi-
column processes, the minimum loading time due to the
additional constraint that the regeneration of one column
must be finished when a switch ends. Note that this mini-
mum time is higher in the 3-column PCC process than
in the 4-column PCC process, because the recovery and
regeneration step is spread out over fewer columns, lead-
ing in some cases to abrupt stops in the pareto-curves.
In the case of CaptureSMB, the fixed loading time in the



batch phase is generally less of a concern because its
impact can be diminished by reducing the batch loading
flow rate.

In any case, if the minimum loading time is reached
before the maximum loading flow rate is reached, any
attempts to increase the productivity by increasing the
loading flow rate or the loading time will simply result
in yield loss, because the breakthrough constraint is
already active, therefore negating any possible gains
in productivity. This behavior is illustrated in Support-
ing information, Fig. S2. Different operating conditions
may change the exact position of the steep drop relative
to the optimum, but in no case this kind of yield loss is
avoidable.

The model predicts an average increase in produc-
tivity of 39% when going from batch to CaptureSMB,
which is in good agreement with the values reported
in [13], where an average increase of 37.5% was found,
albeit for a different IgG,-type antibody. At high load-
ing flow rates, which corresponds to operating points
with high productivity, an average increase in capac-
ity utilization of around 46% is predicted by the model,
which corresponds well to the value of 42% that has been
reported in [13].

4.4 Influence of CIP time

In the subsequent optimizations starting from the base
case, the CIP time was varied. As can be seen in Fig. 5
(top, panel A), an increased CIP contact time leads to
decreased maximum productivity in all processes. This
is expected, as cleaning is “not productive” in the sense
that no product is loaded or eluted during cleaning. It
must be noted that the maximum capacity utilization is
basically independent of CIP contact time. This is obvi-
ous in the case of batch chromatography, as the CIP step
has no impact on the loading of the column. On the other
hand, in the CaptureSMB process, a longer CIP time leads
to a longer fixed loading time by increasing t;, but this
can be compensated by changing the batch loading flow
rate and the interconnected time. In the PCC processes,
a longer CIP time simply raises the lower bound on the
interconnected loading time, so as long as this constraint
is not active (which is the case at high capacity utiliza-
tion, where the flow rates are low and the loading times
are high), the CIP time has no impact on the loading.
When comparing the different processes, the same trends
as in the base case can be observed: the batch process
is inferior in terms of capacity utilization, but can reach
similar values of maximum productivity. Among the mul-
ti-column processes, again all processes can reach very
high capacity utilization, and the CaptureSMB process
can achieve slightly higher productivity than the 3-col-
umn PCC process, but at a larger cost in terms of capacity
utilization. The 4-column PCC process again shows the
worst performance among the multi-column processes.
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Figure 5. (A) Influence of changing t, from 15 to 30 to 60 minutes. The
other parameters correspond to the base case, i.e. three column volumes
interconnected wash and 1.5 mg mL" feed concentration. (B) Effect of
changing ¢, between 0.5 and 5.0 mg mL"". The other parameters cor-
respond to the base case.

4.5 Influence of feed concentration

Changing the feed concentration changes the behavior of
the processes most significantly as can be seen in Fig. b
(bottom, panel B). As expected, the maximum productiv-
ity increases with increased feed concentration for all
processes. This improvement is mainly due to a decrease
of the loading time, which decreases with increasing
titer. With decreasing loading time, the time required
for recovery and regeneration becomes dominant and



Table 1. Optimum process choice depending on feed titer and desired performance objective

Objective Productivity Capacity utilization Trade-off
Feed titer

Low (~0.5 mg mL™) CaptureSMB CaptureSMB / 3- / 4-C PCC CaptureSMB
Medium (1.5-2.5 mg mL") CaptureSMB CaptureSMB / 3- / 4-C PCC 3-column PCC
High (~5.0 mg mL™) Batch CaptureSMB / 3- / 4-C PCC CaptureSMB

the improvement in productivity levels off with increas-
ing titer. On the other hand, the maximum achievable
capacity utilization stays approximately constant. At
lower feed concentrations, again batch is inferior to the
multi-column processes in terms of capacity utilization.
But in this region, the CaptureSMB process dominates
the other processes. This is due to the fact that the maxi-
mum loading flow rate can be used without breakthrough
being an issue, which causes the pareto-fronts to become
vertical. In this case, additional columns convey no ben-
efit. At higher feed concentrations, two changes can be
observed: Firstly, the 3-column PCC process reaches its
maximum productivity value before the CaptureSMB pro-
cess exhibits any significant drop in capacity utilization,
giving the CaptureSMB process a much better trade-off,
in addition to its higher maximum productivity value.
This is caused by the additional constraint on the loading
time for the PCC processes (t;; < tzg) becoming active.
Secondly, the batch process becomes more competitive
in terms of maximum productivity, eventually outper-
forming all multi-column processes at 5.0 mg mL™. This
can be explained by the fact that loading times become
very short in this region, and the complete decoupling
of loading and elution gives batch an advantage in this
case. As in the other cases however, the batch process
has a worse trade-off than the multi-column processes.
It should be noted that the results for 5.0 mg mL™? feed
concentration are extrapolated data, as there were no
experiments performed at this concentration. The main
uncertainty introduced by this extrapolation concerns
the assumption of a sharp shrinking core front inside the
particles. This assumption becomes weaker because the
mass transfer, which is proportional to the concentration
gradient inside the particle, becomes faster. This should
mainly impact the shape, but not the position of the
breakthrough curves, which is only important to deter-
mine how much is recycled, but should have little impact
on the process performances.

In conclusion, the optimal process choice depends
on the feed titer and the desired objective (maximum
productivity, maximum capacity utilization or best pos-
sible trade-off between the objectives). The best choice
for each combination based on the optimization results
is reported in Table 1. Of the processes examined, Cap-
tureSMB offers the best trade-off, i.e. how much capacity
utilization is lost when increasing the productivity, at

low (<1.5 mg mL™) and high titers (>2.5 mg mL™). In the
intermediate range, the 3-column PCC process exhibits
the best trade-off. In terms of maximizing capacity utili-
zation, it is clear that any of the multi-column processes
is suitable for all feed titers, outperforming batch in every
case. For achieving maximum productivity, CaptureSMB
is optimal at low and medium titers (<2.56 mg mL™1), while
batch becomes optimal at high feed titers.

The two to four-column capture processes each con-
tain an interconnected wash step that follows the sequen-
tial loading. The wash step is required to wash unbound
material from the liquid volume of the first column into
the second column for adsorption [16]. Moreover, due to
change of the equilibrium conditions when flushing with
wash buffer, product may desorb from the first column
and needs to be captured in the second column requir-
ing washing volumes of more than one column volume.
The model predicts negligible impact on capacity utiliza-
tion and productivity when changing the interconnected
wash step for all multi-column processes. These results
are shown graphically in Supporting information, Fig. S3.

5 Concluding remarks

Batch capture and three different continuous multi-col-
umn protein A mAb capture processes (2-column Cap-
tureSMB and 3- and 4-column PCC) were numerically
optimized and compared in different operating regimes
with respect to capacity utilization and productivity, at
constant yield and purity. The model used for this task
was tuned on ad-hoc batch breakthrough experiments.
This resulted in sets of pareto-optimal operating points,
showing a trade-off between capacity utilization and
productivity.

In the base case examined (three column volumes
interconnected wash, 30 min CIP time, 1.6 mg mL! feed
titer), the multi-column processes show a productivity
increase from 5 to 19 mg mL™! h! for the CaptureSMB,
an increase from 5 to 20 mg mL™! h! for the 3C-PCC,
and an increase from 5 to 15 mg mL? h™? for the 4C-PCC
compared to the batch process at a fixed capacity utiliza-
tion of 90%. On the other hand, at a fixed productivity of
14 mg mL?! h'!, an increase from 75% to 97% in capacity
utilization is obtained for a fixed productivity when using
CaptureSMB or 3C-PCC, and an increase from 75% to



90% is reached in the 4-column PCC process compared
to batch capture.

The multi-column processes completely dominated
the batch process in all cases (except when maximizing
productivity at high titers), with the CaptureSMB show-
ing best performance in terms of productivity and all three
multi-column processes showing optimal and compara-
ble performance in terms of capacity utilization. At both
low and high feed concentrations, CaptureSMB showed
the best trade-off situation, while the 3-column PCC
process has the best trade-off in an intermediate region.
When increasing the feed concentration to 5.0 mg mL7?,
an interesting change can be observed: In this case, the
CaptureSMB process still has the best trade-off between
capacity utilization and productivity, but the performance
of the multi-column processes in terms of productiv-
ity drops off below the values achievable in the batch
process, albeit at a considerable decrease in capacity
utilization. This is due to the fact that there are additional
constraints on the loading time in the multi-column pro-
cesses, because sequential loading and recovery and
regeneration are performed in parallel, which does not
allow for fast enough loading to achieve higher produc-
tivity values. In all cases however, the improved capacity
utilization provided by the multi-column processes trans-
lates into a proportional decrease in resin costs and buffer
consumption, while product concentration increases pro-
portionally.

Finally, it should be pointed out that the increased per-
formance of the multicolumn processes comes at the cost
of higher investments and more complex hardware. The
hardware demand (pumps, valves, detectors, and piping)
generally increases linearly with the number of columns.
However, given that a step change in performance takes
place when moving from a batch process to a two column
process the increase in hardware investment can be jus-
tified since significant savings in operating expenditures
and increased speed of processing is achieved. In conclu-
sion, among the multicolumn processes for mAb capture
the two column process is preferable as it combines
minimum hardware investment and risk with maximum
process performance and flexibility.

The authors declare no financial or commercial conflict
of interest.
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