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• Model analysis of fixed bed reactor for
Sorption Enhanced DiMethyl Ether
Synthesis.

• Model validation with experimental
data from bench scale reactor.

• SEDMES ensures high COx conversion
and DME selectivity for any CO/CO2

feed ratio.

• Larger diameter tubes than in con-
ventional direct DME synthesis can be
adopted in SEDMES.
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A B S T R A C T

Sorption Enhanced DiMethyl Ether Synthesis (SEDMES) is a promising option to overcome thermodynamic
limitations of conventional DME production processes. In this work a 2D+1D heterogeneous dynamic model of
the reaction/adsorption step in a tube of an externally cooled multitubular fixed bed SEDMES reactor is de-
veloped in order to investigate the effect of design and operating parameters on thermal behavior and DME yield
performances of the reactor. The model is validated by comparison with experimental results from a bench scale
unit, including the dynamics of the outlet composition and the temperature trajectories in different points along
the axial coordinate. Simulations with the validated model address the effect of the CO/CO2 ratio in the feed. The
results confirm that, thanks to the effective in-situ H2O removal, the DME yield performances (65–70% in this
work) of SEDMES are poorly sensitive on the CO/CO2 ratio. Accordingly, on increasing the CO2 content in the
feed, SEDMES provides larger advantages with respect to conventional DME direct synthesis. Calculations of
maximum temperatures achieved along the axial coordinate show that catalyst thermal stress in the hottest inlet
zone of the SEDMES reactor slightly increases with the CO content in the feed due to faster kinetics of the DME
production reactions. However, thanks to the dilution effect provided by the adsorption material, maximum bed
temperature keeps∼ 20–30 K below the catalyst stability limit reported in the literature (573 K). Accordingly,
larger tube diameters (up to 46.6 mm) than in conventional reactors for the direct synthesis of DME can be
adopted with less than 2% loss in DME yield.
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Notation

av Solid specific surface area per unit volume [m2/m3]
Cp Gas mixture specific heat [J/kg/K]
Ci Molar concentration of species i [mol/m3]
Ctot Total molar concentration [mol/m3]
dp Pellet diameter [m]
dt Tube internal diameter [m]
Dae,i Effective axial dispersion of species i [m2/s]
Deff,i Effective diffusion coefficient of species i in solid [m2/s]
Dre,i Effective radial dispersion of species i [m2/s]
Dij Binary diffusion coefficient of species i in species j [m2/s]
Dk,i Knudsen diffusion coefficient of species i [m2/s]
Dmix,i Molecular diffusion coefficient of species i [m2/s]
fi Fugacity of species i [bar]
Fi Molar flow rate of species i per unit area [mol/ m2/s]
Ftot Total molar flow rate per unit area [mol/m2/s]
hgs Gas-solid heat transfer coefficient [W/m2/K]
hw Wall heat transfer coefficient [W/m2/K]
hw,conv Wall convective heat transfer coefficient [W/m2/K]
k1 Kinetic constant of CO hydrogenation to methanol [mol/

kgcat/s/bar3/2]
k2 Kinetic constant of reverse water gas shift [mol/kgcat/s/

bar]
k3 Kinetic constant of CO2 hydrogenation to methanol [mol/

kgcat/s/ bar3/2]
k4 Kinetic constant of methanol dehydration to dimethyl

ether [mol/kgcat/s]
km,i Gas-solid mass transfer coefficient of species i [m/s]
KCH3OH Adsorption constant of methanol on dehydration catalyst

[m3/mol]
KCO Adsorption constant of CO on methanol synthesis catalyst

[bar−1]
KCO2 Adsorption constant of CO2 on methanol synthesis catalyst

[bar−1]
Keq,j Equilibrium constant of reaction j
KH2O Adsorption constant of H2O on dehydration catalyst [m3/

mol]
KH2O/H2 Adsorption group of H2O/H2 on methanol synthesis cata-

lyst [bar−1/2]
KLDF Linear driving force coefficient [s−1]
KΦ Product of fugacity coefficients [-]
Lt Tube length [m]
MWi Molar weight of species i [kg/mol]
NC Number of components [-]
Ncat Number of catalyst phases [-]
NR Number of reactions [-]
Nu Nusselt number [-]
P Pressure [Pa]
Pr Prandtl number [-]
q Adsorbent water load [mol/kg]
qsat Adsorbent saturation water load [mol/kg]
R Reactor radial coordinate [m]
rp Pellet radius [m]
rpore Pore radius [m]
R Gas universal constant [J/mol/K]
Rj Rate of reaction j [mol/kg/s]
Re Reynolds number [-]
Sp Geometric pellet surface area [m2]
Sc Schmidt number [-]
Sh Sherwood number [-]

t Time [s]
T Temperature [K]
Tcool Coolant temperature [K]
vgas Gas velocity [m/s]
Vp Pellet volume [m3]
Vt Reactor volume [m3]
x Pellet radial coordinate [m]
yi Molar fraction of species i [-]
YCDME Normalized dimethyl ether outlet carbon flow rate [-]
YDME Dimethyl ether carbon yield [-]
z Reactor axial coordinate [m]

Greek letters

ΔHads Heat of adsorption [J/mol]
ΔHr,j Heat of reaction j [J/mol]
εb Bed void fraction [-]
εp Particle porosity [-]
ηj Catalyst effectiveness factor of reaction j [-]
λax Effective axial thermal conductivity [W/m/K]
λrad Effective radial thermal conductivity [W/m/K]
λgas Gas mixture thermal conductivity [W/m/K]
λs Solid thermal conductivity [W/m/K]
νij Stoichiometric coefficient of species i in reaction j [-]
ξads Volumetric fraction of adsorbent [-]
ξcat Volumetric fraction of catalyst [-]
ξk Volumetric fraction of catalyst phase k [-]
ρ Density [kg/m3]
σreact Extent of reaction [mol]
τ Tortuosity [-]
υi Diffusional volume of species i [cm3/mol]
Φi Fugacity coefficient of species i [-]

Superscripts and subscripts

0 Reactor inlet condition
ads Adsorbent phase
ae Effective axial
av Average
ax Axial
b Bed
cat Catalyst phase
cool Coolant
eff Effective
end End of reaction/adsorption step
gas Gas phase
i i-species (i =CO, CO2, H2, H2O, MeOH, DME, N2)
int Intraparticle
j j-reaction
k k-catalyst phase (k=MeOH, DME)
p Pellet
pa Spherical particle with equal surface area
pe Equivalent spherical particle
pv Spherical particle with equal volume
rad Radial
re Effective radial
s Referred to the solid phase
t Referred to the tube
tot Total
w Referred to the tube wall
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1. Introduction

Dimethyl ether (DME) is an environmentally-friendly chemical (not
toxic, not cancerogenic and not ozone-depleting) commonly used as
propellant, that is also accounted as a promising alternative fuel with
many possible applications: clean diesel for compression-ignition en-
gines, substitute for LPG, fuel for power generation in turbines and
hydrogen storage for fuel cells [1–6]. Currently, DME is industrially
obtained from syngas (CO, CO2 and H2 mixture) through a consecutive
two steps catalytic process: the methanol synthesis, that uses Cu/ZnO/
Al2O3 (CZA) catalyst [7], followed by the methanol dehydration, per-
formed with acid catalysts like γ-alumina, zeolites or silicoalumino-
phosphates (SAPO) [8]. This process is known as DME indirect synth-
esis. Another possible synthesis route is the DME direct synthesis, that
consists of the integration of methanol synthesis and dehydration re-
actions in a single reactor by simply mixing pellets providing the two
catalytic functions [9] or by coupling them in a single hybrid/bifunc-
tional catalyst [9,10]. The direct process can be represented by four
reactions: the methanol synthesis from CO (1), the water gas shift (2),
the methanol synthesis from CO2 (3) and the methanol dehydration to
DME (4).

+ ↔ = −HCO 2H CH OH Δ 90.5kJ/molr2 3
0 (1)

+ ↔ + = −HCO H O CO H Δ 41.1kJ/molr2 2 2
0 (2)

+ ↔ + = −HCO 3H CH OH H O Δ 49.4kJ/molr2 2 3 2
0 (3)

↔ + = −H2CH OH CH OCH H O Δ 23.0kJ/molr3 3 3 2
0 (4)

The advantage of coupling methanol synthesis with dehydration in a
single reactor is given by the thermodynamic synergy between the two
processes, which enhances the equilibrium conversion of reactants
[11]. However, in case of a CO rich syngas, CO2 becomes an undesired
by-product, due to the WGS equilibrium shift [12,13]. Instead, in case
of a CO2 rich feed gas, obtained for example from biomass gasification
[14], the synergy progressively fades away as a consequence of the
large water production that makes the thermodynamic limitations more
stringent [13,15]. Moreover, the large amount of water produced in
presence of CO2 hinders the catalytic activity of methanol synthesis
catalyst [11,16] and reversibly deactivates the dehydration catalyst
[17].

In-situ removal of water is a possible solution to these issues [18],
allowing to overcome the thermodynamic limitations, reducing the
outlet content of CO2 and preventing catalyst deactivation by water. In
principle steam separation enhanced DME synthesis can be obtained
using selective membranes [19] or in-situ adsorption [18,20,21]. The
membrane separation has the advantage to work at steady-state, while
a cyclic regeneration of the adsorbent material is required in reactive
adsorption. This second solution is anyway more suitable, since low
water partial pressure must be reached in the reactor for a substantial
enhancement of the DME synthesis process and water removal in
membranes is effective only with a consistent partial pressure gradient
(indicatively > 1 bar) [18].

The so called Sorption Enhanced DME Synthesis (SEDMES) com-
prises the coupling the DME synthesis catalyst (e.g a physical mixture of
methanol synthesis and dehydration catalyst or hybrid catalyst) with an
adsorbent material with high capacity and selectivity to water ad-
sorption, e.g. LTA zeolites 4A and 3A [22–24]. Despite the potential of
steam sorption enhancement has been proved theoretically and ex-
perimentally since many years in other water producing equilibrium
limited processes like the reverse water gas shift (rWGS) [25], the
methanation [26,27] and methanol synthesis [28,29], there is not an
extensive literature specifically on SEDMES. A first experimental in-
vestigation on the liquid-phase SEDMES has been performed by Kim
et al. [30]. Without considering the adsorbent regeneration they ob-
served an effective, but relatively short, enhancement given by the

water adsorption. Iliuta et al. [20] theoretically showed the potential of
the SEDMES on industrial scale, using an isothermal 1D model of the
reactor gas phase coupled with a 1D model of the solid pellets in order
to analyze the effect of the composition compared to a conventional
process. Recently, van Kampen et al. [18] have shown experimentally
that high reactants conversion and carbon selectivity to DME can be
obtained with sorption enhancement independently from the feed CO/
CO2 ratio. In a following work, van Kampen et al. [21] have analyzed
the SEDMES cycle with a 1D heterogeneous model, validated with ex-
perimental data, addressing the effects on the process performances of
different operating conditions (temperature, pressure, space velocity,
adsorbent/catalyst ratio) and pointing out the critical role of the re-
generation method: Temperature Swing Adsorption, Pressure Swing
Adsorption, Temperature-Pressure Swing Adsorption (TSA, PSA, TPSA).
Moreover, the importance of heat management has been pointed out,
showing that a strong loss in DME yield is observed when operating
under adiabatic conditions instead of isothermal ones, due to the loss of
adsorption capacity at increasing temperatures [21].

Accordingly, temperature control is a relevant issue in SEDMES,
which in addition to high exothermicity of DME direct synthesis should
cope with exothermic water adsorption. Indeed lack of heat manage-
ment, in addition to cause unfavorable thermodynamic conditions
[21,23], may result in catalyst deactivation [16,31].

In this work a mathematical model of the reaction/adsorption step
in a single tube of a multitubular reactor is developed aiming at the
analysis of the thermal behavior as a key factor for the rational design
of an industrial scale SEDMES reactor. The model provides a detailed
description of temperature profiles by solving 2D dynamic mass and
enthalpy balances of a single tube reactor coupled with 1D pseudo-
stationary model of the catalyst pellets, accounting for the intraparticle
diffusion limitations. The model, implemented in gPROMS® for the
numerical solution, is validated with experimental data of the time
evolution of outlet gas composition and axial temperature profile col-
lected in a bench scale unit. Then it is used for the analysis of the
thermal behavior of an industrial scale reactor, focusing on the dynamic
of the reaction/adsorption step, which is the most demanding cycle step
from a temperature control perspective. The effects of different feed
CO/CO2 ratios and tube diameters are addressed.

2. Methodology

2.1. SEDMES reactor model

A heterogeneous two-dimensional dynamic model of a single tube of
an externally cooled multi tubular fixed bed reactor has been devel-
oped. The model describes the time evolution of concentration and
temperature radial and axial profiles of the adsorption/reaction step of
a SEDMES cycle. The model includes 2D total mass balance for gas
phase, 2D i-species mass (i =CO, CO2, H2, H2O, CH3OH, DME, N2) and
energy balances for the gas-phase, catalyst and adsorbent solid phases.
Two separate k-catalyst phases, methanol catalyst (MeOH) and di-
methyl ether synthesis catalyst (DME), are considered. The intraparticle
diffusion limitations in the catalyst particles are accounted coupling the
dynamic reactor model with pseudo-stationary 1D mass balances of i-
species in isothermal catalyst pellets. The pressure drops in the reactor,
evaluated with a 1D momentum balance, are negligible in the in-
vestigated range of operating condition. Therefore, isobaric conditions
are taken in the simulations. The physical and chemical properties
(molecular weight, specific heat, density, viscosity and thermal con-
ductivity) of the reacting mixture are calculated using the gPROMS®
Multiflash 4.3 utility tool, while diffusivities, mass and heat transport
coefficients are calculated with literature correlations (see
Supplementary materials - Section S1).

2.1.1. 2D dynamic mass balances
The total mass balance for the gas phase (eq. (5)), expressed in
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molar form, consists of four terms: molar capacity, axial convection,
mass exchange between gas and k-catalyst phases, mass exchange be-
tween the gas and the adsorbent phase.

∑ ∑

∑

∂
∂

= −
∂

∂
+ − +

−

ε
C

t
C v

z
a k C C a

k C C

( )
( )

( )

b
gas tot

gas tot gas

k

N

i

N

v cat m cat i cat i gas i v ads

i

N

m ads i ads i gas i

,

,
, , , , , ,

, , , ,

cat C

k k k

C

(5)

The solid surface area per unit volume (eq. (6)) depends on the solid
phase considered (catalyst or adsorbent) and it is weighted with the
volumetric fraction per unit volume ξ related to the specific solid phase
(ξads+ ξcat = 1). The ξk refers to the MeOH or the DME catalyst
(ξMeOH+ ξDME=1). This scheme is applied to all the balance equations
next.

= −a ε ξ S V(1 ) /v ads b ads p p, ads ads

= − =a ε ξ ξ S V(1 ) / k MeOH, DMEv cat b cat k p cat p cat, , ,k k k (6)

The i-species gas phase molar balances (eq. (7)) consist of six terms:
molar capacity; axial convection; radial and axial molar dispersion;
mass transfer between the gas and k-catalyst phases and between the
gas and the adsorbent phase.

∑

⎜ ⎟

∂
∂

= −
∂

∂
+ ⎛

⎝

∂
∂

+
∂

∂
⎞
⎠

+

∂
∂
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−

ε
C

t
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z
D
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D
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z

a k C C a k

C C

( ) 1
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( )

b
gas i
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ae i

gas i
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N

v cat m cat i cat i gas i v ads m ads i

ads i gas i

,

,
,

2
,

2
,

,

2
,

2 , , , , , , , ,

, ,

cat

k k k

(7)

The i-species molar balances for the catalyst phase (eq. (8)) consist
of three terms: molar capacity; mass transfer between the gas and
catalyst phase; reaction consumption/production. Two separate mass
balances, one for each k-catalyst phase, are required.

∑

−
∂

∂

= − + −

ε ξ ξ ε
C

t

a k C C ε ξ ξ ρ ν R

(1 )

( ) (1 )

b cat k p cat
cat i

v cat m cat i gas i cat i b cat k cat
j

N

ij j k
av

,
,

, , , , , ,

k
k

k k k k

R

(8)

Assuming ideal selectivity of the adsorbent, the balances for all the
i-species except H2O (eq. (9)) only consider the gas phase within the
adsorbent pores and includes the molar capacity term and mass transfer
between the external fluid and adsorbent phase.

−
∂

∂
= − ≠ε ξ ε

C
t

a k C C i H O(1 ) ( )b ads p
ads i

v ads m ads i gas i ads i
,

, , , , , 2 (9)

In the case of the H2O the molar balance (eq. (10)) also includes the
adsorption term.

−
∂

∂

= − − −
∂
∂

ε ξ ε
C

t

a k C C ε ξ ρ
q
t

(1 )

( ) (1 )

b ads p ads
ads H O

v ads m ads H O gas H O ads H O b ads ads

,
,

, , , , ,

2

2 2 2 (10)

The adsorbed H2O build up is estimated using the Linear Driving
Force (LDF) approximation (eq. (11)), which also accounts for the in-
ternal mass transfer resistances:

∂
∂

= −
q
t

K q q( )LDF sat (11)

The Danckwerts boundary conditions (eq. (12)) are imposed at the
reactor inlet and outlet, along with symmetry and impermeability

condition for the radial coordinate.

⎧

⎨

⎪
⎪

⎩

⎪
⎪

= =

= =

= − =

= =

∂
∂

∂
∂

F C v z

F C v z

C C z

z L

0

0

0

0

gas i gas i gas

gas tot gas tot gas

gas i gas i
D
v

C
z

C
z t

, ,
0 0

, ,
0 0

,
0

,
ae i

gas

gas i

gas i

, ,

,

∂
∂

= =
C

r
r0 0gas i,

∂
∂

= =
C

r
r d0 /2gas i

t
,

(12)

2.1.2. 2D dynamic energy balances
The energy balance of the gas phase (eq. (13)) consists of six terms:

gas thermal capacity; axial thermal convection; radial and axial heat
dispersion; heat transfer between the gas and the k-catalyst phases and
heat exchange between the gas and adsorbent phase.

∑

⎜ ⎟

∂
∂

= −
∂

∂
+ ⎛

⎝

∂
∂

+
∂

∂
⎞
⎠

+

∂
∂

+ − + −

ε ρ C
T

t

ρ v C
T

z
λ

T
r r

T
r

λ

T
z

a h T T a h T T

1

( ) ( )

b gas p gas
gas

gas gas p gas
gas

rad
gas gas

ax

gas

k

N

v cat gs cat cat gas v ads gs ads ads gas

,

,

2

2

2

2 , , , ,

cat

k k k

(13)

The k-catalyst energy balance (eq. (14)) consists of three terms:
catalyst thermal capacity; heat exchange between the gas and k-catalyst
phase; enthalpy release by the reactions.

∑

−
∂

∂

= − + − −

ε ξ ξ ρ C
T

t

a h T T ε ξ ξ ρ H R

(1 )

( ) (1 ) Δ

b cat k cat p cat
cat

v cat gs cat cat gas b cat k cat
j

N

r j j k
av

,

, , , ,

k k
k

k k k k

R

(14)

The adsorbent energy balance (eq. (15)) consists of three terms: heat
capacity; heat exchange between the gas and adsorbent phase; enthalpy
release by the water adsorption.

− ∂
∂

= − + −
∂
∂

−

ε ξ ρ C T
t

a h T T ε ξ ρ
q
t

H

(1 )

( ) (1 ) ( Δ )

b ads ads p ads
ads

v ads gs ads ads gas b ads ads ads

,

, , (15)

Danckwerts boundary conditions are used at reactor inlet and
outlet, while symmetry condition and heat flux continuity at the wall
are imposed on radial boundaries (Eq. (16)).

⎧

⎨
⎪

⎩⎪

= − =

= =

∂
∂

∂
∂

T T z

z L

0

0

gas gas
λ

v ρ C
T

z

T
z t

0 ax
gas gas p gas

gas

gas

,

∂
∂

= =
T

r
r0 0gas

∂
∂

= − =λ
T

r
h T T r d( ) /2rad

gas

w
cool gas t (16)

2.1.3. 1D pseudo-stationary pellet mass balances
The i-species mass balances for the catalyst pellets are used to

evaluate the effect of intraparticle diffusion limitations which have
been reported to play a key role in DME synthesis process [32]. As-
suming isothermal pellet and the pseudo-stationary conditions, the i-
species mass balances (eq. (17)) consist of two terms accounting for the
diffusion/reaction process. Two separate balances, one for each k-
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catalyst, are needed.

∑⎜ ⎟
∂

∂
⎛
⎝

∂
∂

⎞
⎠

+ =
x x

x D ρ
C

x
ρ ν R1 0eff i gas

cat
cat k

j

N

ij j k2
2

, , ,
k int i

R
, ,

(17)

The boundary conditions for the catalyst pellets (eq. (18)) are the
symmetry condition at the particle center and imposed concentration,
coherent with the solid catalyst phase mass balance (eq. (8)), at the
particle external surface.

∂
∂

= =
C

x
x0 0cat i,int

= =C C x d /2cat i cat i p, ,int (18)

The average reaction rates used in the balance equation are ob-
tained by integrating the reaction rate profile inside the pellets (eq.
(19)).

∫
=R

R x dx
r

3
j k
av

r
j k

p
,

0 ,
2

3

p

(19)

2.2. Transport correlations, physical properties, reaction kinetic scheme and
adsorption isotherm

The correlations used for heat and mass transport coefficients and
mixture physical properties are reported in the Supplementary materials -
Section S1. The correlations and parameters used are taken from the
literature references [33–43].

The kinetic model used in the SEDMES reactor is a combination of
the model proposed by Graaf et al. [44] for the methanol synthesis and
the model of Ng et al. [45] for the methanol dehydration. The model
considers the methanol synthesis from CO, the rWGS, the methanol
synthesis from CO2 and the methanol dehydration to DME with rate
equations (20–23). Kinetic, adsorption and equilibrium constants, taken
from ref. [44–47], are reported in Supplementary materials - Section S2.
The fugacity coefficients used in the kinetics are calculated using the
gPROMS® Multiflash 4.3 utility tool, which implements the Redlich-
Kwong-Soave (RKS) equation of state. The products of fugacity coeffi-
cients ( = ∏K Φj i i

ν
Φ,

ij) vary between 0.82 and 0.95 for the methanol
synthesis reactions (R1 and R3), between 0.95 and 0.98 for the rWGS
(R2) and is very close to 1 for the methanol dehydration to DME (R4).

=
−

+ + +
R k

K f f f f K

K f K f f K f

( /( ))

(1 )( )
CO CO H CH OH H eq

CO CO CO CO H H O H H O
1 1

3/2 1/2
,1

1/2
/

2 3 2

2 2 2 2 2 2 (20)

=
−

+ + +
R k

K f f f f K

K f K f f K f

( / )

(1 )( )
CO CO H H O CO eq

CO CO CO CO H H O H H O
2 2

,2
1/2

/

2 2 2 2

2 2 2 2 2 2 (21)

=
−

+ + +
R k

K f f f f f K

K f K f f K f

( /( ))

(1 )( )
CO CO H CH OH H O H eq

CO CO CO CO H H O H H O
3 3

3/2 3/2
,3

1/2
/

2 2 2 3 2 2

2 2 2 2 2 2 (22)

=
−

+ +
R k

K C C C C K

K C K C

(1 /( ))

(1 2 )
CH OH CH OH H O CH OCH CH OH eq

CH OH CH OH H O H O
4 4

2 2 2
,4

4

3 3 2 3 3 3

3 3 2 2 (23)

The catalysts are homogeneously mixed with LTA zeolite 3A ad-
sorbent. Water is considered as the only adsorbed component, due to
the high affinity of the zeolite adsorbent. Gabruś et al. (2015) derived a
Langmuir-Freundlich isotherm model for LTA zeolite 3A from adsorp-
tion equilibrium data at elevated temperatures (up to 250 °C) [23]. The
adsorption model equations along with the corresponding parameters
are reported in Supplementary materials - Section S3.

2.3. Numerical solution scheme

The mathematical SEDMES reactor model is implemented in
gPROMS® software for the dynamic simulation. The standard solver

‘DASOLV’ for differential–algebraic equations systems based on implicit
Backward Differentiation Formula (BDF) with variable time step and
variable order is used for time integration. The integration time step of
BDF changes in accordance with a maximum local error criterion im-
plemented in gPROMS®. The BDF integration order is also auto-
matically adjusted by the software algorithm varying from the first
order (corresponding to an implicit Euler) to the fourth order. A first
order Backward Finite Difference Method (BFDM) is used for the dis-
cretization of the axial reactor coordinate, instead, third order
Orthogonal Collocations on Finite Elements Method (OCFEM) are used
for the radial and the pellet coordinates. 60 discretization points are
used along the axial coordinate in an equi-spaced grid, 2 finite elements
for the radial coordinate and 2 for the pellet coordinate are used. The
adequacy of the discretization grid was checked by a convergence
analysis. The reporting time interval is 10 s.

3. Results and discussion

3.1. Model validation

The reactor model is validated by comparison with the experimental
dynamic behavior during the adsorption/reaction step of a bench scale
SEDMES tubular reactor (2m length, 3.8 cm internal diameter) oper-
ated at the TNO test facilities in Petten. The reactor is loaded with a
physical mixture of three different materials: cylindrical LTA zeolite 3A
adsorbent, spherical CZA methanol synthesis and γ-alumina methanol
dehydration catalysts. A sorbent to catalyst weight ratio of 4/1 and a
MeOH to DME catalyst weight ratio of 1/1 are adopted. The physical
properties of the solid phases (catalysts and sorbent) are reported in
Table 1 [21,24,38,43,48]. Solid thermal conductivity is evaluated as a
volume average of the properties of catalysts and sorbent phases. The
geometrical parameters and operating conditions used as input (bench
scale) in the simulation are reported in Table 2. The wall temperature,
equal to the inlet temperature, is monitored over the length of the re-
actor and maintained at 525 K by electrical heating of the external
metallic mass surrounding the reactor tube which guarantees a uniform
(within∼ 2 K) external wall temperature. The reactor has been fed at a
pressure of 25 bar, with GHSV=100 h−1 (referred to the total bed
volume, which corresponds to 575 h−1 referred to the catalyst volume)
and a feed composition (Table 3) with a ratio CO/CO2=0.5, a stoi-
chiometric module M=(H2-CO2)/(CO+CO2)= 2 and an inert N2

content of 6.3%. At time zero the reactor is filled by a N2 purge gas. The
adsorption/reaction step lasts 2700 s.

Experiments in the SEDMES unit are performed under cyclic con-
ditions, in which the adsorbent material is periodically regenerated
removing the water from the adsorbent by PSA reducing the pressure to
1.5 bar and performing a countercurrent (with respect to the syngas
feed) purge with inert gas. The initial water load after regeneration in
the adsorbent material q0 [molH2O/kgads] is not zero since the water is
only partially removed: a fraction of the water adsorbed is still present
in the zeolite and its amount at each reactor axial position must be
evaluated. Therefore, the water loading profile at time zero is evaluated
simulating a 4200 s countercurrent N2 purge at 1.5 bar, GHSV 133 h−1,
wall temperature of 525 K, in line with the experimental regeneration

Table 1
Physical properties of solid phases.

Parameter Value Unit

ρMeOH 1712 [kg/m3]
ρDME 1285 [kg/m3]
ρads 1200 [kg/m3]
Cp,s 960 [J/kg/K]

λs 0.22 [W/m/K]
ΔHads −45.95 [J/molH2O]
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conditions.
The experimental data considered for comparison with model re-

sults are measured after an initial series of reaction-regeneration cycles
in which the catalyst activity has levelled out, reaching stable condi-
tions and showing a not significant deactivation. Standard mean de-
viations of experimental outlet molar fractions, evaluated from 5 sub-
sequent cycles after stabilization, are 0.53% CO, 0.25% CO2, 1.08%
DME, 0.07% methanol.

The experimental outlet molar fraction of carbon containing species
(CO, CO2, CH3OH and DME) and the centerline temperature profile
along the axial coordinate are used in the model validation.
Experimental outlet molar composition is sampled with a time resolu-
tion of 294 s, while the temperatures are registered every 10 s, with
seven equi-spaced thermocouples positioned between the reactor inlet
and outlet. In this work only the measurements of the five internal
thermocouples are considered since extremity effects not accounted by
the model could markedly affect the closest temperatures to the inlet
and outlet sections.

Multiplicative activity factors of the reaction rates are introduced in
the literature equations (20–22) of methanol synthesis to grant a sa-
tisfactory model description of the bench scale experimental data. A
reasonable match is obtained with an activity factors equal to 5 for the
methanol synthesis reactions from CO and from CO2 (rate equations
(20) and (22)) and 7.5 for the rWGS reaction (rate equation (21)).
Notably, activity factors higher than one have been reported for modern
CZA catalysts for standard methanol synthesis [48]. This is likely as-
sociated with the progressive optimization of commercial catalyst for-
mulations along the years. Besides it is expected that the specific
SEDMES operating conditions, i.e. the very low concentration of water
associated with the in-situ adsorption [18], could prevent the detri-
mental effect of H2O on catalyst stability [11,16], being responsible for
a further increase of the standard reaction rates.

The comparison of model predictions with experimental outlet
composition is reported in Fig. 1. At time zero the inlet feed to the
reactor, which is full of inert purge gas, is step switched to the reacting
mixture. For the first 8 min the composition at the reactor outlet does
not change, then DME, mainly, and other products/reactants appear.
The experimental breakthrough time of about 8min due to the initial
displacement of inert purge gas by reactants and products (including
molar contraction associated with DME production) is well captured by

the model. After the breakthrough DME is the most abundant species at
the outlet, with an experimental trend well matched by the model
showing a molar fraction peak of about 37% at about 1050 s. Then, the
concentration of DME continuously decreases with time due to the
progressive water hold up of the zeolite adsorbent. On the other hand,
methanol outlet concentration, as correctly described by the model, is
very low (below 1.5%) due to a combination of kinetic and thermo-
dynamic factors associated with in-situ water removal, so the carbon
selectivity to DME remains above 95%. After the breakthrough, con-
sistently with the decrease in DME, both CO and CO2 outlet con-
centrations continuously increase with time but with quite different
dynamics. CO outlet molar fraction shows an initial increase with an
almost asymptotic trend around 12%, while CO2 concentration, which
keeps very low due to the thermodynamic effect of H2O removal on
rWGS equilibrium, is concave upward, indicating that steady state is
not approached yet at the end of 2700 s adsorption/reaction step herein
considered. Both these trends are qualitatively captured by the model,
although some deviations from the experimental data are observed just
after the breakthrough.

Simulation results also provide information about the way the re-
action wave propagates through the catalyst bed of the SEDMES re-
actor, as shown in Fig. 2a by the time profiles of the DME specific flow
rate at six different axial positions. All the profiles exhibit a similar
trend: the flow rate of DME increases progressively when the reactants/
products front reaches each position, raises to a maximum just after the
local breakthrough and then decreases due to progressive increase of
the local water loading on the zeolite material (Fig. 2b). Expectedly the
maximum DME concentration becomes higher on moving along the
axial coordinate due to the increasing extent of the synthesis reactions.
The time lag of the DME breakthrough increases more than linearly
with the distance from the reactor inlet. This is due to the strong molar
contraction in the gas phase associated with the stoichiometries of DME
production combined with in-situ water adsorption, which markedly
decreases the volumetric flow rate along the reactor, making the purge
gas displacement progressively slower.

The other key variable considered in the model validation is the
time evolution of the gas centerline temperature. In Fig. 3 the experi-
mental trajectories of centerline temperature in five axial locations are
compared with the corresponding model predictions. Experimental data
and simulation results show that the onset of temperature raising in the
different location is coherent with the propagation of the reaction wave
described in Fig. 2a. Upon being reached by the reaction front, the local

Table 2
Geometrical parameters and operating conditions of the reactor tube.

Variable Bench scale Full scale Unit

Lt 2 6 [m]
dt 3.8 · 10-2 3.8 · 10-2 [m]
dp,MeOHcat 2.4 · 10-3 3 · 10-3 [m]

dp,DMEcat 3.5 · 10-3 3 · 10-3 [m]

dpe,ads 3.2 · 10-3 3.2 · 10-3 [m]

ρbed 800 800 [kg/m3]
Adsorbent/Catalystratio 4/1 4/1 [w/w]
MeOH/DMEcatalystratio 1/1 1/1 [w/w]

Tg
0 525 523 [K]

Tcool 525 523 [K]
P0 25 25 [bar]
GHSV 100 140 [h−1]

Table 3
Inlet feed composition in model validation.

Compound Molar fraction [%]

CO 8.5
CO2 17.0
H2 68.2
N2 6.3
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Fig. 1. Time evolution of outlet molar fraction experimental (■) vs. model
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thermal dynamics is mainly governed by: i) heat release by exothermic
reaction/adsorption process; ii) axial and radial heat transfer by con-
vection and conduction; iii) heat capacity of the solid phases. The
comparison of calculated profiles in Fig. 2a and Fig. 3 evidences that
the maxima in the DME production wave correspond to the inflection
point of temperature trajectories, the maximum temperature being
reached after a significant time lag due to the dampening role of solid
heat capacity. Simulation results match the experimental data reason-
ably well, particularly after the local maximum is reached, with the
exception of the profile at 0.66m (Fig. 3), which however is clearly an
outlier as evidenced by internal comparison with the other experi-
mental trajectories. Concerning detailed dynamic features, the experi-
mental trajectories show steeper fronts than the calculated ones. A
parameter sensitivity analysis shows that a better match can be ob-
tained dividing the solid heat capacity by a factor of 3. However, a Cp

value of∼ 300 J/kg/K looks physically unrealistic for the considered
solid materials. Besides, an increasing lag of the experimental tem-
perature wave from the calculated one is observed moving from the
inlet to the outlet of the reactor.

Nevertheless, the model is able to capture the catalyst temperature
stress observed in the experiments, which is a key parameter in reactor
design. The model can indeed describe the time evolution of tempera-
ture axial profiles as shown in Fig. 4a (reported with Δt = 300 s) that
can be used to evaluate the envelope of the maximum temperatures
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which is compared in Fig. 4b with the maximum values of temperature
measured at the different axial locations during the adsorption/reaction
step. The model predictions are well aligned with the experimental
points, except for the outlier at 0.66m, particularly in the first hotter
part of the bed. It is worth noting that the deviations observed in the
second half of the bed can be partly due to the not perfectly isothermal
profile of the tube wall, which is slightly cooler in the downstream
section as evidenced by the slight misalignment (2–3 °C) of the calcu-
lated from the experimental profiles before the breakthrough (Fig. 3).

The highest thermal stresses occurring close to the inlet section are
related to the higher reaction (and adsorption) rates in the presence of
the fresh reactants. Indeed, the envelope of local maximum tempera-
tures resembles that of maximum reaction/adsorption heat release re-
ported in Fig. 5. Inspection of Fig. 5 also shows that the contributions to
the total enthalpy release from the catalytic reactions and H2O ad-
sorption are almost equivalent, which is consistent with the similar
contributions to enthalpy release in DME formation from CO2 asso-
ciated with the reaction (ΔHreact = -122 kJ/molDME) and the adsorption
(ΔHads= -138 kJ/molDME, i.e. ΔHads= -46 kJ/molH2O) terms. Besides it
is also evident the shoulder of the envelope of local maximum tem-
peratures in the second half of the bed observed in Fig. 4 is associated
with a similar trend of the H2O adsorption contribution, which is likely
due to the initial H2O load profile of the sorbent, linearly increasing
from the outlet to the inlet of the bed in the reaction/adsorption phase.

3.2. Industrial scale reactor analysis and design

The validated model is used for a parametric analysis of an ex-
ternally cooled industrial scale SEDMES multitubular reactor (6 m
length and 38mm diameter tubes). The operating conditions and the
reactor and catalyst parameters (full scale) are reported in Table 2. The
reactor operates at 25 bar, 523 K as gas inlet and wall temperature,
GHSV 140 h−1. These input parameters are chosen according to the
optimal operating conditions discussed in a previous paper of some of
the authors [21], which addresses the cycle design by means of a 1D
reactor model simulating the full SEDMES cycle. Specifically, tem-
perature is chosen as a trade-off between kinetics and thermodynamics,
pressure as a trade-off between thermodynamics and unsteady state
operation costs and complexity, the space velocity is selected instead as
a kinetic trade-off between the DME yield and productivity.

The reactor is loaded with a physical mixture of LTA adsorbent, CZA
and γ-alumina catalysts. An adsorbent to catalyst ratio of 4:1 by weight
is taken considering that the amount of adsorbent should guarantee
effective water removal while keeping the amount of catalyst high
enough to not kinetically limit the process [21]. A CZA to γ-alumina
ratio of 1:1 by weight is taken as in model validation tests. Noteworthy,
considering the different density of the solids involved and the overall
GHSV used (140 h−1), this corresponds to GHSV referred to the CZA
catalyst volume of 1880 h−1. A similar GHSV of 2000 h−1 is reported to
be the optimum for DME productivity in the conventional direct
synthesis process with a mechanical mixture of CZA/γ-alumina [49],
while, for a standard methanol synthesis reactor in a recycle loop [48],
the GHSV is about 8000 h−1 (2000 h−1 when referred to the fresh feed
flow rate assuming a recycle ratio around 3).

Concerning the cycle time, based on the 3-column design proposed
in [21] a reaction/adsorption time, t= 3600 s has been set, followed by
a 7200 s regeneration including blowdown, purge and repressurization.
These values allow an effective control of water partial pressure at the
reactor outlet during the adsorption/reaction step and an almost com-
plete desorption of water from the zeolite during regeneration. Initial
temperature and concentrations in the reactor, including the water load
profile at time zero q0 are evaluated simulating 5400 s of purging with
an inert N2 stream at 1.5 bar, GHSV=250 h−1, and wall temperature
of 523 K.

3.2.1. CO/CO2 ratio effects
The effect of CO/CO2 ratio is explored considering three cases

(Table 4): a CO2 rich condition with a CO/CO2 ratio equal to 0.5 (the
same used in model validation), an intermediate condition with equi-
molar CO and CO2 content, that is typical of a syngas obtained from
biomass gasification [14] and a CO rich conditions with a CO/CO2 ratio
equal to 2. The stoichiometric module M is taken equal to 2 which is the
ideal value for SEDMES operation [21]. The same fraction of inert used
in the model validation section is adopted.

Temporal profiles of the outlet flowrate of CO, CO2 and overall COx,
normalized with respect to the corresponding inlet flow, are shown in
Fig. 6. The COx flow rates are zero in the first part of the reaction/
adsorption step until the breakthrough of the reactants/products stream
front has replaced the initial inert gas used as starting condition
(Fig. 6a). After the breakthrough the normalized outlet flow rate of CO
is almost constant but its level changes significantly with the CO/CO2

ratio: it decreases from about 50% with CO2 rich feed to about 20%
with CO rich feed. In SEDMES indeed, the water adsorption shifts the
rWGS equilibrium, partially converting CO2 to CO, resulting in a lower
apparent CO conversion when using a CO2 rich feed. The situation is the
opposite for the CO2 normalized outlet flow, that slightly increases with
the CO2 feed content, and grows monotonously with time, coherently
with the progressive H2O hold up on the adsorbent material.

Noteworthy, the resulting overall COx profiles (Fig. 6b) are poorly
sensitive on feed compositions in the first part of the reaction/adsorp-
tion phase, while faster hold up of the sorbent due to the higher gen-
eration of water results in a steeper increase of normalized COx flow
rate with time in the presence of CO2 rich feed. This can be explained
on the basis of the overall process stoichiometries, considering CO or
CO2 as carbon source, reported in equation (24) and (25), respectively.

+ ↔ + ↓ = −H2CO 4H CH OCH H O Δ 250.0kJ/molads r2 3 3 2
0 (24)

+ ↔ + ↓ = −H2CO 6H CH OCH 3H O Δ 259.7kJ/molads r2 2 3 3 2
0 (25)

The moles of water produced per mole of DME starting from CO2 are
three times higher than those produced using CO as carbon source.
Consequently, the water loading in the adsorbent material is larger in
CO2 rich case as shown in Fig. 7. The amount of adsorbed water in-
creases significantly when passing from a CO/CO2 ratio 2 to 0.5.
However, the water loading profiles after 3600 s have the same shape in
all the three cases in analysis: there is a maximum at around 1m from
the reactor inlet and the loading decreases while moving along the axial
coordinate, in accordance to the progression of the reaction/adsorption
front. This means that for CO2 rich syngas feed (e.g. those obtained
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from biomass [14]) reactors with a larger adsorbent/catalyst ratio or
with more frequent regeneration steps must be employed in order to
guarantee an effective in-situ water removal. This is mainly addressed
by cycle design and its optimization [21].

The time evolution of the outlet specific flowrate of the reaction
products (DME, methanol and water) is reported in Fig. 8: the DME
profiles are shown in Fig. 8a, while the methanol and water profiles are
shown in Fig. 8b. As expected, the shape of DME flowrate profiles is
similar to that observed in the validation testing (Fig. 2a). The outlet
flowrate of DME steeply increases just after the breakthrough, reaches a
maximum between 600 and 700 s, and then slowly decreases due to the

Table 4
Inlet feed composition in industrial scale reactor analysis.

Compound CO2 rich Intermediate CO rich Unit

CO 8.5 13.4 18.7 [%]
CO2 17 13.4 9.4 [%]
H2 68.2 66.9 65.6 [%]
N2 6.3 6.3 6.3 [%]
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progressive H2O hold up on the adsorbent material. The production of
DME slightly increases with the CO content in the feed, in all the time
range after the breakthrough. The carbon selectivity to DME is parti-
cularly high, the outlet flow rate of methanol being almost two order of
magnitude smaller than the DME one.

The methanol flowrate is very similar for all the CO/CO2 ratios, and
its onset is related to the progressive hold up of the sorbent and the
consequent increase of water outlet concentration (Fig. 8b), which
progressively shifts back the Methanol/DME dehydration equilibrium.
It is worth noticing that, in the case of CO rich feed, the higher pro-
duction of DME is partly due to the larger amount of carbon fed to the
system, since the stoichiometric module M has been maintained equal
to 2 in all the simulations.

In order to better assess the efficiency of SEDMES to convert carbon
to DME, the DME flowrate profiles have been normalized with respect
to the effective carbon content in the feed. Accordingly, the parameter

→
∗FC DME has been defined as reported in equation (26).

=
+→

∗F
F

F F
2

( )C DME
DME

CO CO in

out

2 (26)

The profiles in Fig. 9 show clearly that, in SEDMES, the efficiency in
the conversion of carbon to DME is almost independent on the CO/CO2

feed ratio, as already reported in previous studies of some of the authors
[18,21]. This is consistent with the evidence that COx conversion is the
same for any CO/CO2 ratio and that the selectivity to DME is always
extremely high (the maximum methanol selectivity calculated in the
simulations below 4%). The →

∗FC DME profiles obtained for different CO/
CO2 feed ratios show slight differences only in the last part of the re-
action/adsorption step due to the already mentioned faster water pro-
duction in CO2 rich case and the consequent increase of water content
in the reaction environment.

Notably, in SEDMES, the DME carbon yield cannot be calculated as
in a conventional steady state process and should be evaluated as the
time integral of inlet and outlet flows along the full SEDMES process
cycle (reaction/adsorption and regeneration steps). Since the re-
generation steps of the cycle were not simulated in this work, an ap-
proximation of the overall DME carbon yield has been obtained with
equation (27) under the assumptions that reactions are frozen during
the blow down step and that all the DME present in the reactor at the
end of the reaction/adsorption step is recovered. Equation (27) ac-
counts for both the DME flowing out during the reaction/adsorption
step plotted in Fig. 8 and Fig. 9 and the amount of DME which is present
in the reactor at the end of the step (i.e. the blowdown/depress pro-
duct).

∫ ∫
∫

=
+

+
Y

F dt C t dV

F F dt
2 ( ( ) )

( )
DME

t
DME

V
gas DME end t

t
CO CO

0 0 ,

0

end
out
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The calculated values of DME yield, YDME, are reported in Table 5,
together with the equilibrium yields expected in the conventional direct
DME synthesis. The yield values for these cases are in line with those
already reported in previous studies [21]. Note that the experiments
considered here relate to dedicated experiments for studying SEDMES
reactor performance and are not aimed at cycle optimization. These
results confirm that SEDMES is poorly sensitive on the CO/CO2 ratio in
the feed , the difference in DME yield between CO rich and CO2 rich
conditions being less than 6%, as already evidenced by the small gap
between the profiles plotted in Fig. 9 after∼ 1500 s. In contrast, the
equilibrium DME carbon yield, i.e. the maximum yield obtainable in
conventional direct synthesis processes, markedly changes on varying
the CO/CO2 feed ratio. In line with previous results [21], it can be
concluded that the advantage of using SEDMES is especially large for
higher CO2 feed content. The yield improvement achieved by SEDMES
with respect to equilibrium values for the conventional direct synthesis
of DME (see Supplementary materials - Section S4) increases from 26.8%
with CO rich feed to 37.4% CO2 rich feed for the evaluated cases. Due to

its dynamic nature the SEDMES process has more degrees of freedom in
optimizing the DME yield than the conventional synthesis, as described
in [21], allowing even higher yields for all feed conditions than re-
ported here.

Looking at the thermal behavior of the SEDMES reactor, the en-
velope of the maximum temperatures achieved in each axial coordinate
is reported in Fig. 10 for different CO/CO2 feed ratios. As observed in
the validation section, the inlet zone is the most thermally stressed part
of the reactor, due to the higher heat release associated with the rapid
conversion of the fresh reactants and the adsorption of the produced
water. The peak is slightly higher in the case of CO rich feed. This is
exclusively due to kinetic factors, which results in the faster production
of DME in the inlet zone in the case of CO rich feed, consistently with
the higher DME outlet flow rate shown in Fig. 8. Indeed, when ac-
counting for the heat released by water adsorption, the synthesis of
DME from CO and from CO2 are almost equally exothermic (eq. (24)
and (25)). It is worth noting that in the most severe case, the tem-
perature is comparable to the conventional direct DME synthesis [50],
despite of the additional contribution of the exothermic water adsorp-
tion. This is due to the dilution of catalyst by the sorbent material,
which is present in large amount inside the reactor tube (4/1 w/w).

3.2.2. Tube diameter effects
The effect of tube diameter is investigated considering tubes with

internal diameters equal to 25.6mm (O.D. 1.25 in., B.W.G. gage 11),
38mm and 46.6 mm (O.D. 2 in., B.W.G. gage 14). The other input
parameters are the same to those already given in Table 2, with the
intermediate composition (CO/CO2=1) in Table 4.

The calculated envelope of maximum gas temperature profiles in
the cross-section centerline are reported in Fig. 11. As expected, the
temperature control is much easier with smaller tubes that can ex-
change better the heat generated by reaction and adsorption: it is
straightforward that the larger the tubes are, the higher are the max-
imum temperatures. However, it is important to notice that, thanks to
the dilution of the catalyst by the sorbent, the differences among the
three simulated profiles are not so drastic, and even with the largest
diameter (46.6 mm) the temperature control is not a critical issue (less
than 10 K difference at any position along the axial coordinate, with a
maximum temperature of 553 K). This is a key difference with the
conventional DME direct synthesis, which usually requires tubes with
smaller internal diameters (3 cm diameter in reference [51]) to avoid
hot-spots exceeding the catalyst temperature limit.

The temperature difference has no strong effect on the DME
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production, as shown in Fig. 12 where the specific outlet flow rates of
DME have been plotted. Only a slightly higher peak of DME flow rate is
observed with larger diameters just after the breakthrough at∼ 500 s,
while the opposite situation is observed on the long term
(after∼ 1100 s), when the production of DME is higher with a smaller
tube diameter. This is a consequence of the temperature effects on
chemical kinetics and water adsorption equilibria, respectively. Just
after the DME breakthrough the higher temperature in large tubes en-
hances the reaction kinetics, increasing the reactant conversion to DME;
afterwards the lower temperature allowed by small diameter tubes
becomes progressively beneficial due to its positive effect on the water
adsorption equilibrium with a consequent DME production improve-
ment.

The DME carbon yields, calculated as according to equation (27) in
the composition analysis, are reported in Table 6. There are no wide
differences, DME yield decreasing less than 2.5% passing from an in-
ternal diameter of 25.6mm to 46.6mm. The small yield performance
improvement obtained using smaller tubes is given, on long term, by
the thermodynamic increase in the water adsorption capacity [23],
which, as shown in Fig. 12, leads to an increase in the DME production.

4. Conclusions

The thermal behavior and the DME yield performances of a SEDMES
bench scale and industrial scale reactors are investigated by means of a
2D+1D model of the reaction/adsorption step in a single tube of the
fixed bed converter.

The model is validated by comparison with the experimental results
obtained in a bench scale unit, showing the ability to capture the dy-
namics of the outlet composition and to describe the evolution of the
catalyst temperature stress along the axial reactor coordinate.

The effect of the CO/CO2 ratio in the feed is addressed, confirming
that, thanks to the effective in-situ H2O removal, the DME yield per-
formances of sorption enhanced processes are poorly sensitive on the
CO/CO2 ratio: the difference in DME yield after a 3600 s reaction/ad-
sorption step in the case of a rich CO2 feed (CO/CO2=0.5) and a lean
CO2 feed (CO/CO2= 2) is less than 6% (64.9% vs. 70.7%).
Accordingly, at high CO2 content in the feed, the SEDMES process
provides increasing advantage with respect to the conventional direct
synthesis of DME, that shows a yield difference of 16.4% between the
mentioned cases (27.5% vs. 43.9%).

The envelope of maximum temperatures achieved along the axial
coordinate shows that catalyst thermal stresses in the hotter inlet zone
of the reactor slightly increase with the CO content in the feed
(reaching 550 K with CO/CO2=2) with due to faster kinetics of the
DME production reactions. However, thanks to the dilution effect pro-
vided by the adsorption material (catalyst:adsorbent= 1:4 w/w),
maximum bed temperature keeps well below the limits reported in the
literature (573 K) to preserve the CZA catalyst stability. Accordingly,
larger tube diameters (up to 46.6mm) than in conventional DME direct
synthesis reactor can be adopted with less than 2% loss in DME yield.
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