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1. Introduction

Due to increasing concerns about climate change, CCS (carbon
capture and storage) is regarded as an interesting mid-term so-
lution to mitigate anthropogenic CO; emissions. If CCS is applied
to a power production process, an additional energy penalty re-
sults mainly related to the separation of the produced CO, from
the flue gas stream. CLC (chemical-looping combustion) is a
technology in which the separation of the CO, is integrated with
the power production process by avoiding direct contact between
the fuel and air and thereby dilution of the CO, rich exhaust
stream with Nj. The fuel is combusted with an oxygen carrier
(supported metal oxide particle) producing a CO,/H,0 mixture
while the oxygen carrier is reduced. The oxygen carrier is subse-
quently oxidized to its original state with air. The sum of these
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reactions (listed for syngas as fuel in Equation (1)) is equal to a
regular combustion reaction. So, the total reaction enthalpy is the
same as with regular fuel combustion. Such a system, thanks to
the intrinsic separation of the CO, reaction product, leads to a
higher electrical efficiency of the complete plant with respect to
most of the other carbon capture technologies [1,2].
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In general, CLC can be applied to power plants fueled with
natural gas, coals or biomass. Solids can be fed directly to the CLC
reactors, leading to a relatively simple and high-efficiency power
plant configuration. However, problems regarding full conversion
of the fuel to CO, and H,0 have been observed in experimental
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Abbreviations

AGR acid gas removal

ASU air separation unit

CCS carbon capture and storage
CLC chemical looping combustion
HHV high heating value

HP high pressure

HRSG  heat recovery steam generator
IGCC integrated gasification combined cycle
IP intermediate pressure

LHV low heating value

LP low pressure

SPECCA specific primary energy consumptions for CO,
Avoided, MJinv/Kgco2
TSA temperature swing adsorption

TS-CLC two stage chemical-looping combustion

Symbols

b stoichiometric factor in the redox reactions, mol solid/
mol gas

C concentration, mol m~3

Cp heat capacity, ] mol ' K~!

D reactor inner diameter, m

D, diameter at the interface of the internal refractory and
the steel vessel, m

Dax axial dispersion coefficient, m?s !

dp particle diameter, m

Ea activation energy, ] mol~!

f design stress of carbon steel, Pa

AHgr enthalpy of reaction, ] mol~!

ko pre-exponential factor, mol' "m>"~3s~!

L reactor length, m

M molar mass, kg/mol

M molar flow rate, kmol/s

m mass flow rate, kg/s

mg specific mass flow rate, kg/(m?s)

n reaction order in gas, -

Ngr number of reactors, -

Nu Nusselt number, -

P pressure, Pa

Pr Prandtl number, -

R gas constant, ] mol =1 K1

r reaction rate, mol m 3 s~!

tests [3], which indicate that further process developments are
required or a complete novel fuel reactor design [4]. Also, the
separation of the uncombusted char from the oxygen carrier
transported from the fuel to the air reactor and the recovery of the
oxygen carrier from the ash purged from the system have to be
performed in dedicated vessels. As an alternative option to the
direct utilization, solid fuels can be first gasified in a gasifier into a
CO/H;,-based syngas, which is first purified and afterwards fed to
the CLC reactor(s). In this work, the latter option of the IGCLC (in-
tegrated gasification CLC) plant is considered. The electrical effi-
ciency for IGCLC plants has been calculated by several researchers,
based either on fluidized bed [1,5—7] or packed bed [2] CLC pro-
cesses. Erlach et al. [1] and Spallina et al. [2] also compared the
performance of IGCLC plants using nickel and ilmenite respectively
as oxygen carriers with benchmark plants, demonstrating that in an
IGCLC power plant a higher electrical efficiency can be obtained

Re Reynolds number, -

Sc Schmidt number, -

T temperature, K

TmaxcLc temperature inside reactor, K

Tsteel temperature of the steel vessel, K

t time, s

VR volume of reactor, m>

v superficial velocity, m s~

X axial position, m

X particle conversion, -

y mole fraction in gas feed, -

red reduction

p1 purgel

oXx oxidation

HR heat removal

p2 purge2

Greek letters

€ porosity, m®> m—>

¢ stoichiometric factor, mol gas/mol solid
Netf effective heat dispersion coefficient, W m~! K!
A heat conductivity of refractory, W m~! K~!
Mg dynamic gas viscosity, kg m~!s™!

P density, kg/m>

Pmoloxygen amount of atomic oxygen per m° of reactor, kmol/m>
T cycle time, s

W mass fraction, kg kg !
subscripts

act active

avg average

i gas component
in inlet

j solid component
p particle

r refractory

red reduction

eff effective

g gas

S solid
superscripts

in inlet

0 initial

than with conventional pre-combustion CO, capture. Improve-
ments by 3—5 percentage points have been reported in these works
[1,2]. The packed bed and the circulating fluidized bed configura-
tions for CLC have been compared as well resulting in minor dif-
ferences regarding the overall process efficiency [8].

The highest electrical efficiency can be achieved by a combined
cycle that consists of a gas turbine and a heat recovery steam cycle.
To apply this configuration efficiently, the gas for the gas turbine
has to be produced with CLC at around 1200 °C and 20 bar [9,10]. At
these operating conditions it is very challenging to obtain stable
solid circulation and to completely separate the gases and solids by
cyclones in a circulated fluidized bed system (especially because of
the fines produced in such reactor systems). To circumvent these
limitations, dynamically operated packed beds have been proposed
where the solids are stationary and the gas streams are switched
periodically [11,12]. With packed bed technology, problems with



fines production and gas solid separation are intrinsically
circumvented.

A packed bed CLC reactor is a batch reactor that undergoes the
following steps: reduction, oxidation, heat removal and purge. First,
the carrier (MeO) is reduced with syngas, then the reactor is purged
with N, to prevent contact between air and syngas. Subsequently,
the carrier is oxidized with air causing a temperature rise inside the
reactor (highly exothermic reaction). Afterwards, the heat is
removed during the heat removal step and the cycle is finished by a
purge with N,. By operating with several reactors in parallel with at
least one in each different phase, a continuous in- and out-flow of
gas can be kept in each reactor and through all the other plant
components (turbomachines, heat exchangers, etc ...).

If air is pressurized from ambient conditions up to 20 bar, a
temperature of about 450 °C is obtained. If a turbine inlet tem-
perature of 1200 °C has to be reached, a large temperature rise of
about 750 °C has to be achieved inside the packed bed reactor. This
puts a high demand on the oxygen carrier selection (thermal and
chemical stability) and the reactor material. Considering the most
studied oxygen carriers, only nickel oxide and ilmenite could be
applied to achieve such AT, but both have some important draw-
backs. Nickel is an expensive and toxic material [ 13], while ilmenite
has a low reactivity at low temperatures [14]. The low reactivity of
ilmenite can be circumvented by carrying out the reduction just
after the oxidation when the bed is at high temperature and then
performing the heat removal on the reduced bed by means of a N,
stream [14]. Spallina et al. showed that a high efficiency can be
obtained in this case by means of a semi-closed N»-based gas tur-
bine cycle for power generation [2].

A large number of the papers published about CLC focuses on
the selection of a suitable oxygen carrier, which might be the most
difficult challenge in this research field [3]. To reduce the demands
on the oxygen carriers and achieve the same overall AT, the novel
Two Stage Chemical Looping Combustion (TS-CLC) configuration
has been proposed in a previous work [13], where the heat is
produced via two packed beds placed in series. A schematic over-
view of this configuration is shown in Fig. 1. Initially, both reactors
have a different temperature: the first bed is at 450 °C (i.e. the
compressed air temperature) and the second is at around 850 °C. In
step 1, the bed is reduced with syngas, resulting in a small tem-
perature rise in both reactors. After a purge with Ny, the bed is
oxidized with air and temperatures of 850 °C and 1200 °C are
reached in the first bed and in the second bed respectively. In the
third step, the heat removal, the heat from the first bed is blown to
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Fig. 1. Schematic overview of the TS-CLC configuration and axial temperature profiles

assuming infinite redox kinetics and absence of heat dispersion in the axial direction
[13].

the second bed, while a gas stream at 1200 °C is formed in the
second reactor that is fed to the gas turbine. Subsequently, the re-
actors are purged and the same temperature profile is obtained as
at the beginning of the cycle. In the first reactor, for example a
copper-based oxygen carrier can be used, because it has a high
reactivity at low temperatures. The main disadvantage of copper is
its low melting point, but this is not an issue in this concept,
because the maximum temperature in the first reactor is lower
than the melting point of copper. In the second reactor, a
manganese-based oxygen carrier can be used, because of its good
stability at high temperatures. The problem of utilizing manganese
as oxygen carrier in a single stage CLC process is that a high active
weight content is needed for a temperature increase of 750 °C
(51wt%) and it is difficult (if not impossible) to develop an oxygen
carrier with such a high active weight content with a high me-
chanical (and thermal) stability. Conversely, in the two stage
configuration, the desired temperature rise for the second reactor is
smaller and therefore a smaller active weight content suffices.

1D reactor model results have demonstrated that it could indeed
be a feasible solution to produce air at 1200 °C, but much more heat
dispersion is observed inside the reactor compared to the idealized
profiles shown in Fig. 1. Hence, CO, and H;0 are produced at higher
temperature and a slightly lower quantity of hot air is produced for
the gas turbine [13]. This could affect the overall electrical effi-
ciency and a more detailed energy analysis of the complete system
is required to assess the energy efficiency of this system, which is
the focus of the present paper.

In this work, the newly developed TS-CLC configuration using
copper and manganese based oxygen carriers is compared with a
one stage nickel-based packed bed CLC, integrated in a complete
IGCLC plant, through process simulations. The aim is to compare
the novel TS-CLC system with the classical CLC system already
assessed in the literature, on the basis of the electrical efficiency. An
estimation of the investment costs for the CLC reactors is made to
ensure that the flexibility in terms of oxygen carrier selection of the
TS-CLC is not paid by higher investment costs.

In the next section, first the power plant configuration and
modeling assumptions are described. Subsequently, the CLC reactor
design for both cases is discussed and compared, and a preliminary
estimation is made of the initial investment costs for both config-
urations. Afterwards, the process efficiencies of the different
packed bed CLC configurations are evaluated.

2. Method and assumptions

For the case of the one stage CLC, a 19 wt% NiO/Al,03 was
selected as oxygen carrier, because this is currently the only feasible
oxygen carrier in a packed bed, if the reduction is carried out at low
temperature [13]. In the TS-CLC cases, the first reactor contains
CuO/Al,03 and the second reactor Mnz04/Al>03.

2.1. IGCLC power plant description

The IGCLC power plant has been simulated with the GS software
developed at the Department of Energy of Politecnico di Milano
[15]. It is a software in which complex power plants are reproduced
by assembling basic modules. The main feature of the code is the
use of built-in correlations to estimate the efficiency of the turbo-
machines. In particular, steam and gas turbines are calculated based
on a stage-by-stage approach [16,17]. Gas turbine calculation in-
cludes routines to estimate the cooling flows needed in each stage
and their effect on the stage efficiency. The thermodynamic prop-
erties of gases are based on NASA (National Aeronautics and Space
Administration) polynomials [18] regressed on JANAF (Joint Army,
Navy, Air Force) tables data [19], while the water/steam properties



are taken from steam tables [20]. The temperature of the produced
streams in the CLC process depends on how the heat fronts develop
through the CLC reactors during operation. To achieve an accurate
evaluation of this temperature, a 1D model was used to simulate
the packed bed reactors for CLC [12]. The packed bed reactors have
been sized and the number of reactors is calculated based on the
selected total cycle time (total time for all the operation steps) and
pressure drop.

A simplified scheme of the IGCLC power plant is shown in Fig. 2.
A detailed power plant scheme, extended description, detailed
mass balance and an overview of the assumptions can be found in
Spallina et al. [2]. In this work, a global description is given of the
gasification section, while the CLC section is discussed in more
detail.

The composition of coal is based on bituminous South African
Douglas Premium Coal with 8wt% moisture content, which was
published as reference for power plant calculations in [21]. First,
the coal is pulverized and dried to a moisture content of 2 wt%.
Then the coal is pressurized to 44 bar by CO; in the lock hoppers
and this is fed to a Shell gasifier. The oxidant for the gasification is
supplied by steam and oxygen from the ASU (air separation unit).
After the gasifier, the outlet stream is cooled down and high and
intermediate pressure steam is produced. Subsequently, the syn-
gas is treated and desulfurized by Selexol process. Afterwards, the
pressure is reduced to 21.6 bar and the syngas is fed to the satu-
rator to increase the humidity and the temperature. The syngas
leaves the saturator at 151 °C and it is heated up to 300 °C by
saturated water withdrawn from the high pressure drum. Then
33.4 kg/s steam (stream #17) is mixed to avoid carbon deposition
inside the CLC reactor. The amount of steam is adjusted so that no
carbon deposition can thermodynamically occur at 20 bar above
450 °C. The dilution with steam is useful to avoid both coke
deposition in the CLC bed and metal dusting in the high temper-
ature fuel heater.

Before the syngas is fed to the CLC reactor, it is further heated up
to 600 °C in a gas—gas heat exchanger with the CO,/H,0 stream

from the CLC unit. The syngas is extra preheated, because better
temperature profiles are obtained in the packed bed reactors. The
syngas (#1) is fed to the CLC reduction reactors with the following
composition: 32.1% CO, 5.3% CO,, 13.1% H,, 48.3% H,0, 0.7% N, and
0.6% Ar. In the CLC reactors, a mixture of CO, and H,O (#2) is
produced at a temperature dependent on the configuration of the
CLC system. During the cooling of this stream, heat is recovered by
generating superheated steam at 565 °C (#13). The temperature of
the CO,/H,0 is fluctuating (in time) and therefore measures to
avoid too large temperature fluctuations of the hot heat exchanger
surface are needed to avoid excessive thermal fatigue of the tubes
material. For example, proper arrangement of the heat transfer
banks, controlled mixing with recycled cooler CO; or buffering with
inert material in a fixed or fluidized bed vessel could be considered
to reduce the stress for the heat exchangers. Afterwards, heat is
recovered by high pressure water which is heated up to the satu-
ration temperature. Some low pressure steam is formed as well and
some low temperature heat is used to increase the temperature of
part of the water from the condenser. Afterwards, the CO,/H,0
stream exiting the heat recovery section (#3) is further cooled to
35 °C with cooling water, condensate is separated and the CO; is
compressed by an intercooled compression process and pumped to
110 bar (#4). The electricity consumption for the CO, compression
has been calculated in Aspen Plus [22].

The oxygen carrier is oxidized by atmospheric air (#5, at 15 °C),
pressurized to 20 bar and 438 °C (#6). This air is used for the
oxidation reaction, the heat removal and for cooling the blades of
the first two gas turbine stages. After the oxidation reaction, Ny is
obtained at 575 °C. This Nj is reused by mixing it with the air that is
going to the CLC reactor for the heat removal step. In this way, the
heat of the N; is reused in the system. As a result, the temperature
of the heat removal stream is slightly higher (#8, about 466 °C) and
therefore the subsequent reduction can be carried out at a slightly
higher temperature. The reduction temperature is one of the most
critical parameters for the oxygen carrier selection, so a higher
temperature could be quite beneficial as it increases the reduction
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Fig. 2. The simplified IGCLC power plant scheme. The main properties (temperature, pressure and flow rate) of the streams shown in the figure are reported further on in Table 9 for

the three assessed plants.



kinetics. The outlet from the oxidation should be at 20 bar (as the
air with which it is mixed) and therefore the air for oxidation (#7) is
compressed by an additional compressor to a pressure slightly
higher than 20 bar (to overcome the pressure drop in the reactors).

Between oxidation and reduction steps, the reactor needs to be
purged with N; from the ASU.! This stream is pressurized and fed to
the packed bed reactors at 478 °C and 20.4 bar (#9). The purge
outlet is mixed with the heat removal stream.

The heat removal stream is fed to the gas turbine at 1200 °C
and 19 bar (#10). In the gas turbine, the gas is expanded and sent
to the heat recovery steam generator (#11), where steam is
generated at three different pressure levels, 144 bar, 36 bar and
4 bar. The cooled O, depleted air is finally vented by a stack (#12).
Steam turbine is fed with high pressure steam (#14), with in-
termediate pressure steam (#16) obtained from the reheating of
the steam from the HP turbine (#15) and low pressure steam
(#18). The steam discharged from the turbine (#19) is then
condensed and returned to the HRSG (heat recovery steam
generator).

2.2. Packed bed reactor model for CLC reactors

The packed bed reactors are described in more detail by a 1D
packed bed reactor model. In this model, the mass and energy
balances are solved by a numerical method. More information
about this method can be found in Smit et al. [23] and Noorman
et al. [12]. Radial temperature and concentration gradients are
neglected, the model is assumed to be pseudo-homogeneous
and no heat losses are taken into account. The pressure drop
is calculated with the Ergun equation [24], because experiments
in a lab-scale reactor have shown that this equation describes
the pressure drop well [25]. The model equations are listed in
Table 1. In Table 2 the description of the axial mass dispersion
and the effective heat conductivity are shown. The thermody-
namic properties of the gases and the solids were taken from
Daubert and Danner [26] and Barin [27] respectively.

The kinetics from Garcia-Labiano et al. [28] and Zafar et al.
[29] have been selected, including the expected influence of
diffusion limitations inside the particles, which have been
determined with the particle model [30] and are shown in
Table 1. The influence of the reaction rate in large packed bed
reactors is limited to the shape of the reaction front, which
covers only a small part of the reactor. So, as long as the reaction
rates are not very slow, the kinetics have a small influence on the
outlet temperature and concentration profiles. In fact, the
maximum temperature achievable in the packed bed is deter-
mined by the active metal in the oxygen carrier, as demonstrated
in Equation (2) [10].

(—AHg;)
AT = Cp.sMact _ Cp.gMg.i (2)
0)2“§ {‘)g?i

In order to reproduce the behavior of the CLC unit after long
operating time, sequential simulations have been performed until
pseudo-steady state condition was obtained. This was always
achieved after three cycles [13]. The results obtained under such
conditions are discussed in this work.

! The 0, depleted air from the oxidation stage might be also used for this pur-
pose, with expected minor effects on plant efficiency and avoiding the auxiliary N,
compressor. The drawback of this option is that such gas may contain some residual
oxygen during the breakthrough time at the end of the oxidation stage, that may
lead to unwanted gas phase reactions with the syngas inside the reactors and in the
gas piping lines right before or after the purging phase.

Table 1
The mass and energy balances used in the model.

Component mass balances for the gas phase
B B doig

e "5 = —ng s+ (g Do) 1M
Kinetic terms:

o Lo P wl -
Ni and Cu: r; = =5 b pa Doeneness dX (31X [dt from Ref. [28])

1
o ferpe -

Mn: r; = 250 Teecrieness (k) Ep, n from Ref. [29])

Ep g
b-Mj-ko-exp | g% i

Component mass balance for the solid phase
0 dwsj M.
EsPswact e — €gliVlj
Energy balance (gas and solid phase):
(egpgCpg + espsCpys) %.{ = _PngCp.g% + % (Mx%) + egliAHR;;

Effectiveness factors, calculated with particle model [30]

NiO/Ni CuO/Cu Mn304/MnO
0, 0.2 0.23 0.66
Hy 0.55 0.53 0.65
co 0.32 0.36 0.54

3. Results and discussion
3.1. TS-CLC in series or in parallel

For TS-CLC two different configurations can be used. During heat
removal both reactors have to be connected in series to transfer the
heat generated in the first reactor to the second reactor. But for the
reduction and the oxidation mode, the reactors with different ox-
ygen carriers can be connected in series or in parallel. In case the
reactors are in series, the gas flows are fed to the first bed and the
outlet is fed to the second bed, as illustrated in Fig. 3. With this
configuration it is also possible to operate with one reactor that
contains two sections (with two different oxygen carriers), because
the two stages are always operated in series. This has the advantage
of lower complexity of the reactors network.

An alternative is to operate the reactors in parallel during one or
both the oxidation and the reduction steps. In those cases, higher
flow rates can be used while still complying with the maximum
allowable pressure drop because of the reduced reactor length. So,
in the end the total cross-section can be reduced. Another advan-
tage is that the CO2/H;0 is produced at lower temperature in the
first reactor increasing the amount of heat stored for the heat
removal. The main drawback is that also valves have to be installed
downstream of the first reactor and thus, a larger number of valves
is required.

Table 2
The heat and mass dispersion descriptions.

Effective axial heat dispersion (Vortmeyer and Berninger [31])

S Re-Pr-j; , Re?-Pr’-j
Aax = Abed.0 + —Pey + (1=, Nu

Abed,o is calculated by the Bauer and Schliinder equation [32].

Gunn and Misbah equation [33]

2 (0.17+O,33~exp {’R—Zf} )
Pegy=——— L 1/
1- (0.l7+0.33 -exp {%} )

Gunn equation [34]
Nu = (7 — 10eg + 5¢2)(1 + 0.7Re®2Pr'/3) + (1.33 — 2.4¢; + 1.2¢2)Re®7Pr!/3

Axial mass dispersion (Edwards and Richardson [35])

_|om _os .
Dax = | gese + —577 | vs-dp
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Fig. 3. TS-CLC configuration with all the operation steps in series (TS-CLC series).

In principle, it is possible to operate the reduction, oxidation and
the purge in parallel. But in case the oxidation is carried out in
parallel, the inlet zone of the second bed is cooled down too much
and therefore the gas flow obtained from the heat removal has a
lower temperature, which reduces the process efficiency. There-
fore, it was chosen to operate only the reduction in parallel. In Fig. 4
it is shown how the process is operated in this case. Because the
reactors operate in parallel, more valves are required. The valves for
the second beds need to withstand 1200 °C, but the maximum
temperature of the valves on the first reactor is lower (around
900 °C).

3.2. Reactor sizing and initial investment cost estimation

For the reactor sizing, a simple cylindrical geometry has been
considered for the CLC reactor vessels, featuring an inner diameter
D and a length L. A continuous process has been simulated by the
1D reactor model. To design the continuous process, a number of
reactors per operation step have to be used and the flow rates have
to be calculated. These parameters have been calculated based on
the following criteria:

- Two cycle times 7 were selected: 20 and 60 min. Such cycle
times have been selected as reasonable and representative
values, to show how cycle time affects the sizing of the reactors
system. An optimization of the cycle time is however beyond the
scope of this work, since this should involve an evaluation of the
valve lifetime as function of the opening-closure frequency (the
shorter the cycle, the higher the opening-closure frequency).

- The pressure drop should not exceed 5% (1 bar); the pressure
drop has a large influence on the process efficiency and the
number of reactors [8]. A pressure drop of 5% has been selected
in this study, but a techno-economic evaluation is required to
draw conclusions about this parameter, which is not in the scope
of this work.

- The inner reactor diameter is set on 2.5 m in case of a cycle time
of 20 min and 4 m for a cycle time of 60 min. In both cases, a

similar L/D-ratio is obtained, which makes it justified to
compare those cases.

- The total purge size is equal to the total empty volume of the
reactor; this should be sufficient, because the gas mixing inside
the reactor is very small.

During the cycle (20 or 60 min), sufficient oxygen should be
available for the indirect combustion of syngas. So, the total volume
Vg of all the reactors together is fixed according to Equation (3). This
is based on the oxygen carrier properties (pmol,oxygen i the amount
of atomic oxygen carried by the oxygen carrier per m> reactor,
which are listed in Table 3) and results from the material balance
stating that the oxygen atoms needed to oxidize the syngas during
a complete cycle (Mcp 4+ My)-7 has to equal the oxygen atoms
available in the reactors Vg-pmotoxygen-

(M co+ MH2> T
Vp=""—""— (3)
Pmol,oxygen

For continuous operation, several reactors have to be in opera-
tion. The minimum number is five, because there are five operation
steps (oxidation, reduction, heat removal and 2 purge steps). For a
purge step, only one reactor is used. The criterion to determine the
number of reactors is the pressure drop inside the reactors. For a
certain reactor length, the maximum specific flow rate s (kg/(m?-
s) is calculated based on the Ergun equation (Table 1) considering
the highest possible gas temperature. With this value, the number
of reactors in a certain operation step Ng operation step iS calculated by
rounding up the ratio between the total flow rate m by this
maximum specific flow rate and the cross section of a reactor
(Equation (4)). In this study, the reactor diameter D was fixed at 2.5
or 4 m (dependent on the cycle time) and also the total reactor
volume is fixed by the amount of oxygen (Equation (3)). So, the only
parameters to be determined are the length L and the total number
of reactors Ng (Equation (5)). Both are connected via Equation (6).
By varying the length of the reactors, the minimum number of
reactors allowing not to exceed the imposed pressure drops limit
can be found. In other words, given 7, D, pmoloxygen and m, the
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unknowns Vg, NRoperation step» N, L and ms can be found through
Equations (3)—(6) and the Ergun equation.

. m
NR,operation step — ceil (m) (4)
total number of operation steps
NR = NR,operation step (5)
i=1
Vg = Ng-7/4-D?-L (6)

Clearly, the total reactor volumes are based on the properties of
the selected oxygen carriers. For the one stage case, 19 wt% of NiO/
Al,O3 is sufficient to reach 1200 °C in the reactors. The active
weight contents for the TS-CLC cases are also based on this outlet
temperature. In the TS-CLC cases, the heat removal gas inlet tem-
perature is different, so a different AT has to be reached and
therefore both cases have a different active weight content. Based
on the active weight contents and the density, the amount of
available oxygen per m> reactor is calculated (assuming a reduction
to Cu, Ni and MnO respectively [13]). As shown in Table 3, the result
is that the amount of oxygen carried by a given volume of sup-
ported metal is smaller for the TS-CLC configurations. Therefore, a
larger reactor volume (about two times larger) is required for those
cases for a given cycle time.

The following designs were made for a cycle time of 60 min. For
the one stage process, the reactor length is 11.8 m and there are 24

Table 3
Properties of the oxygen carriers.

reactors in operation. For TS-CLC in series the total length is 22.5 m
(bed 1: 12 m and bed 2: 10.5 m), while there are 27 reactors (54
beds in total) in operation. These bed sizes were selected to keep
the difference between the minimum and the maximum temper-
ature in each reactor as small as possible and thus the total AT as
small as possible. This has the advantage that the oxygen carrier
particles experience the lowest possible thermal stress, which can
be advantageous for the mechanical stability and possibly increase
its lifetime. For the TS-CLC in parallel, the first reactor is 12 m and
the second is 11.5 m and there are 50 reactors in total. An overview
of the sizing parameters can be found in Table 4.

TS-CLC series is considered to be carried out in one reactor of
22.5 m that contains two sections. In that case, the footprint is
340 m?. If the process is operated in two separate reactors both
placed at the ground level, the total footprint would be a factor 2
larger. TS-CLC parallel has to be carried out in two separate reactors,
because the reduction is carried out in parallel and therefore a
larger total footprint is required, 628 m>.

Table 4 also contains the sizing of the reactors in the case of a
cycle time of 20 min. This option has been designed to evaluate the
effect of the cycle time on the initial investment costs.

A preliminary investment cost estimation has been also carried
out for the CLC reactors systems, with the aim of comparing just the
initial costs of the different types of packed bed CLC configurations.
The initial investment costs have been estimated based on the costs
of the oxygen carrier, the high temperature valves and the reactors.
The reactor containing the oxygen carrier is surrounded by an

One stage CLC

TS-CLC series

TS-CLC parallel

Bed 1 Bed 2 Bed 1 Bed 2
Oxygen carrier 19wt% NiO/Al;05 10wt% CuO/Al;,03 27wt% Mn304/Al;03 10wt% CuO/Al,03 30wt% Mn304/Al;03
Oxidation/reduction couple NiO/Ni CuO/Cu Mn304/MnO CuO/Cu Mn304/MnO
Solids bulk density in oxidized state, esps kg/m> 1031 989 1000 989 1006
Particle diameter, mm 10 10 10 10 10
Void fraction, m2,, /M, ctor 04 04 0.4 0.4 04
Amount of oxygen available, kgo /M3 ccor 42.0 19.9 18.9 19.9 21.1




Table 4
The sizing parameters for the different reactor concepts.

R High temperature valve costs
E= Oxygen carrier costs

600 - -
One stage CLC  TS-CLC series  TS-CLC parallel {72 Reactor costs
Cycle time, min. 20 60 20 60 20 60 S 500
Number of reactors 35 24 44 27  42x2 25x2 %
Diameter, m 2.5 4 25 4 25 4 ~
Length, m 69 118 £ 400+
- bed 1, m 66 125 62 12 8
- bed 2, m 52 10 58 115 2 200
Footprint, m? 172 302 216 340 412 628 GEJ T
Total reactors volume, m®> 1185 3559 2533 7634 2460 7383 7
2 200-
£
internal refractory, a carbon steel vessel and an external refractory. 8 100 4
The internal refractory is required to keep the steel vessel tem- =
perature below 300 °C. The thickness of the internal refractory and 0
1

the steel vessel is reported in Table 5. The high temperature re-
fractory thickness (Dy;—D)/2 is calculated by Equation (7), fixing a
maximum reactor temperature Tpyqx crc of 1200 °C, a steel temper-
ature Tgee; 0f 300 °C and a heat flux Q corresponding to the assumed
heat loss of 0.25% of the LHV (low heating value) of the CLC fuel.
With this assumption the heat losses are in line with a heat transfer
from the external surface (at 70 °C) to the environment with a
typical heat transfer coefficient of 5 W/(m?-K) [36]. The heat con-
ductivity of internal insulation material (internal refractory) is
0.2 W/(m-K). For the steel thickness in meter, Equation (8) has been
used, in which a design pressure P;, of 30 bar is assumed for safety
reasons and the design stress, f, is estimated at 85 N/mm? [37].

27TA1'L

T T T T T T
20, 60 20, 60 20, 60
1stage CLC TS-CLC series TS-CLC parallel

Cycle time (min.)

Fig. 5. Initial investment costs for the TS-CLC cases in comparison with the one stage
CLC for two different cycle times (20 min and 60 min).

(9)[40]. An overview of the high temperature valve system costs for
each case is given in Table 5. In case of TS-CLC parallel, the outlet
stream of the first reactor has to be managed and thus two valves
per set of reactors are required. In the TS-CLC series, this is not
required, because the outlet of the first reactor is always going to
the second reactor in series. The nickel based carrier costs are

Q = —— (Tmax.ctc — Tsteet) (7)  estimated at 50,000 €/ton, while the cheaper copper- and
In (%) manganese-based oxygen carriers that are used for the TS-CLC
process are estimated at 10,000 €/ton. All the assumptions for
) P;,Dq the estimation of the reactors equipment cost and the main results

steel vessel thickness > i —12p; (8) are resumed in Table 5.

The costs of the vessels are calculated considering the steel costs v 0.6
of 500 €/ton [38] and fire bricks (refractory) of 450 €/ton (density C=0C —> 9)
of 480 kg/m?> [39]) and multiply them by a factor 3 to include the Vo

reactor construction cost. The cost of a high temperature valve is
estimated at € 150,000 in case of a hot gas flow rate (during the
heat removal step) of 2 m/s. The valve cost is scaled up by Equation

Table 5
The sizing parameters for the different reactor concepts.

In Fig. 5 it is demonstrated that the resulting initial investment
costs are about a factor 2 lower in the TS-CLC cases in comparison
with the one stage CLC with a nickel-based oxygen carrier, because

Assumptions

Heat losses, Q
Heat conductivity of insulation material

Heat transfer coefficient between the outer wall and the environment

Design pressure, P,

Design stress, f

Steel vessel temperature

Steel cost

High temperature refractory cost

High temperature refractory density
High temperature valve cost

Ni-based oxygen carrier cost

Cu and Mn-based oxygen carrier cost
Results

Cycle time, min.

Inner refractory thickness, mm

Steel thickness, mm

Reactor costs, k€ per reactor unit*
High temperature valve cost, k€/valve
Number of valves per reactor unit®
Oxygen carrier cost per reactor unit®, M€
Total cost per reactor unit®, M€

Total cost of CLC reactor system, M€

0.25% of LHV of the CLC fuel
0.2 W/(m-K)

5 W/(m?-K)

30 bar

85 N/mm?

300 °C

500 €/ton

450 €/ton

480 kg/m>

150,000 € for 2 m>/s gas flow
50,000 €/ton

10,000 €/ton

One stage CLC TS-CLC series

TS-CLC parallel

20 60 20 60 20 60
250 476 237 452 252 484
27 44 27 44 27 44
44 210 64 334 80 424
319 400 278 373 286 390

1 1 2

1.75 7.64 0.58 2.81 0.59 2.95
211 8.25 0.92 3.52 1.24 4.15
73.8 198 40.4 95.0 52.0 104

2 The single reactor for the single stage CLC and one couple of reactors with the two oxygen carriers for the TS-CLC are intended as reactor unit.



Table 6
Settings for the one stage CLC. The outlet temperatures are results from the packed
bed model.

Step Reactors Time,s Mass flux, kg/m?/s Tjp, °C Tout, aver °C
Reduction 5 750 1.841 600 832
Purgel 1 150 0.746 478 527
Oxidation 4 600 3.520 448 575
Heat Removal 13 1950 4311 459 1199
Purge2 1 150 0.746 478 1192

24 3600

cheaper oxygen carriers can be used in the TS-CLC cases. The TS-
CLC parallel case is slightly more expensive than the TS-CLC se-
ries case, because more high temperature valves are required. The
purpose of this work is just to demonstrate the effect of the TS-CLC
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Fig. 6. Axial temperature profiles of reactors in the one stage CLC process during
reduction (a), oxidation (b) and heat removal (c).

configuration and therefore the economic optimization is not car-
ried out. Such an economic evaluation should include the optimi-
zation of the reactor geometry and the effect in the operating costs
of the plant, which is out of scope of this work.

Due to the high impact of the oxygen carrier in the investment,
the operating cost related with the substitution of the material is
expected to be higher for the cost of one-stage CLC plant. So, if the
operating costs are considered, the TS-CLC seems to be more
attractive despite the higher costs for the reactors network that are
expected.

For the process simulation of the reactors, the case with a cycle
time of 1 h has been selected to decrease the switching frequency of
the high temperature valve at the exit of the reactor to increase its
lifetime.

3.3. One stage CLC

Based on the above mentioned criteria, simulations were carried
out with the settings shown in Table 6. In total 24 reactors are in
operation in this configuration, where 5 reactors are in the reduc-
tion step, 4 in oxidation, 13 in heat removal and 1 per purge step.
The outlet temperature and mass flux for one reactor as a function
of time has been published elsewhere [8].

The axial temperature profiles corresponding to the outlet
profile are provided in Fig. 6. It is shown that when the reduction is
started, the outlet of the reactor is still hot from the previous heat
removal step. This heat is blown out of the bed during the reduction
and therefore a decreasing CO»/H,O outlet temperature is
observed. During the reduction reaction, the temperature inside
the reactor is 450—550 °C. In this temperature range, the selectivity
of the reduction reactions with nickel (to CO, and H,0) is not a
problem according to the thermodynamics. Hence, complete con-
version of the fuel is assumed. During oxidation, the temperature of
the bed increases to 1200 °C, because of the exothermic reaction.
Subsequently, the heat is blown as hot gas stream to the gas turbine
(heat removal step).

Several reactors operate during the reduction and the heat
removal, which deliver streams at different temperatures. These
streams are mixed and then an outlet temperature is obtained as
shown in Fig. 7 [8]. The temperature of the CO,/H,0 stream fluc-
tuates between 750 and 900 °C with an average temperature of
832 °C. These temperature variations might require to be
controlled as previously mentioned to protect the downstream
heat exchangers. Such mixed stream, considered at its average
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Fig. 7. Outlet temperature during dynamic operation of reactors in the one stage CLC
process [8].



Table 7
Simulation settings for TS-CLC in series.

Step Reactors Time, s Mass flux, kg/m?/s  Tip, °C Tout, avgr °C
Reduction 3 400 3.068 600 1130
Purgel 1 133 1.569 478 1032
Oxidation 5 667 2.815 449 970
Heat Removal 17 2267 2.856 574 1198
Purge2 1 133 1.569 478 1202

27 3600

temperature in the power plant process simulations, is sent to a
heat exchanger, where high pressure steam is generated at 565 °C.

After integrating the obtained streams from the reactor model
within the power plant model, mass and energy balances are ob-
tained. With this process, a net electric efficiency of 41.05% can be
achieved. An overview of the energy balance is given in section 3.6,
which shows the electricity production and consumption in the
power plant.

3.4. TS-CLC series

The same procedure has been carried out for the option in which
TS-CLC is carried out with two reactors in series. This reactor is
simulated as one large reactor that consists of two beds. The first
bed (with CuO/Al;03) has a length of 12.5 m and the second bed
(with Mn304/Al;03) has a length of 10 m (from 12.5 to 22.5 m). The
simulation settings are listed in Table 7. The inlet temperature for
the heat removal is higher than in the one stage case (574 °C instead
of 459 °C), due to the mixing with the gas streams from at the outlet
of oxidation and purge1 which are at higher temperature respect to
one-stage CLC. As is illustrated in Fig. 8, a constant air flow at
1200 °C can also be produced with this configuration.

During reduction, CO, and H,0 are produced at a higher tem-
perature than in the one stage case, caused by the increased heat
dispersion in the packed bed due to the two stage operation [13].
The larger extent of heat dispersion can be explained as follows.
The extent of heat dispersion in the first bed is similar to the one
stage configuration. But in this case, the dispersed gas flow ob-
tained from the first reactor is sent to the second reactor, where it
experiences some additional heat dispersion. In Fig. 9 the axial
temperature profiles inside the reactor are shown. During reduc-
tion, syngas is fed at 600 °C and the temperature in the CuO-
reactor rises due to the exothermic reduction reactions. In the
Mn304-reactor, the temperature rise is smaller, because the

outlet temperature (°C)
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— — mass flow outlet (kg/(m2s))
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Fig. 8. The outlet temperature and mass flux profile from TS-CLC with the two reactors
always connected in series.

reduction reactions are less exothermic. When the reduction is
completed, two different temperature plateaus can be observed:
the first reactor is mainly at 700 °C and the second reactor mainly
at 900 °C. During oxidation, air is fed at only 448 °C and therefore
a temperature drop can be observed at the inlet of the first reactor.
Due to the exothermic oxidation reaction, the temperature rises by
about 200 °C in the first reactor and 300 °C in the second reactor,
so that a 1200 °C plateau is reached in the second reactor. After
the bed has been oxidized, the heat is blown out of the bed and a
continuous flow of air at 1200 °C is produced. The average outlet
temperatures are shown in Fig. 10. In this case, the CO/H;0
stream is produced at a higher temperature than in the one stage
CLC case and also the temperature fluctuations are smaller (30 °C
instead of 140 °C).
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Fig. 9. Axial temperature profiles during TS-CLC, for the case where the reactors are
always connected in series.
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Fig. 10. Average outlet temperatures from the TS-CLC series process.

The axial temperature profiles from Fig. 9 show the reduced
temperature difference among the different steps compared to the
one stage CLC operation. In the first bed, a maximum AT of less than
500 °C is observed. The minimum temperature in the second
reactor is at around 850 °C during the oxidation, resulting in a
maximum AT of 350 °C.

3.5. TS-CLC with reduction in parallel (TS-CLC parallel)

As explained before, it is also possible to operate CLC in two
stages with the reduction in parallel to produce CO, at lower
average temperatures.

The two reactors used for this configuration are simulated
separately. The simulation settings are shown in Table 8. The outlet
temperature profiles of the streams that are processed downstream
are shown in Fig. 11. Also in this case, a gas stream with a constant
temperature of 1200 °C is obtained during heat removal from the
second reactor.

In Fig. 11, it is shown that the temperature decrease during the
reduction is smaller than in the one stage configuration. In total, 4
parallel reduction reactors are in operation, whose streams are
mixed before being sent to the heat recovery section. This mixed
stream has smaller temperature differences and this is an advan-
tage for the design of the downstream heat exchanger. The axial
temperature profiles are shown in Fig. 12. The first reactor looks
similar to the one stage case; only the temperature levels are
different (related to the different oxygen carrier used). However,
profiles in the second reactor are significantly different from the
profiles in the other two cases. Before the reduction starts, a large
part of the reactor has a temperature of 850 °C. During the reduc-
tion step, syngas is fed into the reactor at 600 °C and CO,/H0 is
produced at 1050—950 °C. During oxidation, a heat plateau is
formed at 1200 °C. This heat is blown out of the bed during the heat
removal step. Feeding the second reactor with relatively cold
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Fig. 11. Outlet temperatures from the first and second reactor that are processed
downstream.

syngas at 600 °C, leads to a significant temperature drop at the
inlet. This leads to an irregular temperature profile for the following
stages, with an area with local maximum and local minimum
temperature which is progressively blown to the exit of the reactor.
However, thanks to the heat diffusion in the axial direction, the
temperature profile becomes more uniform during the heat
removal phase and the temperature of the hot gases produced is
sufficiently stable to feed the power cycle.

In Fig. 12 it is shown that the maximum temperature difference
that the reactors experience, is limited in the first reactor (between
450 and 500 °C, as in the TS-CLC series case), but relatively large in
the second reactor (600 °C). A larger AT is observed in the second
reactor, because the fuel is fed at 600 °C and air is produced at
1200 °C.

When mixing the gases produced by reactors operating in par-
allel during the same stage, the averaged outlet temperature pro-
files illustrated in Fig. 13 are obtained.

3.6. Comparison of the different configurations

For each of the three configurations, the integration in the po-
wer plant has been designed and the efficiency evaluated. The mass
balances for the three configurations are shown in Table 9. If CO,
and H,0 are produced at a higher temperature (#2), more high
pressure steam is produced in the downstream cooler. For this
reason, the amount of high pressure steam (#13) in the TS-CLC
series case differs significantly from the other cases. When more
energy is taken by the CO5/H,0 stream and therefore more power is
produced in the steam turbine, less power is produced in the gas
turbine as a consequence of the lower air flow rate obtained from
the heat removal (#10). The superheated and reheated steam
temperature in the HRSG is about 25 °C below the turbine outlet
temperature (#11).

Table 8

Simulation settings for TS-CLC with reduction in parallel and oxidation, heat removal and purges in series (TS-CLC parallel).
Step Reactors Time, s Mass flux, kg/m?[s Tin, °C Tout, ave °C
Reduction reactor 1 2 288 2.233 600 801
Reduction reactor 2 2 288 2.369 600 994
Purgel 1x2 144 1.521 478 962
Oxidation 5x2 720 2.816 448 915
Heat Removal 16x2 2304 3.393 547 1192
Purge2 1x2 144 1.521 478 1075

25x2 3600
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Fig. 12. Axial temperature profiles during TS-CLC with the reduction in parallel.
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Fig. 13. Outlet temperature profiles from the parallel TS-CLC.

The energy balances of the three configurations are listed in
Table 10, including in the first two columns a reference IGCC (in-
tegrated gasification combined cycles) plant without CO, capture
and with conventional capture with Selexol [2]. These configura-
tions are based on current technology. The CO, avoided and the
specific primary energy consumption for CO, avoided (SPECCA)
[41] are calculated by Equations (10) and (11) with the IGCC plant
without CO; capture as reference.

E
CO2 avoided = 1= (10)
COZ.ref
11
SPECCA = — ™ 3600 (11)

Econ ref — Ecoz

In the one stage case, the highest LHV efficiency is obtained,
41.05%, but the TS-CLC cases can still compete well with the one
stage case, with efficiencies of 40.34—40.77%. In the TS-CLC series
configuration, a larger amount of high pressure steam is produced
and this results in a larger electricity production by the steam cycle
and a lower output from the gas turbine. A slightly higher LHV
efficiency can be obtained in the TS-CLC parallel case (40.77%)
compared with TS-CLC series (40.34%), because of the lower CO,
temperature. In all the IG-CLC cases, the efficiency is more than 5%
points higher than the reference case with Selexol. The CLC cases
also have lower specific CO, emissions (reduced by a factor four)
and a lower electricity consumption for CO, capture (SPECCA) (by
factor three) than the plant with conventional CO, capture.

As far as “classical” pollutant emissions are concerned, virtu-
ally no NOy and SOy emissions are foreseen for the CLC-based
processes with respect to the conventional Selexol-based cap-
ture plant. As a matter of fact, the lack of a direct contact air-fuel
combustion will avoid the formation of thermal NOy, which might
be of particular concern in case of a H,-fuel based flame. Also for
SOy, it can be anticipated that any H,S escaping form the sulfur
removal unit will be oxidized by the oxygen carrier, likely
resulting in traces of SO, in the final compressed CO,. On the
other hand, particulate emissions might derive from the oxygen
carrier fragmentation, which should be avoided by developing
materials with a proper mechanical stability to thermal and me-
chanical cycles. Also from this side, the higher flexibility in the
oxygen carrier selection represents an advantage of the TS-CLC
process.



Table 9
The mass balances of the three different packed bed configurations.

# One stage CLC (base case) TS-CLC series TS-CLC parallel

T,°C p,bar M,kg/s T,°C p,bar M,kg/s T,°C p,bar M,kg/s
1 Syngas 600 20.0 1163 600 20.0 116.3 600 20.0 116.3
2 CO>/H20 832 19.0 156.9 1130 19.0 156.9 901 19.0 156.9
3 CO,/H,0 136 18.0 156.9 127 18.0 156.9 136 18.0 156.9
4 CO, 28 110.0 81.5 28 110.0 81.5 28 110.0 81.5
5 Air 15 1.0 786.2 15 1.0 668.3 15 1.0 750.8
6 Air 438 20.0 729.8 438 20.0 617.6 438 20.0 696.8
7 Air 448 21.0 176.6 449 21.0 176.6 448 21.0 176.6
8 0, depl. Air 466 20.0 698.4 586 20.0 596.8 554 20.0 675.3
9 Ny 478 204 184 478 204 39.5 478 20.0 38.2
10 0, depl. Air 1199 19.0 707.6 1198 19.0 616.5 1192 19.0 694.4
11 0, depl. Air 486 1.0 764.0 482 1.0 667.2 482 1.0 748.4
12 0, depl. Air 92 1.0 764.0 81 1.0 667.2 89 1.0 748.4
13 Steam 565 1339 88.6 565 1339 130.6 565 1339 98.0
14 Steam 527 1339 129.5 544 1339 1574 530 1339 136.3
15 Steam 333 36.0 129.5 346 36.0 1574 335 36.0 136.3
16 Steam 458 33.1 142.6 453 33.1 161.3 453 33.1 1471
17 Steam 395 21.6 334 390 21.6 334 390 21.6 334
18 Steam 300 35 37.7 300 35 309 300 35 36.1
19 Steam 32 0.05 146.8 32 0.05 158.7 32 0.05 149.8
Maximum AT in CLC reactors, °C 760 500/350 450/600
Maximum AT after mixing the CO,/H,0 flows, °C 140 30 50

2 both CO,/H,0 streams are considered to be mixed.

Table 10
Energy balances of the different configurations.

Power IGCC-NC N/A [2] IGCC Selexol® [2] One stage CLC TS-CLC series TS-CLC parallel
Heat input LHV, MWy 8125 898.8 853.9 853.9 853.9
Gas turbine, MW, 261.6 263.9 225.1° 194.0° 217.3°
Heat Recovery Steam Cycle, MW, 179.5 161.2 183.0 208.1 188.3
Gross power output, MW, 4411 425.1 408.1 402.1 405.6
Syngas blower, MW, -1.0 -1.1 -0.8 -0.8 -0.8
N, compressor, MW, —-34.1 -29.8

ASU, MW, —29.6 -32.7 -339 -339 -339
Lock hoppers CO, compressor, MW, -3.1 -3.1 -3.1
Acid Gas Removal, MW, -04 -14.7 -04 -04 -04
CO, compressor, MW, -19.7 -11.0 -11.0 -11.0
Heat rejection, MW, -55 -6.3 -3.6 -38 -3.7
Other auxiliaries, BOP, MW, -32 -3.6 —-4.7 —-4.7 —-4.7
Net power generated, MW, 367.4 3173 350.6 3445 348.1
LHV efficiency, % 4521 3531 41.05 40.34 40.77
CO, capture efficiency, % 89.8 97.1 97.1 97.1
CO; purity, % 98.2 96.7 96.7 96.7
CO, emission, kg CO, emitted/MWh, 769.8 101.4 24.7 25.1 24.9
CO, avoided, % 0 86.8 96.8 96.7 96.8
SPECCA, M] LHV/kg CO, 3.34 1.08 1.29 1.16

2 Gas turbine power includes consumption of air blower and nitrogen compressor for purge.

4. Conclusions

The performances of different packed bed CLC configurations in
an IGCLC power plant have been compared based on process and
reactor design and the initial investment costs. In one stage
packed bed CLC, the temperature increase during the oxidation
step is achieved in a single stage by means of a single oxygen
carrier. Recently, a different approach has been demonstrated in
which temperature increase is achieved in two stages (TS-CLC) by
means of two oxygen carriers. In this case, during the heat
removal operation step, heat is blown from the first bed to the
second bed and from the second bed to the gas turbine. In this
step, both reactors need to be connected in series. But the
oxidation, reduction and purge steps can also be operated with
both reactors in parallel.

In this work, it has been demonstrated that with the TS-CLC
system based on Cu and Mn based oxygen carriers, a LHV

efficiency close to the one stage CLC can be reached (40.3—40.8%
compared to 41.1%). For TS-CLC a larger reactor volume is needed,
because a lower temperature change per reactor is desired. The
lower temperature change is possible if the oxygen content of the
oxygen carrier material is decreased and this leads to a larger total
reactor volume. Despite the larger reactor volume, the initial in-
vestment costs for TS-CLC are estimated to be a factor two smaller,
because of the lower costs for the oxygen carrier.

If TS-CLC with series and parallel fuel feeding are compared,
parallel feeding shows higher efficiency but also higher investment
cost, mainly due to the need of a larger number of high temperature
valves. Therefore, further investigation with more reliable cost
functions is needed to understand which of the two TS-CLC options
is the most profitable.

Other issues will have to be considered when comparing the
one stage and the two-stage CLC systems, e.g. stability over time,
reliability, controllability, which should be evaluated based on



experimental work. This study has however demonstrated that,
despite the slightly lower process efficiency, TS-CLC based on
Cu—Mn oxygen carriers allows reducing significantly the cost of
the CLC reactor system, and may hence be preferable on the
economic side. The larger flexibility in the selection of the oxy-
gen carriers is an intrinsic advantage of this system, which can

be

decisive in designing cheaper and high efficiency CLC

processes.
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