
Process design of a hydrogen production plant from natural gas
with CO2 capture based on a novel Ca/Cu chemical loop
⇑ Corresponding author. Tel.: +34 976 733977.
E-mail addresses: imartinez@icb.csic.es (I. Martínez), matteo.romano@polimi.it

(M.C. Romano), jramon@incar.csic.es (J.R. Fernández), paolo.chiesa@polimi.it (P. 
Chiesa), ramon.murillo@csic.es (R. Murillo), abanades@incar.csic.es (J.C. Abanades).
I. Martínez a,⇑, M.C. Romano b, J.R. Fernández c, P. Chiesa b, R. Murillo a, J.C. Abanades c

a Instituto de Carboquímica (Consejo Superior de Investigaciones Científicas), Miguel Luesma Castán 4, 50018 Zaragoza, Spain
b Politecnico di Milano, Dipartimento di Energia, Via Lambruschini 4, 20156 Milano, Italy
c Instituto Nacional del Carbón (Consejo Superior de Investigaciones Científicas), Francisco Pintado Fe 26, 33011 Oviedo, Spain
Received 25 May 2013
Received in revised form 13 September 2013
Accepted 15 September 2013
1. Background and scope

Hydrogen is mainly used today in ammonia, oil refining and
methanol production plants. The share of hydrogen production in
the global emissions of CO2 is relatively small (the emissions from
steam methane reformers are estimated to account for about 3% of
the global emissions [1]), but the demand for hydrogen is expected
to grow in the future due to the growth of ammonia production
and to the increase in the use of H2 for the production of light
and low-sulphur oil distillates in hydrotreating and hydrocracking
processes [2]. In addition, in a carbon-constrained world, the use of
hydrogen as an energy carrier is expected to rise, in refineries as a
fuel for power generation, in boilers and process heaters [3,4] or
even as a fuel for transport assuming that the hydrogen economy
continues to develop [5].

Synthesis gas (and therefore hydrogen) can be produced from
almost any carbon source ranging from oil or natural gas to coal
and biomass. Natural gas is the most widely used feedstock be-
cause of its low overall H2 production costs at the most common
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Nomenclature

eCO2 ;NG natural gas emission factor (2.65 kg CO2/kg NG)
Eeq equivalent CO2 specific emission (g CO2/MJ H2 output)
Eeq-ref equivalent CO2 specific emission in the reference plant

without capture (g CO2/MJ H2 output)
_mCO2 ;capt mass flow rate of CO2 captured
_mH2 mass flow rate of the H2 output (kg/s)
_mNG mass flow rate of the natural gas input (kg/s)
_mNG;eq mass flow rate of the equivalent natural gas input (kg/s)

Qth thermal power output of the steam export (MW)
Tgin,i gas temperature at the inlet of stage i of the Ca/Cu loop-

ing process (K)
Tmax,i maximum temperature achieved in stage i of the Ca/Cu

looping process (K)
Wel electricity power output of the plant (MW)

Acronyms
CCR carbon capture ratio
CCReq equivalent carbon capture ratio
CLC chemical looping combustion
ECO economiser
EVA evaporator
FTR fired tubular reformer

HP high pressure
HT high temperature
LHV lower heating value
LT low temperature
NG natural gas
PSA pressure swing adsorption
SER sorption enhanced reforming
SH superheater
SMR steam methane reforming
SPECCA specific primary energy consumption for CO2 avoided
VLP very low pressure
WGS water gas shift

Greek letters
gel,ref electric efficiency of a conventional natural gas com-

bined cycle
geq;H2

equivalent H2 production efficiency
geq;H2�ref equivalent H2 production efficiency of the reference

plant without capture
gH2

hydrogen production efficiency
gth,ref reference thermal efficiency of a conventional industrial

boiler
plant scales. There is also widespread interest in mitigating climate
change mainly by reducing the amount of CO2 emitted to the
atmosphere from large stationary sources. In the medium-to-long
term, large fossil-fuel H2 production plants fitted with CO2 capture
and storage systems (CCS) will form part of a privileged branch of
technology, and therefore, R&D should be devoted to make CCS
technically and commercially efficient by improving plant effi-
ciency, reducing capital costs, and increasing the operational flex-
ibility and reliability of hydrogen production systems.

The dominant H2 production technology on a large scale is the
steam methane reforming (SMR), which is responsible for around
50% of the hydrogen produced worldwide [6,7]. SMR comprises
two reaction steps: a first reforming step operating at high temper-
ature between 1073 and 1173 K and at high pressure using a nick-
el-based catalyst (reaction 1), and a second shift reaction which
can be carried out either in a single stage or in two stages at differ-
ent temperatures to enhance the conversion of CO to CO2 (reaction
2). In the second case, the first shift stage is usually performed at
high temperatures of 623–783 K over a chromium–iron oxide cat-
alyst promoted by the addition of a small amount of copper (1–
2 wt.%), whereas the second shift reactor operates at a lower tem-
perature of 453–603 K over a copper–zinc catalyst so that the CO
fraction is reduced to around 3 vol.% of the gas leaving the second
shift reactor [6,8]. H2 production by SMR is performed at a high
pressure of around 1500–3000 kPa for the sake of economy despite
its negative effect on methane conversion [8]. However, further
purification steps are needed after the shift reactors to attain the
high degree of H2 purity necessary for its final use.

CH4 þH2O$ COþ 3H2 DH298 K ¼ þ206:2 kJ=mol ð1Þ

COþH2O$ CO2 þH2 DH298 K ¼ �41:5 kJ=mol ð2Þ

Although SMR is the most efficient and economic process for H2

production on a large scale compared to the rest of the technolo-
gies in common use today such as partial oxidation, coal gasifica-
tion or autothermal reforming, it has serious drawbacks [8]. The
stringent conditions of high pressure and high temperature that
are required in the reforming reactor as well as the high endo-
thermicity of the reforming reaction, entail large additional fuel
requirements in the reactor to guarantee the supply of the energy
needed for the reforming reaction. Although the thermal efficiency
of a tubular reformer and waste heat recovery section is close to
95%, the overall efficiency has been estimated to be in the range
of 70–80%, when defined as the energy (on a LHV basis) of the
H2 product obtained in relation to the total LHV thermal input
(natural gas and additional fuel) [6,9–11]. Efficiency can be in-
creased if the amount of heat transferred in the tubular reformer
is reduced by using a pre-reformer to decompose the large hydro-
carbons before the SMR. Another option for improving efficiency is
to increase the energy transferred to the reformer via a convective
heat-exchange reformer (also known as gas heated reformer),
where the hot product gas is cooled with the transfer of heat to
the gas inside the reformer [8,12]. However, this option also entails
the risk of metal dusting corrosion. Proper construction materials
and the coating of exposed surfaces are required for the efficient
recovery of heat from a high CO content process gas with a carbon
activity higher than 1 in the 673–1073 K temperature range
[13,14].

Thermodynamic constraints require the SMR to be operated at
high temperatures and low pressures to facilitate high methane
conversion [15,16]. However, the production of low pressure H2

would require a subsequent compression stage before it could be
used in synthesis processes or as fuel for gas turbines, which would
probably make the process economically unfeasible [8]. The possi-
bility of combining reaction and separation in order to simplify the
process, enhance efficiency and improve the hydrogen yield has
gained in importance. By equipping the reforming reactor with a
H2 selective membrane, equilibrium limitations can be overcome
since the H2 produced can be continuously withdrawn from the
reacting gas by allowing it to permeate through the membrane.
Lower operating temperatures than those required in SMR would
then be possible [6,17,18]. A large number of experimental and
modelling studies have been undertaken not only to demonstrate
the viability of this concept but also to reduce costs and improve
the design features, performance and efficiency of this technology
[18–22]. One of the disadvantages of this process is that the driving
force for H2 separation is the partial pressure difference between
each side of the membrane, which results in low pressure hydro-



Fig. 1. Conceptual scheme of the Ca/Cu looping process for hydrogen production.
gen production. However, when high purity H2 is not required, for
example in gas turbine applications, high feed pressures and a
sweep gas on the permeate side will make hydrogen compression
unnecessary [21,23–25].

An alternative to membrane reactors for enhancing the thermo-
dynamics of the system is the sorption enhanced reforming (SER)
process, which involves the addition of a Ca-based CO2 acceptor
to the commercial SMR catalyst so that the reforming, shift and
CO2 removal stages (reactions 1, 2 and 3) take place simulta-
neously in the reactor [15,16,26–35]. The CO2 removal reaction
yields a product gas under equilibrium conditions with a hydrogen
content of around 96% (dry basis), which remains constant over a
wide temperature range from 923 K to 1023 K. This temperature
range is well below that required for a conventional catalytic
SMR process, eliminating the need for expensive and troublesome
tubular reformer reactors and favouring the use of cheaper materi-
als and heat exchanger equipments [15,16,29,36]. A shift catalyst is
not required in the SER process since the shift reaction is favoured
by the removal of CO2, making the SER much simpler than SMR. In
the SER process, the heat released by the shift and the CaO carbon-
ation reactions balances the energy required by the endothermic
reforming process, and therefore no external heating is required
by the reforming reactor.

CaOþ CO2 $ CaCO3 DH298 K ¼ �178:8 kJ=mol ð3Þ

However, to ensure continuous operation, the CaCO3 formed by
the CO2 removal reaction must be regenerated in a second reactor
(named calciner) to enable it to be cyclically used. This regenera-
tion is highly endothermic and requires external energy to provide
heat for calcination. It has been widely proposed that the energy
for regeneration could be supplied by the direct combustion of
additional fuel in the calciner or regenerator [37–39], although
indirect heating by heat exchangers using a portion of the recycled
gas heated by additional fuel combustion has also been proposed
[15,16,28,40]. Another alternative is the zero emission gas (ZEG)
concept, which is based on coupling the SER reactor to a solid oxide
fuel cell (SOFC) so that the high-temperature waste heat produced
in the SOFC is used by means of an indirect heat exchange system
to perform the endothermic calcination process at a temperature of
around 1173 K [41]. This concept seems promising in the medium-
to-long term as long as the technical challenges related to the heat
transfer loop and SOFC materials can be solved. Other alternatives
include the lime enhanced gasification (LEGS) process, which al-
lows coal gasification to be carried out in the presence of a Ca-
based sorbent and thereby enhances the hydrogen yield. Energy
for the regeneration of the sorbent is supplied by burning the
remaining char with oxygen and by the exothermic oxidation of
CaS to CaSO4, both of which come from the gasification step [42].
An additional alternative is to use a chemical looping combustion
system to supply energy to regenerate the Ca-based sorbent. This
method was originally proposed by Lyon [43] for fuel combustion,
but later the concept was adapted to become part of the unmixed
reforming (UMR) concept [44,45], in which a Ni/NiO chemical loop
is used to provide energy for calcination. In this process, the Ni-
based solid acts as catalyst in the reforming stage, and during the
sorbent regeneration step air is passed through the solid bed to
oxidize the metal. The energy released in the oxidation reaction
is absorbed by the CaCO3 calcination reaction, and the CO2 cap-
tured during the SER step is released [46]. In this way, an efficient
transfer of energy occurs between the oxidation and calcination
reactions. The drawback is that the CO2 released in the calciner is
diluted with N2 from the air used for metal oxidation making
CO2 capture no longer feasible.

The process discussed in the present work is based on the UMR
concept but it makes use of a Cu/CuO chemical loop to supply heat
for regeneration of the sorbent using the energy released in the
CuO reduction process [47,48]. The sequence of reaction stages in
this novel concept is shown in Fig. 1. It is performed in a series
of fixed bed reactors where pressure and temperature are modified
to favour the production of hydrogen while producing at the same
time a concentrated stream of CO2 suitable for purification, com-
pression and storage. The first step (stage A in Fig. 1) comprises
the production of H2 through a SER process operating at high pres-
sure with steam and natural gas (NG) as feedstock in the presence
of a Ca-based sorbent, a Ni-based reforming catalyst and a Cu-
based material, all in their reduced form. The Ni- and Cu-based
materials remain unchanged in this step and the formation of
CaCO3 enhances the H2 production equilibrium (the sum of reac-
tions 1, 2 and 3). In the next step (stage B), oxidation of the Cu-
material takes place when pressurised diluted air is fed in under
conditions of a limited oxidation rate and minimal CaCO3 decom-
position. In the last process step (stage C), the calcination of the
CaCO3 formed in the SER stage takes place thanks to the heat re-
leased from the oxidation of CH4, CO or H2 resulting from the
reduction of CuO. A suitable Cu/CaO molar ratio must be chosen
to ensure that the heat released in the CuO reduction is enough
to sustain the endothermic CaCO3 calcination step. A full concep-
tual design of this novel process, assuming ideal plug flow models
for each reactor [49], as well as a dynamic pseudo-homogeneous
model for a fixed bed reactor operating in the SER stage of this pro-
cess have been recently published [50]. A reasonable operating
window has been established to ensure that the SER stage of the
Ca/Cu process will attain equilibrium. Lower space velocities than
in conventional steam reforming are required for carbonation to
proceed correctly [51]. There is growing interest in developing
composite CaO–CuO materials suitable for this Ca/Cu looping pro-
cess [52–56]. The objective of these new materials is to reduce the
amount of support material that acts as thermal ballast in the solid
bed. Promising results for the performance of this composite under
the Ca/Cu looping process conditions have been reported, contrib-
uting to the acceptance of this concept as part of pre-combustion
CO2 capture strategy. Moreover, in a previous work, it has been
demonstrated that this novel concept is a suitable technology for
being integrated with a natural gas combined cycle to produce
power, with efficiency penalties of around 8 points, similar to those
obtained with other emerging and commercial technologies such
as chemical absorption [57].

The concept assessed in this work has many similarities with
packed-bed chemical looping process (CLC) systems studied in re-
cent works [58–64]. These works explored theoretically and exper-
imentally the feasibility of the CLC concept in a high temperature
fixed-bed system. These works show that the gas/solid reactions
involved can proceed very rapidly in narrow reaction fronts, which
would allow an effective cyclic operation in a system composed by
several dynamically operated fixed-bed reactors. This system is
hence capable of generating hot gas products with stable temper-
ature and flow rate, suitable for application in a power plant.



Advantages of packed beds over fluidised beds in CLC lie in the
non-need of high temperature-high pressure filtering of entrained
particles before the gas turbine and of the non-need of circulating
hot solids between pressurised reactors, which has not been dem-
onstrated yet. On the other hand, more complex heat management
strategies and a larger number of reactors with valves operating
with hot gases are needed with packed beds, whose feasibility
should be assessed from an economic point of view. As far as valves
are concerned, it can be highlighted that some manufacturers al-
ready offer high temperature valves operating at the temperatures
considered in this work and the development of valves suitable for
this application can be expected in a medium-term horizon re-
quired for the scale up of this concept [65].

In the present work, the main objective is to develop a detailed
and comprehensive process design of a H2 production plant based
on the Ca/Cu looping process described above. Reasonable assump-
tions concerning NG processing and the reactions involved in each
stage of the process have been made, and an Aspen Hysys simula-
tion model of the entire plant has been assembled. To make a ther-
modynamic assessment of the entire plant, a complete energy
integration study involving all the gas streams has been proposed,
in which the advantages and drawbacks of the process are high-
lighted. The results obtained have been compared with those
achieved by other reference hydrogen production plants based
on commercial reforming technology with and without CO2

capture.
2. Process description

The assumptions made in this work are based on the three main
process units that form the basis of the H2 production plant under
Fig. 2. Simplified layout of the assessed H2 production plant based on the Ca/Cu looping p
in Fig. 1; D is the air compressor; E and F are gas expanders, and G and H are H2 compr
study: (i) NG treatment, (ii) the H2 production process, and (iii) the
H2 purification unit. The mass and energy balances used in this
work to solve the different reaction stages of the H2 production
process are based on those reported by Fernández et al. [49], and
adapted to the assumptions of this study. Fig. 2 illustrates the dif-
ferent units considered to construct an Aspen Hysys simulation
model of a H2 plant based on the Ca/Cu looping process. The fol-
lowing sections describe in detail the main process units cited
above.
2.1. Sulphur removal and pre-reforming of natural gas

The reforming catalyst is extremely sensitive to sulphur and,
therefore, it is necessary to remove all the sulphur compounds be-
fore reforming in a non-regenerative ZnO-based solid bed. To en-
hance the reactivity of ZnO towards sulphur compounds, it is
necessary to convert the compounds into hydrogen sulphide
(H2S) which is more reactive towards ZnO than organic sulphur
compounds. The formation of H2S takes place by hydrogenation
in a catalytic bed of cobalt and molybdenum oxides deposited on
an alumina base, which can be placed either in a separate vessel
or as a layer on top of the ZnO bed. Hydrogenation takes place at
temperatures not higher than 613–643 K so as not to damage the
alumina substrate [66], using a H2 concentration of 2–5 vol.% to en-
sure that hydrogenation formation proceeds at a sufficient rate
[67]. The ZnO bed usually operates at the same temperature as that
required for the hydrogenation step. Since equilibrium is usually
reached, it is possible to reduce the sulphur content to below
0.1 ppm [66]. As the presence of steam inhibits H2S retention, NG
is usually mixed with steam after S-removal (see Fig. 2). Depending
on the pressure of the downstream process and the characteristics
rocess (A, B and C are the reaction stages of the H2 production process as referred to
essors).



of the whole plant, steam can be bled from a steam turbine or gen-
erated by recovering heat from the process streams.

At the high temperatures reached in the reforming steps of the
Ca/Cu looping process, the decomposition of higher hydrocarbons
via thermal cracking into olefins, and then into coke, is likely to
occur [68]. Moreover, at high temperature, the lower the steam-
to-carbon (S/C) molar ratio in the inlet gas, the greater the risk of
formation of whisker carbon, which has a high mechanical strength
and can cause the breakup of catalyst particles or the reduction of
the active catalyst surface, and therefore, its subsequent deactiva-
tion [8]. In the layout proposed (Fig. 2), NG is pre-reformed before
it enters the H2 production process, to decompose higher hydrocar-
bons into CH4 and CO, according to reactions 2, 4 and 5. The steam
reforming of higher hydrocarbons (reaction 4) is usually consid-
ered as irreversible for all higher hydrocarbons provided that cat-
alytic activity is strong enough. At the same time, equilibrium
between methanation (5) and water gas shift reaction (2) is estab-
lished [69].

CnHm þ nH2O! nCOþ nþ 1
2

m
� �

H2 DH298 K > 0 ð4Þ
COþ 3H2 $ CH4 þH2O DH298 K ¼ �206:2 kJ=mol ð5Þ

Pre-reforming is commonly carried out in an adiabatic fixed bed
reactor at a temperature between 653 and 773 K in the presence of
a Ni-based catalyst [68]. This pre-reforming step is performed after
S-removal to avoid H2S being chemisorbed on the nickel surface.
Although pre-reforming occurs after the S-removal unit, sulphur
traces will be retained by the pre-reforming catalyst and will
slowly poison the nickel catalyst. However, this will ensure a virtu-
ally sulphur-free gas for the H2 production process and result in a
prolongation of the downstream solids life: the reforming catalyst,
Ca-based sorbent and Cu-based material. In NG adiabatic pre-
reformers, the temperature decreases because of the endothermic-
ity of steam reforming of higher hydrocarbons, which allows the
equilibrium from reactions 4 and 5 to be established at a lower
temperature than at the inlet. An even more efficient option for
pre-reforming than the adiabatic one described is that offered by
a gas heated pre-reformer where high temperature reformed syn-
gas is put into contact with the NG-steam charge. Pre-reforming
reactions then occur at a higher temperature than with the adia-
batic option, favouring a higher CH4 reforming reaction and
improving heat recovery [12]. An additional advantage in this case
would be the low-CO content of the streams to be cooled, which
would prevent any risk of metal dusting in the gas heated refor-
mer. For the present work, the gas heating option was discarded
because the heat obtainable from the hot sources would be insuf-
ficient to sustain the process. An adiabatic pre-reforming system
was chosen instead.

In the layout proposed for the Ca/Cu looping process (see Fig. 2),
NG is fed into the process at high pressure and ambient tempera-
ture (stream 1). It is then mixed with a slip of compressed H2

(stream 12) to obtain a concentration of H2 of around 2 vol.%,
which is preheated up to 638 K and then fed into the S-removal
unit. Afterwards, the mixture splits into the NG to be fed in at stage
A, and the NG to be fed in at stage C0 of the Ca/Cu looping process.
Each stream is mixed with the necessary amount of steam to reach
the required S/C molar ratio, and is then fed into the corresponding
adiabatic pre-reformer.
2.2. H2 production process

The H2 production process in this study is based on the three
reaction steps explained briefly in the introduction. Mass and en-
ergy balances for the dynamically operated adiabatic fixed-bed
reactors, as well as the operating window for each step have been
illustrated in detail by Fernandez et al. [49]. In the present work
additional process assumptions have been made concerning the
raw material used, solids involved and reactions that occur at each
step. These assumptions contribute substantially to the detailed
and complete scheme of this novel H2 production process depicted
in Fig. 2. Table 1 summarises the main assumptions for the simu-
lation of the heat and mass balances of this H2 production plant.

CaO hydration could occur due to the presence of a high excess
of steam during the operation, especially in the reforming stage A.
Traditionally, hydration has been proposed as a reactivation meth-
od to improve the performance of CaO as a regenerable sorbent in
Ca-looping systems [70–73]. Usually, CaO hydration is tested at
temperatures lower than 673 K because Ca(OH)2 is unstable above
this value at atmospheric pressure [74]. Moreover, in conventional
Ca-looping systems there is no interest in working under high
pressures that would necessarily lead to higher capital and operat-
ing costs [75]. However, in this work, high pressure is used in
stages A, B and B0, while maximum temperatures may range be-
tween 923 and 1143 K, depending on the input conditions selected
[49,51]. Curran et al. [76] studied the phase equilibrium in two bin-
ary systems, CaO–Ca(OH)2 and Ca(OH)2–CaCO3, at elevated pres-
sures and temperatures, and determined the chemical properties
of the Ca-based CO2 sorbents. Equilibrium data revealed the forma-
tion of melts at temperatures of around 1088 K, whenever the
steam partial pressure exceeded the critical value of 1300 kPa. Pat-
erson et al. [77] also observed melt formation, but at higher tem-
peratures (1283 K). Fuerstenau et al. [78] presented equilibrium
liquid curves for the CaO/Ca(OH)2/CaCO3 ternary system and
showed that melts could contain around 60% of CaCO3 at
7000 kPa and 1053 K. These results demonstrate that the forma-
tion of melts from hydrated CaO can theoretically reactivate spent
Ca-based sorbents, as reported in the literature for some processes.
In the CO2 acceptor process [76,77] and in the HyPr-RING process
[79,80], a Ca-looping system is integrated in a gasification scheme
in order to obtain a high H2 yield from coal. The hydration of the
Ca-based sorbents at high pressure and temperature was observed
to improve the durability of the sorbent after several carbonation/
calcination cycles, even under the eutectic conditions. However,
there is a lack of knowledge concerning the consequences of possi-
ble agglomeration phenomena resulting from the melted material
and how the presence of hydrated sorbent might affect the SER
equilibrium reactions, and consequently the H2 yield. Furthermore,
it has been demonstrated that the beneficial hydration effects on
carbonation conversion disappear if the hydrated sorbent is sub-
jected to temperatures above 973 K [81]. In this study, the operat-
ing conditions for carrying out the SER stage (A in Fig. 2) were
chosen with the aim of avoiding CaO hydration.

Equilibrium data reported in the literature for the CaO hydra-
tion reaction at high temperatures [74,82], were employed to pro-
duce Fig. 3. The most critical conditions for CaO hydration in the
Ca/Cu looping process correspond to stage A and the following
rinse step, which are the points of highest steam partial pressure.
SER stage A is slightly exothermic and the gas temperature
throughout the reactor increases from Tgin,A to a maximum value
of Tmax,A. As can be seen in Fig. 3, the equilibrium steam pressure
increases with temperature, and thus it will be necessary to go to
higher temperatures to avoid CaO hydration when using high
steam pressures for the gas fed in at stage A. However, the carbon-
ation reaction is necessary at this stage for CO2 removal from the
gas phase to occur and, therefore, excessively high temperatures
will have a negative effect on the carbonation reaction. Moreover,
the pressure must not be too low since the H2 compression that
follows (unit G in Fig. 2) contributes to increase the power required
for the entire plant. As a trade-off between these conflicting de-
mands, inlet conditions of 973 K and 1500 kPa were considered



Table 1
Summary of the assumptions made to construct the simulation model of the H2 production plant based on the Ca/Cu looping system.

Natural gas
Composition 89% CH4, 7% C2H6, 1% C3H8, 0.11% C4H10, 2% CO2, 0.89% N2

LHV 46.482 MJ/kg
NG distribution conditions 288 K/1900 kPa

Ca/Cu chemical looping process
Catalyst composition 18 wt.% NiO over Al2O3

Ca-sorbent composition 85 wt.% CaO over Al2O3 (40% of active CaO)
Cu-based material composition 65 wt.% Cu over Al2O3

Amount of catalyst used 0.3 g catalyst/g of CaO in the sorbent
Superficial gas velocities in stages A/B–B0/C–C0 0.5/1–2/5–6 m/s
O2 concentration in stage B 3.4 vol.%
Maximum temperature in oxidation stage 1103 K
Maximum temperature in calcination/reduction stage 1143 K
S/C molar ratio in stage C0 1

Sulphur removal unit
Operating temperature 638 K
Adiabatic pre-reformers
Gas inlet temperature 763 K
Operating pressure 1600 kPa
Pressure drop 36 kPa

Booster air compressor
Polytropic efficiency 85%
Mechanical-electric efficiency 94%

Auxiliary fan and H2 compressor
Polytropic efficiency 80%
Mechanical-electric efficiency 94%

N2-rich expander
Polytropic efficiency 85%
Mechanical–electric efficiency 94%

Pre-reformed NG expander
Polytropic efficiency 80%
Mechanical–electric efficiency 94%

Steam turbine
Polytropic efficiency 80%
Mechanical–electric efficiency 94%

Heat recovery system
Minimum DT in gas–liquid heat exchangers 20 K
Minimum DT in gas–gas heat exchangers 25 K
Minimum DT in gas-boiling liquid heat exchangers 10 K
Heat loss in each heat exchanger 0.7% of heat transferred
Total pressure drop in NG pre-heating 300 kPa
Total pressure loss in cooling gas streams 7% of the initial pressure
Evaporation pressure 1600 kPa

CO2 compressor
Number of intercooled compression stages 5
Inter-cooling temperature 301 K
Inter-cooling pressure loss 1%
Outlet pressure after compression stages 8900 kPa
Final pumping CO2 exit pressure 11,000 kPa
Polytropic efficiency of compression stages 84%
Pump hydraulic efficiency 80%
Mechanical–electric efficiency 94%
to be reasonable for the gas stream fed in at stage A (black dot
highlighted in Fig. 3). Under these conditions for the gas fed in at
stage A, the maximum temperature in the bed at the reaction front
Tmax,A will be at around 1035–1050 K depending on the S/C ratio
chosen, which will result in an active CaO conversion of 78–85%
and a H2 yield at equilibrium conditions of at least 91 vol.% (dry ba-
sis). To achieve SER equilibrium conditions in this stage, as the car-
bonation reaction rate is much lower than that of the reforming
and shift reactions, a low superficial gas velocity of around
0.5 m/s was chosen for stage A [51].

To avoid the unwanted combustion of any hydrogen remaining
in the solid bed during the subsequent stage B, and to avoid hydro-
gen being vented to the atmosphere which would have a negative
effect on the overall hydrogen yield of the process, a rinse step has
been introduced between stages A and B, as depicted by the grey
dashed lines in Fig. 2. High pressure steam at 1600 kPa and
973 K was used for cleaning on the assumption that five reactor
volumes is a proper value for a complete rinse. It should also be
noted that the amount of steam used for rinsing does not have
any relevant effect on the plant’s performance. As a matter of fact,
after rinsing, the steam is recycled to contribute to the S/C molar
ratio in stage A and will be fed in before the adiabatic pre-reform-
ing in order to enhance the CH4 conversion (as indicated in Fig. 2).

The oxidation stage in the Ca/Cu looping process (stage B in
Fig. 2) operates at the same pressure as in stage A to enable the
non-recycled N2 (stream 30 in Fig. 2) to be sent to an expander
for power generation (unit E in Fig. 2). As Cu oxidation is highly
exothermic (reaction 6), the maximum temperature (Tmax,B) needs
to be strictly controlled to avoid any non-desirable reactions of Cu,
the loss of CaO active surface and to prevent the calcination of
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Fig. 3. CaO hydration equilibrium (data from Samms and Evans [69] (grey line) and
Lin et al. [61] (black line)).
CaCO3. Reasonable values for Tmax,B range between 1103 and
1143 K, where the maximum CO2 production resulting from the
calcination of CaCO3 is moderate and determined by the CaO/
CaCO3 equilibrium. Since the lower the temperature, the lower
the CO2 loss, a 1103 K Tmax,B has been assumed. According to the
values given by Barker [83] for the carbonation equilibrium, max-
imum CO2 partial pressure in the gas exiting stage B (stream 26 in
Fig. 2) will be 36 kPa at 1103 K, which corresponds to a CO2 content
of around 2.4 vol.%.

Cuþ 1=2O2 ! CuO DH298 K ¼ �156:1 kJ=mol ð6Þ

To moderate the Tmax,B reached at this stage and avoid hot spots
that could damage the solid material in the reactor, the oxidation
rate must be controlled by reducing the temperature and the O2

concentration in the gas fed in at stage B (stream 25 in Fig. 2).
Gas temperatures in the range of 423–573 K and an O2 concentra-
tion of around 3–4 vol.% serve to limit Tmax,B to 1103 K [49]. This
low O2 concentration is achieved by recycling a large fraction of
the O2-depleted gas exiting stage B (stream 27 in Fig. 2) and mixing
it with the compressed air at 1500 kPa coming from an air com-
pressor (unit D in Fig. 2).

When stage B has finished and all the Cu-based material has
been oxidised to CuO, the solid bed is at the gas inlet temperature
(Tgin,B), which makes it impossible to perform the next reduction/
calcination stage C. To allow stage C to occur, before carrying out
the depressurization of the solid bed, a heating stage B0 is included
in order to transfer the excess heat in the recycled gas to the solid
material in the fixed bed. Due to the non-uniform temperature at
the beginning of stage B, during this stage gas is sequentially pro-
duced at the two temperatures Tmax,A and at Tmax,B. Depending on
the recirculation ratio chosen (molar flow rate of stream 27 to mo-
lar flow rate of stream 26, Fig. 2), the proportion of gas at Tmax,A and
at Tmax,B at the stage B outlet will vary, and therefore the tempera-
ture reached during the heating stage B0 will also change. In any
case, the gas exiting stage B0 will be hotter than the required tem-
perature Tgin,B and it will need to be further cooled down. After
cooling, a blower is introduced to compensate for the gas pressure
losses in stages B and B0, and in the heat exchangers. A recirculation
ratio of around 0.85 for all the operating conditions examined in
this work was obtained from the mass and energy balances to en-
sure a proper control of Tmax,B. The superficial gas velocity in stages
B and B0 was set at around 1.5–2 m/s so as not to incur excessively
high pressure losses [49]. This velocity leads to a pressure drop of
around 25–50 kPa in each stage that, together with the pressure
loss in the heat exchangers, adds up to a total pressure drop for
the recycled O2-depleted gas (stream 29 in Fig. 2) of around
200 kPa. As will be seen in Section 4.2, the energy consumed by
the blower is relatively high and affects the efficiency of the pro-
cess considerably.

Once stage B0 has finished, the pressure must be reduced to
atmospheric level so that the next calcination/reduction reaction
stage can proceed. The solid bed is depressurised on the product
side, and the N2-rich gas swept from this stage is mixed with the
expander outlet gas for cooling before being sent to the stack. After
depressurisation, a rinse step is introduced using low pressure
steam at around atmospheric pressure to clean away any possible
traces of gas present in the system. The steam required for rinsing
can be generated at a pressure slightly higher than atmospheric
pressure, thanks to the low temperature heat available in the pro-
cess (i.e. before the condenser of the H2-rich gas or in the interme-
diate cooling stages in the CO2 compressor). Also, due to the large
availability of low temperature heat, the amount of steam used for
this rinse step does not appreciably affect the overall performance
of the plant. After rinsing, steam, still at a high temperature, is sent
to the expander outlet for purposes of heat recovery.

The next reaction stage in the process is the calcination of the
CaCO3 formed during the SER stage together with the simultaneous
reduction of the CuO formed in stage B. The Cu/CaO molar ratio
chosen for the solid bed should be such that stage C is thermally
neutral, and the heat released by the reduction of CuO is equivalent
to the energy required for the CaCO3 calcination. As proposed by
Fernández et al. [49], CuO reduction is carried out by feeding into
stage C a mixture of the CO/H2 produced in the subsequent reform-
ing stage C0, according to reactions 7 and 8. Traces of CH4 are pres-
ent in the mixture of CO/H2 generated in stage C0 that reduce CuO
according to reaction 9. The pressure in stage C will need to be re-
duced to atmospheric level to allow calcination at reasonable tem-
peratures. Temperatures in stage C above 1123 K are needed to
decompose the CaCO3. The drawback is that, this step requires a
large supply of Cu to the overall process, and consequently of
NG, to heat the solid bed up from the temperature in stage B0 to
that required by stage C. Moreover, temperatures greater than
1173 K may cause the deactivation of CaO due to sinterization
and undesired Cu reactions [84]. For these reasons, the tempera-
ture in stage C was set to 1143 K in this work, leaving a margin
of around 20 K over the calcination equilibrium temperature, to
ensure sufficiently high calcination kinetics.

CuOþ CO! Cuþ CO2 DH298 K ¼ �131:9 kJ=mol ð7Þ
CuOþH2 ! CuþH2O DH298 K ¼ �89:6 kJ=mol ð8Þ
4CuOþ CH4 ! 4Cuþ CO2 þ 2H2O DH298 K ¼ �195:3 kJ=mol

ð9Þ

As shown in Fig. 2, pre-reformed NG is fed into stage C0 to per-
form an additional steam methane reforming step while the solid
bed temperature is reduced to 973 K for the start of a new cycle.
In this way, heat from the cooling of the bed is efficiently recovered
as chemical energy by steam reforming reaction, providing a CO–
H2 rich gas for the following C step, thereby reducing the amount
of NG required to regenerate the sorbent. In order to favour steam
reforming in stage C0 and to avoid carbon deposition on the re-
duced bed at the entrance during stage C, a S/C ratio of 1 was se-
lected, which is a much lower value than for stage A since the
promotion of steam reforming is not of primary importance here.
The pressure in stage C0 is atmospheric, and the pre-reformed gas
must be expanded from 1600 kPa to near atmospheric pressure
(in unit F depicted in Fig. 2), and heated up to the established tem-
perature Tgin,C0 before stage C0. The gas temperature at the inlet to
stage C0 must be 973 K, the same as that in stage A, to prevent
the solid bed cooling down to below this temperature and then fa-



vour CaO hydration during subsequent stage A. H2-rich gas from
stage A is sent to a pressure swing adsorption (PSA) unit for puri-
fication where an off-gas (mainly H2, CH4 and CO) at near atmo-
spheric pressure is produced. This off-gas is fed into stage C0,
together with the pre-reformed NG, to reduce the consumption
of NG and emissions of CO2 resulting from the combustion of the
PSA off-gas. The superficial gas velocities in stages C and C0 were
considered to be around 5–6 m/s since there are no restrictions
from the reforming and CuO reduction kinetics in these stages.

Reducing the amount of NG fed into stage C0 by using the PSA
off-gas leads to an excess of heat in the solid bed at the end of stage
C0. As a result, an additional step is included (stage A0 in Fig. 2) to
remove the excess of heat from the bed and to set the temperature
to 973 K for a new cycle. It is proposed that a fraction of the H2-rich
gas from stage A, which is at around 1500 kPa and at the desired
temperature of 973 K, is introduced into stage A0. Moreover, solid
bed pressurisation occurs during stage A0 due to the H2-rich gas
from stage A being at the desired pressure, and no additional pres-
surisation stages are therefore necessary. The H2-rich gas from
stage A is at equilibrium conditions at Tmax,A, and contains mainly
H2 and steam. When part of this gas is fed into stage A0, the solid
bed will cool down mainly due to an exchange of sensible heat be-
tween the gas at 973 K and the solid material at Tmax,C. However,
there will be an additional cooling by the reforming of the small
amount of CH4 in the gas phase that is going to be heated up to
a Tmax,C of 1143 K. As the carbonation reaction is not substantially
favoured at 1143 K (the carbonation equilibrium constant is
1.53 atm�1, according to Barker [83]), and due to the fact that the
superficial gas velocity chosen for this stage will be too fast for
the carbonation equilibrium to occur [51], CaCO3 formation in
stage A0 can be ignored. Once stage A0 has finished, the H2-rich
gas leaving this stage at Tmax,C is mixed with the non-recycled
H2-rich gas leaving stage A at a Tgin,A of 973 K, and the mixture
(stream 8 in Fig. 2) is cooled down to around 303 K, ready to be
introduced into the PSA unit. The heat recovered from this cooling
step is used to preheat the gas streams and produce steam, as de-
scribed in Section 3 below.

To better clarify the temperature evolution of the gas from each
stage, table 2 is included, where the temperature of the bed at the
different stages and the temperature of the gas generated from
each stage in the cases assessed in this work are reported. For a de-
tailed discussion on how these temperatures are generated, the
reader is addressed to [49]. Since the process simulation code
Table 2
Gas and solid temperatures associated to different stages for the assessed cases.

Stage A Stage B

Ni catalyst, S/C = 4
Initial bed temperature (K) 973 973/1049
Final bed temperature (K) 973/1049 473
Maximum temperature (K) 1049 1103
Inlet gas temperature (K) 973 473
Outlet gas temperature (K) 973 1049/110
Average outlet gas temperature (K) 973 1059

Ni catalyst, S/C = 3
Initial bed temperature (K) 973 973/1036
Final bed temperature (K) 973/1036 473
Maximum temperature (K) 1036 1103
Inlet gas temperature (K) 973 473
Outlet gas temperature (K) 973 1036/110
Average outlet gas temperature (K) 973 1063

Pt catalyst, S/C = 4
Initial bed temperature (K) 973 973/1039
Final bed temperature (K) 973/1039 473
Maximum temperature (K) 1039 1113
Inlet gas temperature (K) 973 473
Outlet gas temperature (K) 973 1039/111
Average outlet gas temperature (K) 973 1063
performs steady state simulations, a proper average temperature
has been used in the simulations for the gas streams produced at
non-constant temperatures. It should also be highlighted that,
due to kinetics and heat transfer limitations, in a real reactor the
heat and reaction fronts will not be perfectly defined as in an ideal
situation. As more accurate 1D modelling also shows [50,51,60],
some dispersion of temperature and chemical species in the axial
direction occurs so that temperature and composition of gases at
reactor outlet gradually change with time. This effect, which can
lead to gas leakages or to incomplete utilization of the bed mate-
rial, has also been neglected in this work and needs to be further
explored with modelling and experiments.

The Ni-based reforming catalyst introduced into the process af-
fects the mass and heat balances, since the operating conditions in
stage B and stage C favour its oxidation and reduction, with O2 and
H2 being consumed respectively. This also contributes to the en-
ergy balance due to the high exothermicity of the oxidation reac-
tion (�470.8 kJ/mol at 1123 K). Moreover, the reforming catalyst
and the inert support of the Ca and Cu functional materials act as
thermal ballast and require energy to be heated up to the maxi-
mum temperature of Tmax,C. Therefore, a higher amount of Cu-
based material is needed in the process. To account for these ef-
fects, Ni-catalyst oxidation and reduction reactions are included
in the mass and energy balances solved for each stage of this pro-
cess. A typical Ni-based reforming catalyst supported over Al2O3

with an active phase of 18 wt.% has been adopted for the purpose
of this work.

2.3. H2 purification unit

H2-rich gas from stage A of the Ca/Cu looping process is sent to a
PSA unit for purification. The PSA unit represents state-of-the-art
technology for both gas separation and purification. It is based
on the use of regenerable solid sorbents packed in different col-
umns, which selectively adsorb certain gas components from a
gas mixture [85]. This technique operates at ambient temperature
and high pressure, and delivers a gas stream enriched in those
components that have been less adsorbed into the solid from the
gas mixture, at a pressure close to that of the feed gas (around
50 kPa lower than the feed pressure) [86]. Traditionally, this puri-
fication technique has been used in the SMR process to produce H2

with a purity of up to 99.999% [6,36,87], from a typical gas mixture
composition (dry basis) of 76% H2, 17% CO2, 4% CH4 and 3% CO. Un-
Stage B0 Stage C Stage C0

473 1049/1103 1143
1049/1103 1143 973/1143
1103 1143 1143
1049/1103 1143 973

3 473/1049 1103 1143
650 1103 1143

473 1036/1103 1143
1036/1103 1143 973/1143
1103 1143 1143
1036/1103 1143 973

3 473/1036 1103 1143
649 1103 1143

473 1039/1113 1143
1039/1113 1143 973/1143
1113 1143 1143
1039/1113 1143 973

3 473/1039 1113 1143
628 1113 1143



der these conditions, the usual H2 recovery efficiency is around 90%
[87]. Operating parameters that influence the H2 recovery rate in
PSA systems include temperature, pressure and composition of
the gas feed, but the most influential parameters affecting H2

recovery are the pressure of the feed and the off-gas: the higher
the ratio of the feed to off-gas pressure, the higher the H2 recovery
rate and, therefore, the lower the investment costs for a given
product rate [86]. A pressure ratio between the absolute feed pres-
sure and the off-gas (or waste gas) pressure of at least 4 is required
to ensure a reasonable H2 recovery rate of around 70–75%.
Although a pressure ratio of more than 15 does not improve the
H2 recovery, it will lead to an increase in the energy consumption
required to reach a higher operating pressure, and to around 90% of
the H2 fed into the PSA being recovered as a high-purity product
[86]. It seems reasonable to expect a higher H2 recovery rate under
SER conditions of a high H2 concentration at the inlet of the PSA
unit (a maximum of 96% of H2, on a dry basis, when SER is per-
formed at 923 K) [15,36]. However, such a scenario has not yet
been analysed in the literature. Moreover, the presence of N2 in
the NG used to produce the H2-rich gas introduced in the PSA af-
fects the H2 purity since the affinity of the materials towards N2

is usually small. Some PSA applications permit N2 removal from
NG such as the Molecular Gate™ PSA process (based on a synthetic
titanosilicate EST-4) [85], which allows the purity of H2 to be en-
hanced. In this work, the PSA unit is assumed to operate at a tem-
perature of around 303 K and around 1500 kPa, with an off-gas
pressure close to atmospheric pressure and a H2 recovery of 90%.
3. Heat recovery system design

A heat recovery system has been designed in this study to allow
the input stream temperature to be adapted to the specifications of
each stage and the steam flow rate to be maximised for stages A
and C0 of the Ca/Cu looping system. Fig. 4 shows a schematic layout
of the heat recovery system designed in this work. The tempera-
Fig. 4. Layout of the heat recovery system proposed in this work (the process stream n
tures shown in this figure correspond to those of the highest H2

yield case (S/C of 4 in stage A) but similar values are obtained using
different S/C ratios, which means that the same heat recovery
arrangement can be adopted in the other cases.

The boiler feedwater is assumed to enter into the plant at
600 kPa and 423 K and, after reaching 1600 kPa, it passes through
an economiser and an evaporator to be slightly superheated at
523 K. After passing through these units, the steam is split into
two streams, mixed with the desulphurised NG before the pre-
reformers and then, after the pre-reformers, charge is fed into
stages A and C0 of the Ca/Cu looping system. In the previous
description of the Ca/Cu looping system, reference was made to
the following hot gas streams that could be used for heat recovery
in gas pre-heating and/or steam generation:

1. H2-rich gas at 995 K (stream 8 in Figs. 2 and 4) resulting from
the mixing of non-recycled H2-rich gas from stage A at 973 K
and recycled H2-rich gas from stage A0 at Tmax,C. This stream
is cooled down to near ambient temperature (303 K in this
work) and then fed into the PSA unit.

2. CO2-rich stream exiting stage C at Tmax,B (stream 21) that is
cooled down to near ambient temperature, dried and pumped
up to 110 bar for storage.

3. O2-depleted gas stream from stage B0 at Tmax,A (fraction of
stream 28) which must be cooled to Tgin,B before being fed into
stage B.

4. Compressed air at 690 K (stream 24) to be fed into stage B at
Tgin,B.

5. O2-depleted stream at 592 K after it has been expanded in unit
E of Fig. 2 (stream 31).

As a consequence of the feedwater temperature chosen at the
economiser outlet (463 K) and the minimum temperature differ-
ence of 20 K between the gas and liquid in the heat exchanger con-
sidered in this work (see Table 1), the temperature of the recycled
gas, after it has passed through the economiser and the evaporator
umbers refer to those in Fig. 2; Notation used: EVA: evaporator; ECO: economiser).



(stream 29 in Figs. 2 and 4), is around 468 K. A similar temperature
results from the cooling of the compressed air exiting unit D in
Fig. 2. Consequently, the temperature of the gas fed in at stage B
(stream 25 in Figs. 2 and 4), which results from mixing stream
24 and stream 29, is around 473 K (=Tgin,B). The temperature, pres-
sure, flow rate and composition of the main flows of the Ca/Cu
plant, when operating under the conditions necessary to achieve
the highest H2 yield (S/C = 4), are reported in Table 3 according
to the notation used in Fig. 2.

As shown in Fig. 4, NG enters the system at 288 K and 1900 kPa
(to compensate for the pressure loss in the pre-heating steps, the S-
removal unit, and the adiabatic pre-reformer), and it is heated up
to the S-removal temperature of 638 K with heat from stream 8
and stream 21. Once it exits the S-removal unit, the NG is split into
two streams, which are sent to stages A and C0 respectively. Both
NG streams are mixed with steam at 523 K and 1600 kPa, in pro-
portions that they satisfy the S/C ratio required. As mentioned in
Section 2.2, the steam flow needed for the rinse step between
stages A and B is recycled and mixed to the NG stream before
the pre-reformer. This mixture (stream 2), which is around
567 K, is heated up to the pre-reformer temperature of 763 K
thanks to the heat recovered from stream 28. The charge at
695 K after the adiabatic pre-reformer (containing H2O, CH4, H2,
CO2 and traces of CO) is heated in two stages up to the required
temperature of 973 K so that it can be introduced into stage A,
by receiving heat from stream 8 at 995 K and from stream 28 at
1033 K, after the heat from the latter has been used to heat the
rinse steam up to 973 K. At the same time, the NG-steam charge
for stage C0 (stream 15) at 588 K is heated up to 763 K before it
is fed into the adiabatic pre-reformer by means of the heat recov-
ered from stream 21 at 907 K. After the pre-reformer, the gas mix-
ture at around 714 K is expanded to 130 kPa to compensate for the
pressure drop when passing through stages C0 and C, and the pres-
sure loss associated with the heat exchangers (accounting for
around 30 kPa). The pressure loss between stages C and C0 is esti-
mated to be around 20 kPa, assuming gas velocities for these stages
Table 3
Temperature, pressure, flow rate and composition of the main gas streams in Fig. 2, for op

Stream T (K) P (kPa) M (kmol/s) Molar Composition

CH4 CO

1 288.0 1900 0.13 89.00 0.00
2 567.0 1600 0.59 16.61 0.00
3 695.3 1564 0.62 16.82 0.03
4 973.0 1500 0.62 16.82 0.03
5 973.0 1498 0.71 1.48 1.20
6 973.0 1498 0.09 1.48 1.20
7 1143.0 1485 0.09 0.36 2.11
8 995.5 1485 0.71 1.33 1.32
9 425.3 1381 0.71 1.33 1.32
10 304.0 1365 0.37 0.00 0.00
11 400.0 2900 0.37 0.00 0.00
14 438.0 130 0.07 13.65 13.57
15 587.5 1600 0.05 42.28 0.00
16 714.3 1564 0.05 44.81 0.09
17 487.8 130 0.05 44.81 0.09
18 462.0 130 0.12 27.21 7.72
20 1143.0 122 0.18 1.34 26.44
21 1103.0 113 0.28 0.00 0.00
23 288.0 101 0.45 0.00 0.00
24 690.1 150 0.45 0.00 0.00
25 473.0 150 2.76 0.00 0.00
26 1058.5a 1476 2.68 0.00 0.00
27 1058.5a 1476 2.31 0.00 0.00
28 649.9b 1464 2.31 0.00 0.00
31 592.3 104 0.36 0.00 0.00

a Average exhaust gas temperature during stage B operation (minimum and maximum
b Average exhaust gas temperature during stage B0 operation (minimum and maximu
of around 5–6 m/s [49]. After expansion, the pre-reformed gas that
has now cooled to 488 K is mixed with the PSA-off gas pre-heated
to 438 K by stream 21. The resulting fuel mixture is heated up to
973 K in one step using the heat recovered from the same stream
21 at 1103 K. Intermediate pressure steam at 523 K and 1600 kPa
available in the process is expanded to 600 kPa, although it has
not been included in Fig. 4 for the sake of simplicity. As explained
in the next section, this low pressure steam can also be exported to
utilities in refineries, and therefore this exported steam figures as
an efficiency credit in the performance indexes listed and ex-
plained below.

The heat recovery system depicted in Fig. 4 corresponds to the
composite curves drawn in Fig. 5. These represent the main gas
streams in the Ca/Cu process (CO2-rich from stage C, H2-rich from
stage A–A0, and N2-rich from stage B0). As can be seen in Fig. 5, the
pinch point between the curves is located at the steam side of the
evaporator inlet and sets the maximum steam production from the
hot gas streams available in the Ca/Cu process. When evaluating
the total high temperature (i.e. above the pinch point) heat avail-
able in the process (Fig. 6), it was found that nearly 70% comes
from the N2-rich gas from stage B0 and from H2-rich gas before
the PSA unit, due to their high mass flow rates and high tempera-
tures. At the same time, the non-recycled gas from stage B (ex-
panded in unit E) represents the lowest contribution to the total
high temperature heat available. This contribution is around 3%,
which means that the temperature of the non-recycled gas sent
to the expander does not significantly affect the total amount of
steam produced. However, expander E represents the largest
power output source in the system and contributes to an important
reduction of the power required by the process. The heat recovered
from cooling the CO2-rich gas stream before it is purified and com-
pressed also represents an important source of heat in the Ca/Cu
system (around 20%).

According to the operating temperatures Tmax and Tgin for the
different stages of the Ca/Cu looping process, and for a fixed S/C ra-
tio of 1 in stage C0, S/C values higher than 4 are not feasible since
erating conditions in Table 1 and S/C of 4 in stage A.

(%)

CO2 C2+ H2 H2O N2 O2

2.00 8.11 0.00 0.00 0.89 0.00
0.37 1.51 0.38 80.96 0.17 0.00
2.51 0.00 7.38 73.11 0.16 0.00
2.51 0.00 7.38 73.11 0.16 0.00
0.94 0.00 57.65 38.58 0.14 0.00
0.94 0.00 57.65 38.58 0.14 0.00
1.07 0.00 59.80 36.51 0.14 0.00
0.96 0.00 57.94 38.31 0.14 0.00
0.96 0.00 57.94 38.31 0.14 0.00
0.00 0.00 100.00 0.00 0.00 0.00
0.00 0.00 100.00 0.00 0.00 0.00
9.82 0.00 59.35 2.20 1.41 0.00
0.95 3.85 0.97 51.52 0.42 0.00
3.67 0.00 8.09 42.93 0.40 0.00
3.67 0.00 8.09 42.93 0.40 0.00
7.27 0.00 37.13 19.69 0.98 0.00
0.28 0.00 70.39 0.90 0.65 0.00
49.94 0.00 0.00 49.63 0.44 0.00
0.00 0.00 0.00 0.00 79.0 21.0
0.00 0.00 0.00 0.00 79.0 21.0
1.97 0.00 0.00 0.00 94.62 3.42
2.35 0.00 0.00 0.00 97.65 0.00
2.35 0.00 0.00 0.00 97.65 0.00
2.35 0.00 0.00 0.00 97.65 0.00
2.35 0.00 0.00 0.00 97.65 0.00

gas temperatures during this stage are 1049.0 and 1103.0 K, respectively).
m gas temperatures during this stage are 473.0 and 1049.0 K, respectively).



Fig. 5. Composite curves (temperature vs. heat transferred) for (a) CO2-rich gas
from stage C (stream 21); (b) H2-rich gas from stages A and A0 (stream 8); (c) N2-
rich gas from stage B0 at Tmax,A (stream 28).

Fig. 6. Contributions to the total high temperature heat available in the Ca/Cu
process from the different hot gas streams in the case at the maximum H2 yield (S/C
of 4 in stage A).
there is not enough steam available in the process at 523 K and
1600 kPa. This steam shortage imposes an upper limit for the S/C
ratio in stage A and it represents a constraint since the higher
the S/C ratio, the higher the H2 yield in stage A, and therefore,
the lower the NG inputs needed. However, it has been found that
when working under equilibrium conditions in stage A with a S/
C ratio of 4, almost 93% of the maximum H2 yield (obtained by
assuming a total conversion of the C-compounds introduced) can
be achieved. Moreover, the recycling of the PSA off-gas as fuel in
the reducing stage C0 of the Ca/Cu looping process prevents the
emission of C-based compounds to the atmosphere. In this way
the CO2 capture rate can be maintained at a level as high as 94%.
4. Reference H2 production plants with and without CO2 capture

Reference H2 production plants with and without CO2 capture
by conventional technologies are included for purposes of compar-
ison. The reference plants are based on conventional technologies
for H2 production and utilise a fired tubular reformer (FTR) for
methane conversion, as commonly installed in refineries [88–90].
A typical H2 output of 30,000 m3 N/h is assumed for purposes of
comparison with the Ca/Cu process.

The configuration of the plant with CO2 capture is shown in
Fig. 7. After the desulphurisation step, NG is mixed with steam
and sent to an adiabatic pre-reformer operating at 3200 kPa. A S/
C molar ratio of 4 has been assumed, which ensures a satisfactory
overall methane conversion and an appropriate steam-to-dry gas
ratio at the high temperature of the WGS inlet. The pre-reformed
charge is sent to the FTR, which has been designed to achieve an
outlet reformed gas temperature of 1163 K. At the FTR exit, the re-
formed syngas is cooled down by producing saturated high pres-
sure steam (at 10,000 kPa). This configuration avoids problems
related with metal dusting, since the evaporating water keeps
tubes below the critical temperature for its initiation. Syngas, once
cooled to 603 K, is sent to a high temperature WGS reactor, where
most of the CO is converted to CO2, enhancing the H2 content in the
syngas. After being cooled to 473 K, the CO is further converted to
CO2 in a low temperature WGS reactor, so that at the exit about
90% of the initial carbon is present in the syngas as CO2.

Syngas from the WGS section is then cooled to nearly ambient
temperature and sent to a chemical absorption section for CO2 sep-
aration. CO2 capture is performed by means of a methyldiethanol-
amine (MDEA) chemical absorption process [91], in which about
95% of the CO2 is selectively removed, generating a H2-rich stream.
The high-purity CO2 released in the stripper (whose reboiler re-
quires 0.82 MJth from the condensation of 600 kPa steam per kg
of CO2 captured) is cooled, dried and compressed to the final pres-
sure of 11,000 kPa. The CO2-lean H2-rich stream from the MDEA
process is then partly sent to the PSA unit for further purification,
where the final H2 product is obtained, and partly mixed with the
PSA off-gases to be used as fuel in the FTR burners. By using a car-
bon-lean fuel in the FTR burners, it is possible to reach a carbon
capture ratio of about 85%, assuming the S/C and the reactor tem-
peratures mentioned above.

The reference FTR plant without CO2 capture differs from the
configuration described above in that there is no CO2 absorption
section, there is no low-temperature WGS reactor and for the use
of NG as fuel in the FTR burners. Hence syngas at the exit of the
high temperature WGS is cooled to nearly ambient temperature
and sent to the PSA purification unit, where pure hydrogen is deliv-
ered and off-gases enriched with CO and CO2 are burned in the FTR
furnace after they have been mixed with additional untreated NG.
The lack of a low temperature WGS reactor simplifies the operation
of the plant and does not represent an energy penalty for the pro-
cess, since the unconverted CO is used afterwards as fuel in the
FTR. For the same reason, in the plant without CO2 capture S/C is
reduced to 2.7, which improves the overall efficiency of the
process.

In both plants, enough excess heat is available from syngas and
furnace flue gas cooling to guarantee the required S/C ratio in the



reformer. Thus, heat is mainly recovered by producing high pres-
sure steam (10,000 kPa), and a backpressure steam turbine pro-
pelled by the expanding steam is used to further improve the
efficiency of the overall process. Steam is first expanded to an
intermediate pressure of 4000 kPa, at which point part of the
steam is extracted to make up the reforming charge. The remaining
steam available is further expanded to 600 kPa and is partly used
for CO2 stripping (when the CO2 absorption unit is used) and partly
exported to other units in the refinery. It should be noted that the
high pressure evaporation level of 10,000 kPa is higher than that
adopted in most hydrogen plants. It was selected for this study
as being a good assumption for benchmark plants and to allow a
fairer comparison with mid-long term plants that are equipped
with advanced technology and have as their aim low emissions
and high levels of efficiency.
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5. Discussion

Different performance indexes were defined in order to facili-
tate comparison between the results obtained in the simulation
of the Ca/Cu process and the reference H2 plants with and without
CO2 capture. Defining these indexes is not straightforward, since
each plant exports different amounts of steam and exchanges
(both import and export) electricity with the grid. The following in-
dexes were considered to assess the global performance of the
plants:
� H2 production efficiency: this is the ratio between the LHV

energy output of the hydrogen stream and the LHV energy input
of the natural gas fed to the plant:
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where _mH2 is the mass flow rate of the H2 output and _mNG is the
mass flow rate of the natural gas input.� Equivalent natural gas
input: this is calculated by subtracting the flow rate conceptu-
ally associated with the production of the heat Qth and the elec-
tricity Wel exported from the plant (negative if imported) from
the natural gas input:
Table 4
Results
30,000

S/C a
NG t
% NG
Steam
Pre-r
N2 e
Air c
CO2

H2 c
Stag
Othe
Net
Heat
Equi
gH2 (
geq,H

Equi
CCR
CCRe

Cu/C
SPEC

a Ope
b Mo

same a
_mNG;eq ¼ _mNG �
Q th

gth;ref � LHVNG
� Wel

gel;ref � LHVNG
ð11Þ
Reference efficiencies for heat production (gh,ref) and power
generation (gel,ref) were assumed to be 90% and 58.3% respec-
tively, corresponding to state-of-the-art industrial boilers and
large-scale combined cycles [92]. Heat export is considered pro-
portional to the flow rate of steam exported and is calculated by
assuming that steam is condensed to a saturated liquid
condition.
� Equivalent H2 production efficiency: this is calculated by consid-

ering the LHV power associated with the equivalent natural gas
as thermal input, when natural gas is devoted to hydrogen
production:
geq;H2
¼

_mH2 � LHVH2

_mNG;eq � LHVNG
ð12Þ

This index allows a homogeneous comparison to be made
between the thermal performances of plants that produce dif-
ferent amounts of the three final products.
� Carbon capture ratio: this is the ratio between the CO2 captured

in the process and the CO2 emissions related to the carbon con-
tent of the natural gas input:
CCR ¼
_mCO2 ;capt

_mNG � eCO2 ;NG
ð13Þ
where eCO2,NG represents the natural gas emission factor, equal
to 2.65 kgCO2/kgNG.
� Equivalent carbon capture ratio: this is the ratio between the CO2

captured in the plant and the CO2 emissions associated with the
equivalent natural gas input:
obtained for reference plant without/with CO2 capture and for the Ca/Cu looping
m3 N/h in every case.

Reference FTR based plant Reference

t reformer inlet (stage A for the Ca/Cu) 2.70 4
hermal input (MW) 121.94 130.79

input to reformer or stage A 88.87 100.0
turbine electric output (MW) 3.34 3.84

eformed gas expansion (MW) – –
xpander (MW) – –
ompressor consumption (MW) – –
compressor electric consumption (MW) – 2.15
ompressor (MW) – –
e B-B0 fan (MW) – –
r plant auxiliaries (MW) 0.96 1.35

electric plant output (MW) 2.38 0.34
Output (MW) 8.62 4.06

valent NG thermal input (MW) 108.27 125.69
%) 73.98 68.78
2 (%) 83.33 71.57
valent CO2 emission (gCO2/MJ of H2) 68.39 9.26
(%) – 84.92
q (%) – 88.37
aO molar ratio –
CAeq (MJ/kg CO2) – 3.33

rating conditions described in Table 1.
dified operating conditions: 0.15 g Pt-based catalyst/g sorbent, Tmax,B = 1113 K an
s those in Table 1).
proces

FTR ba

d gas ve
CCReq ¼
_mCO2 ;capt

_mNG;eq � eCO2 ;NG
ð14Þ
� Equivalent CO2 specific emissions: this is the ratio between the
CO2 emitted, considering the CO2 emissions related to the
equivalent natural gas input, and the hydrogen output (in
gCO2 per MJ of H2 output):
Eeq ¼
_mNG;eq � eCO2 ;NG � _mCO2 ;capt

_mH2 � LHVH2

� 1000 ð15Þ
� Equivalent specific primary energy consumption for CO2 avoided
(SPECCAeq): this coefficient measures the amount of fuel thermal
energy required to avoid the emission of one kg of CO2. The
SPECCAeq (in MJ/kg CO2) is defined as follows:� �
SPECCAeq ¼
1

geq;H2
� 1

geq;H2�ref

Eeq�ref � Eeq
� 1000 ð16Þ
where geq,H2-ref and Eeq-ref are the equivalent H2 production effi-
ciency and the equivalent specific CO2 emissions, respectively,
of the reference FTR plant without capture.
Table 4 summarises plant performance indexes obtained for the

reference plants with and without CO2 capture, together with
those obtained for the Ca/Cu process under different S/C ratios in
stage A according to the operating conditions detailed in Table 1.
The most relevant influence of the S/C ratio in stage A lies in the
NG thermal input required for the process. This increases from
112.9 MW to 117.4 MW when the S/C ratio decreases from 4 to
3, due mainly to the reduction in CH4 conversion from 90% to
80%. At the highest S/C ratio possible in this process (i.e. 4), a gH2

as high as 79.1% can be achieved, which is a value far larger than
the ones attained by the reference plants, either with and without
CO2 capture (69–74%). Moreover, the Cu/CaO molar ratio is slightly
higher in those conditions with a S/C ratio of 3 as a consequence of
two different effects. On the one hand, the lower the S/C ratio in
stage A, the higher the content of CH4 in the PSA off-gas due to
the lower conversion in the SER stage. Therefore, because of the
less favourable CuO reduction stoichiometry with CH4 (reaction
9), a higher amount of Cu is required in stage C, and consequently
for the process as a whole. On the other hand, when the S/C ratio
decreases in stage A, the SER equilibrium is not as favoured as
s under different operating conditions analysed, maintaining a H2 output of

sed plant with CO2 capture Ca/Cu looping
processa

Ca/Cu looping processb

4 3 3
112.87 117.39 113.56
82.16 85.51 88.11
0.04 0.52 0.29
0.49 0.41 0.33
5.18 6.04 5.59
5.84 6.53 5.95
2.12 2.21 2.13
1.07 1.06 1.06
1.18 1.42 1.02
0.19 0.16 0.15
�4.69 �4.41 �4.10
0.92 7.54 4.33
119.88 116.61 115.78
79.12 76.05 78.63
74.49 76.56 77.13
8.69 4.21 6.45
94.15 93.71 93.05
88.65 94.34 91.27
1.58 1.64 1.61
2.38 1.65 1.56

locity of 1 m/s in stages B and B0 (the rest of operating parameters are the



Fig. 8. Estimation of the operational diagram of the Ca/Cu looping process depicted in Fig. 2 (Notation used: dep-depressurisation; rep-pressurisation).
when the S/C ratios are high and Tmax achieved in stage A is there-
fore lower, which increases the temperature difference between
stages B0 and C. Consequently, the amount of energy required in
stage C from the CuO reduction is greater. In contrast, geq,H2 shows
the opposite behaviour by falling sharply from 76.6% to 74.5%
when the S/C ratio increases from 3 to 4. This tendency is mainly
due to the higher amount of steam exported for a reduced S/C ratio
in stage A, caused by a lower steam requirement in stage A, and a
higher level of steam production (the amount of heat available
from the gas streams depicted in Fig. 4 is greater, associated with
the higher recycle from B to B0, a higher fraction of gas exiting A
sent to stage A0 and the higher mass flow rate of gas from stage
C). The results in Table 4 show that there are no significant differ-
ences in the power output of the plant when the S/C ratio in stage A
changes, because the larger steam turbine and expander outputs at
reduced S/C ratios are partly compensated for by the higher con-
sumptions of the air compressor and recycle blower.

For the reference FTR-plant with a CO2 capture system based on
MDEA absorption, a geq,H2 of around 71.6% and a carbon capture ra-
tio (CCR) of around 85% are obtained. Noticeably better geq,H2 val-
ues for the Ca/Cu looping process result for any of the S/C ratios
analysed (between 3 and 5% points above that of the reference
case), mainly due to the better cold gas efficiency of the SER pro-
cess. Moreover, the CCR in the Ca/Cu process is appreciably higher
compared to that of the reference plant (94% vs. 85%) since carbon
emissions associated with the PSA off-gas are avoided. These dif-
ferences translate into a lower amount of energy consumed per
unit of CO2 captured in the Ca/Cu process (i.e. around 1.6–2.4 MJ/
kg of CO2) compared to that of the reference plant with capture
(3.3 MJ/kg of CO2), which confirms the potential of this novel Ca/
Cu process as a good H2 production technology with CO2 capture
compared to conventional H2 production processes equipped with
commercial capture technologies.

As can be seen from results in Table 4, the main power con-
sumptions correspond to the air compressor that supplies O2 in
the oxidation stage of the Ca/Cu process. The operating conditions
selected in this work (detailed in Table 1) offer several alternatives
for improving the performance of the process while lowering the
power requirements. The use of more reactive reforming catalysts
based on noble transition metals (such as Pt, Rh or Pt), that do not
undergo oxidation and reduction over the several reaction stages,
reduces the amount of catalyst needed in the process and reduces
air consumption in the oxidation stage. Other alternatives that
would improve the performance of the Ca/Cu looping process in-
clude increasing the maximum temperature allowed in stage B,
which would reduce the amount of Cu-material and solid material
to be heated up in stage C. Also reducing the gas velocities in stages
B and B0 would result in lower pressure drop in the solid bed and,
therefore, in a lower consumption of the recycle blower. In order to
quantify the influence of these alternatives on the performance of
the process, an additional simulation case based on the following
assumptions has been included: (1) a Pt-based reforming catalyst,
working under the minimum catalyst-to-sorbent mass ratio of 0.15
required to achieve the maximum possible H2 production [51], (2)
a maximum temperature in stage B of 1113 K, and (3) a gas veloc-
ity in stages B and B0 of 1 m/s. The results obtained under these
conditions have been listed in the last column of Table 4. As ex-
pected, a reduction in the power needed in the process is observed
because of the smaller amount of air consumed in the oxidation
stage resulting from the use of a noble metal catalyst, and from
the reduction in the pressure drop in the recycle blower. Moreover,
the gH2 and geq,H2 values increase to 78.6% and 77.1%, respectively,
with respect to the Ca/Cu base case with a S/C ratio of 3 under the
conditions in Table 1, due to the reduced energy input needed in
stage C0 associated with the smaller amount of solid material re-
quired and the lower temperature difference to be heated up to
reach the calcination temperature during stage C. These results
show there is potential for efficiency improvement in the Ca/Cu
looping process if more active catalysts are used, and if higher
maximum temperatures or lower gas velocities are allowed during
the reaction stages. In addition to the alternatives already ana-
lysed, the development of materials with a higher content of active
CaO or Cu than those considered in this work could also contribute
to a reduction in the energy consumption of the Ca/Cu process, and
therefore to an enhancement of its performance. For this reason,
further investigation focused on materials for the Ca/Cu process
with low inert and high active contents is needed to confirm the
experimental and modelling potential of this novel concept.

In a continuous process, all the reaction stages described above
must be carried out in a system of packed fixed beds operating in a
cyclical manner. Multiple beds operating at the same time with the
feed gas being switched from one reactor to another reactor are
necessary to produce the steady amount of H2 mentioned above
(30,000 Nm3/h). For the operating conditions and flow rates that
maximise H2 efficiency (a S/C of 4 in stage A), and a reactor length
of 7 m, a theoretical duration of around 30 min has been estimated
for stage A assuming that the essential design criterion for this
stage is to work at the highest possible gas velocity (0.5 m/s) al-
lowed by the SER equilibrium [50]. For stages B and B0, the criterion
followed has been the minimum number of beds working in paral-
lel without incurring an unacceptably high pressure loss. An
acceptable limit for the pressure drop in a reaction stage is consid-
ered to be around 50 kPa. Therefore, gas velocities of around 2 m/s
(B) and 1 m/s (B0) have been chosen. In stages C and C0, the reduc-
tion, calcination and reforming reactions are fast enough to permit
the operation at a high gas velocity (around 5–6 m/s) without
incurring an excessive pressure loss. A theoretical time for the
completion of one cycle has been estimated to be around



140 min assuming a minimum of 15 reactors: 3 operating in stage
A, 3 in stage B, 3 in stage B0, and one reactor for each of the other
remaining steps (stage C, stage C0, rinse steps (2), depressurisation
and re-pressurisation + stage A0), as shown in Fig. 8. The opera-
tional diagram proposed in this work is based on simple process
assumptions, and therefore, an alternative diagram would be pos-
sible if a more complete economic assessment were carried out so
as to optimize the process in terms of velocities, number of parallel
reactors, reactor length, etc.

A further point to be discussed is the temperature of the gas
from B stage which is expanded in the N2 expander. In order to
avoid thermal stress affecting the turbine blades and pressure fluc-
tuations, temperature variations and gradients need to be mini-
mised. It is generally acknowledged that the smaller the
temperature change of the gas sent to the N2 expander, the better
for turbine operation. Similarly, mixing the outlet gas from the
beds operating in parallel in stage B with a certain time shifting
could have a positive buffering effect, leading to smoother temper-
ature peaks. In the case of S/C = 4, the maximum DT of 54 K for the
gas from stage B (between Tmax,A = 1049 K and Tmax,B = 1103 K) is
reduced to 18 K as a result of operating with three parallel beds.

As a final remark, it should be highlighted that an economic
analysis is needed to evaluate the feasibility of this concept com-
pared to competitive technologies. The controllability of the plant,
the availability and reliability are other important points to be ta-
ken into account when comparing different processes. As regards
capital cost, despite a number of parallel reactors are required in
the Ca/Cu process, cheaper material than in FTR can be used and
downstream shift reactors and equipment for CO2 separation are
avoided, with potential savings. As far as operating costs are con-
cerned, the high hydrogen production efficiencies obtained with
the Ca/Cu process can be decisive, considering that operating cost
in conventional FTR plants, associated to primary feedstock con-
sumption, can contribute by up to 70–85% to the cost of the hydro-
gen produced [93].
6. Conclusions

A detailed and complete process design of a H2 production plant
based on a novel Ca/Cu chemical looping process has been de-
scribed assuming a set of reasonable operating conditions (0.3 g
of conventional Ni-based catalyst per g of CO2 sorbent, 1600 kPa,
a maximum temperature in the oxidation stage of around 1103 K
and a maximum temperature for the sorbent calcination of around
1143 K). On the basis of a fully integrated scheme representing the
gas streams available in the Ca/Cu process and a complete thermo-
dynamic assessment, this study estimates a maximum H2 yield of
3.4 mol of H2/mol of carbon, which corresponds to an equivalent
hydrogen efficiency of around 75% and a CCR of around 94%. Fol-
lowing an analogous procedure for the integration of a reference
H2 production plant based on conventional steam reforming with
MDEA for CO2 absorption, an equivalent hydrogen efficiency of
around 72% (3% points lower than the Ca/Cu process) was obtained
with a CCR of around 85% (9% points lower).

It has been demonstrated that the use of more reactive reform-
ing catalysts (based on noble transition metals), higher tempera-
tures during Cu oxidation and lower gas velocities to reduce the
pressure drop, improve the equivalent hydrogen efficiency of the
Ca/Cu looping process by as much as 77%. Under these conditions,
the equivalent specific energy consumption in the Ca/Cu looping
plant is 1.6 MJ/kg of CO2 captured with a CCR of 93%, which is
much lower than the energy consumed in the reference plant with
CO2 capture (3.3 MJ/kg CO2 captured) with a lower CCR. These re-
sults, added to other design advantages inherent in a Ca/Cu looping
process with a compact pressurised reactor design, demonstrate
the potential of this novel process as a H2 production technology
with CO2 capture compared to conventional H2 production pro-
cesses that use commercial capture technologies. Further research
on materials with a higher content of active CaO or Cu to minimize
the inert content of solid beds will also contribute to reducing en-
ergy consumption in this process and to a better plant
performance.
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