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1. INTRODUCTION

The recovery of acetic acid from aqueous solutions is an
important operation, among others, in the cellulose acetate
industry and in the terephthalic and isophthalic acid production
processes.' > The acetic acid and water system does not show an
azeotrope at atmospheric pressure but shows a tangent pinch on
the pure water end. For this reason, the separation of this mixture
by direct distillation is not technically feasible. The addition of a
third component, generally immiscible with water, allows the
separation of water and acetic acid by heterogeneous azeotropic
distillation, as reported in the literature.*” Water is entrained by
the third component to the head of the column while acetic acid
leaves the column from the bottom, mixed with the entrainer
from which it must be purified before being recycled.

Different kinds of entrainers have been proposed for this
separation: ethyl acetate,*” n-butyl acetate,'*™"> vinyl acetate,"*
or iso-butyl acetate.'>'> A comparison study using ethyl acetate,
iso-butyl acetate, or n-butyl acetate was reported by Chien.'®
These entrainers are efficient in recovering acetic acid from water
but are potential contaminants when acetic acid has to be
recycled to the main production process. The use of p-xylene as
entrainer is here proposed with particular reference to the
industrial terephthalic acid production." This process is well
described by Li."® p-Xylene can work as water entrainer and can
be directly recyclable with acetic acid to the catalytic reactor
without further purification because it is the principal raw
material in the terephthalic acid production process. The main
advantages in using p-xylene in comparison with other entrainers
are (a) no need for the purification of the acetic acid/p-xylene
mixture and (b) having a component not involved and therefore
potentially contaminating the terephthalic production process.
This solution has been proposed in a recent paper by Wang'” and
compared with the traditional entrainer butyl acetate. In this last
paper, particular attention was devoted to the control strategy of
the distillation plant, while in the present paper a detailed study

of both the phase equilibria of the ternary system and the
experimental distillation separation results are reported.

In a previous paper,'® with the aim of using a predictive model,
UNIFAC together with the Hayden—O’Connel'® correlation
was adopted to model this ternary system. The fugacity
coefficient was accounted for because the UNIFAC model
alone was unable to correctly predict the fluid phase equilibria of
the ternary mixture. In this work, in contrast, the UNIQUACzo
activity model was adopted for the calculation of the activity
coefficients and the acetic acid association was considered
negligible, due to both the temperature inside the column and
the acetic acid dilution in the mixture, as discussed in detail in the
following. We decided to change the thermodynamic model
because the availability of experimental data, coupled with a
robust regression tool, allowed us to obtain a more reliable model
with respect to the previous predictive one, considering also that
in the previous work'® the fugacity coefficients were accounted
for because of the poor fitting of the UNIFAC model predictions.
In this work, UNIQUAC binary parameters were regressed using
the robust optimizer belonging to the BzzMath library starting
from these considerations and taking into account different
experimental equilibrium data available in literature. These data
concern both the ternary system®' and the binary mixtures
involved.

The validity of the proposed thermodynamic model, together
with the possibility of using p-xylene as entrainer, was proven by
simulating two kinds of experiments performed on this ternary
mixture: evaporation runs using a batch distillation apparatus and
distillation column runs (1S trays, S m height) made at different
operating conditions to perform continuous heterogeneous
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azeotropic distillation. The overall tray efficiency of the column
was estimated and discussed.

2. EXPERIMENTAL SECTION

The following abbreviations will be used in the paper: W for
water, AcAc for acetic acid, and p-xyl for p-xylene. Compositions
will be expressed in term of liquid molar fraction, x;, or vapor
molar fraction, y;, where i = W, AcAc, or p-xyl. If the compositions
are referred to a particular stream (F, feed of the mixture W/
AcAc; dist, distillate; res, residue), these labels will be inserted.
For example, the molar fraction of acetic acid in the distillate will
be Xdist,AcAc*

AcAc and p-xyl were used as received from Aldrich (purity
>99.9%) without further purification; water was bidistilled.

Nine experimental runs were carried out in two different
apparatus. Runs labeled as run 1—3 were performed in a batch
distillator with a reboiler of 0.1 L, loading three different mixtures
of W, AcAc, and p-xyl at different compositions (reflux ratio = 0);
the condensed vapors were sampled every S min.

Runs labeled as run 4—9 were performed in a Pyrex Bubble-cap
tray micropilot column plant (Normschliff, control unit Mod.
DEST-STAR 1IV).

The height of this column is 5000 mm for a total of 15 trays; it
is thermally insulated by a vacuum gap and through a silver
shield. The plate diameter is S0 mm, the tray space 60 mm, the
downcomer area 200 mm?, the operating hold-up per plate 11
mL, and the residual hold-up per plate 0.8 mL.

The reboiler at the bottom has a capacity of 2 L. The resulting
thermal loss was about 850 kJ h™", which is approximately 30% of
the total exchanged heat, and this was accounted for in all
simulations. During the simulations, a pressure drop of 15 kPa
per tray was adopted.”” The reflux in the column was set similarly
to a Todd column, i.e., using a valve whose opening (reflux equal
to 0) and closing (total reflux) were regulated by a timer. Both
the condensed phases were refluxed in the column during the
experiments performed at finite reflux. Runs were carried out
using different operative configurations. Runs 4—35, at total reflux,
were used to estimate the global efficiency of the column. The
liquid compositions in the reboiler and at the top of the column
and the vapor composition of tray number 12 (from the top tray)
were experimentally determined. In runs 6 and 7, the mixture W/
AcAc was fed at tray number 12 while the entrainer (p-xyl) at tray
number 2 (top of the column). In run number 8, the mixture W/
AcAc was fed into the reboiler and the entrainer at the tray
number 2 to reproduce only the rectification part of the whole
column. Finally, in run 9, the mixture W/AcAc was fed at tray
number 2 together with the entrainer to reproduce only the
stripping part of the whole column. All the experimental runs
were repeated at least three times, and the average values are
reported.

Water content in the samples was determined by Karl Fischer
titration; low acetic acid content (<2%,,) was determined by
titration using KOH 0.1 M and phenolphthalein as indicator. The
AcAc and p-xyl concentration of all the samples was determined
by gas chromatography using a GC 8000 series Fisons, equipped
with a SES2 column (0.53 gm X 25 m). The optimized
temperature program included a first isothermal step at 45 °C for
2 min and then a thermal increase up to 110 °C at 20 °C min™".

The simulations were carried out using PRO/II software
version 9.1 by Simulation Science (SimSci-Esscor, Schneider
Electric). The PRO/II-Excel add-on ternary VLE of PRO/II
was used for generating equilibria phase diagrams and distillation
curves to compare with the experimental data. The computer

algorithm used for the micropilot simulations was the PRO/II
CHEMDIST VLLE, which is able to cope with both a single- and
a double-liquid phase mixture, choosing in each case the
appropriate set of parameters.

UNIQUAC parameters were regressed by the robust BzzMath
optimizer.23'24

3. THERMODYNAMIC ASPECTS

The vapor pressures of W, AcAc, and p-xyl were calculated using
the extended Antoine equation with the parameters of the PRO/
II database, valid in the entire range of experimental temper-
atures (between 100 and 138 °C).

The normal boiling temperatures that characterize the W/
AcAc/p-xyl system are those of the pure components (i.e., 100,
118, and 138 °C, respectively) and those of the two binary
azeotropic binary mixtures, reported in Table 1 together with the
compositions.

Table 1. Normal Boiling Temperatures and Azeotropic
Composition of the Mixtures AcAc/p-xyl and W/ p-xy125 and
Calculated Values Using the UNIQUAC Activity Coeflicient
Model

experimental data calculated by UNIQUAC
system T (K) Xpxyl T (K) Xpxyl
AcAc/p-xyl 388.25 0.18 388.25 0.20
W/p-xyl 365.7 0.24 365.54 0.24

The fluid phase equilibria data available in the literature
concerning W, AcAc, and p-xy121’25_28 have been used to
estimate the activity coeflicients using the UNIQUAC activity
model, in accordance with literature reports on similar
systems.””*° An important aspect of the studied system concerns
the association of AcAc molecules to give dimers and tetramers in
the vapor phase. In the literature different approaches are used to
interpret this phenomenon. For example, Chien'® uses the
Hayden—0O’Connel correlation,'® working on the second virial
coeflicient for the calculation of the AcAc fugacity coefficient,
whereas Chengfei®' prefers not to consider the acetic acid
association. Another interpretation, used for reactive distillation
units, is given by Horstmann® for whom it is not necessary to
calculate the fugacity coefficient, but the AcAc dimerization in
the vapor phase is considered with the Marek and Standart
equation.

In the present work the proposed thermodynamic inter-
pretation is based on the following considerations: (1)
UNIQUAC activity model can represent conveniently this
system, but a robust regression of the parameters is necessary
because of the complexity of the mixture involved in the
distillation column. (2) The fugacity coefficient can be supposed
to be equal to 1 considering both the low pressure (atmospheric)
used in this work and the hypothesis of very low AcAc association
in the vapor phase at the experimental temperatures. This
approach is the same as that of Horstmann.”® The formation of
the dimer molecules is not considered because the temperatures
at which the column was operating are in the 92—138 °C range,
and this means that the association constant (kp, which depends
exponentially on temperature) is very low. In fact, by considering
the Marek and Standart equation,32 increasing the temperature,
for example from 20 °C until 120 °C, results in decreasing the ky,
value by about 2500 times. Another important consideration is
that the critical point for the separation of the W/AcAc system is



the zone in which AcAc molecules are very diluted in water, and
then the actual contribution of acetic acid associated molecules
could be neglected. This thermodynamic approach, very rigorous
for the liquid activity calculation but simplified for what concerns
the acetic acid association, can be very useful for obtaining a fast
simulation of the system, limiting the computational cost. This
last statement is particularly meaningful in a plant real-time
analysis, where if the simulation convergence is reached faster, a
better dynamic control could be possible. The hypothesis here
discussed required the experimental validation reported in the
following,

4. UNIQUAC PARAMETERS REGRESSION

UNIQUAC regression of the model parameters was performed
by means of the set of robust optimizers belonging to the
BzzMath library.*®

Such optimizers are based on object-oriented programming
and parallel computing so as to reduce the computational time.”
This library possesses numerical methods able to simultaneously
handle the so-called narrow-valley problem, which typically arises
in the estimation of kinetic and thermodynamic parameters,**
the possible multicollinearities which could be due to coupled
chemical-physical phenomena, and the possible presence of bad
quality measures with the identification of outliers.>> The
adopted formulation of the nonlinear regression problem>* for
the estimation of binary interaction parameters is based on the
minimization of an objective function, subjected to the nonlinear
system resulting from the equilibrium and stoichiometric
equations.

The objective function is a weighed (@;) least sum of square
errors, in which gi(x;, b)is the model prediction of the kth
dependent variable, as a function of independent variables (x;)
and model parameters (b). In eq 1, the problem formulation for
the regression of the UNIQUAC binary interaction parameters
of the ternary (W/AcAc/p-Xyl) vapor—liquid—liquid equili-
brium is reported. The first guess for binary interaction
parameters estimation has been taken from simulator databanks.
A sensitivity analysis on first guess values has confirmed the
robustness of the optimizer.
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Actually, the mistake made by some strategies implemented in
commercial software**™* is to adopt search directions oriented
along the bottom of the valley to find a step length within a line

search framework. Such a search will prove ineffective because
the direction is usually inexact and the valley is nonlinear. To
exploit the search direction that inaccurately detects the bottom
of the valley, it is necessary to change the point of view: (1) Any
optimization algorithm can find the bottom of the valley by
starting from a point outside the same valley. (2) The line joining
two points on the bottom of the valley is a reasonable valley
direction; therefore, there is a good probability that a point
projected along such a direction will be close to the valley. (3)
Nevertheless, this valley direction must not be used as the one-
dimensional search direction, but rather as a direction along
which a new point projection must be carried out. (4) This new
point should not be discarded even though it is worse than the
previous one; rather, it is the new starting point for a new search.
(5) This search must be performed in the subspace orthogonal to
the valley direction to prevent the issue of small steps arising.
This philosophy is particularly simple in object-oriented
programming. The optimization problem is split into two
different levels:

1. The first level (outer optimizer) is managed by a single
object that exploits the above-mentioned procedure to
find a certain number, N, of points to initialize an even
number of objects. N is 4 if the number of available
processors is smaller than or equal to 4. N corresponds to
the number of available processors otherwise.

2. In the second level (inner optimizer), each object uses a
program to search for the minimum with a limited number
of iterations starting from the point assigned by the outer
optimizer.

This philosophy is useful in solving all problems demanding
algorithm robustness: when the function (1) has many minima
and we need to search for the global minimum, (2) has very
narrow valleys (or steep walls), or (3) is undefined anywhere. All
these problems arise in the estimation of thermodynamic
parameters. Moreover, this philosophy is particularly effective
when several processors are available. Actually, each object of the
inner optimization can be managed by its dedicated processor.

Searching for the global optimum and tackling possible narrow
valleys are both jobs for the outer optimizer. The following
strategy is proposed to manage the N objects: three objects are
required to apply the point projection, whereas the remaining N
— 3 objects are selected by using the same techniques employed
in optimal experimental design.”*> The outer optimizer collects
initial and arrival points for each inner object and selects the two
points between them that have the best performances. If these
two points are very close to each other, the best third, fourth, ... is
selected in place of the second to avoid any ill-conditioning while
detecting the valley direction (Figure 1).

Valley direction

Figure 1. Robust C++ algorithm. Points A and B are on the bottom of
the valley (A is the best one); points I, II, and III are the possible point
projections along the valley direction. Point IV is placed out of the valley
according to design of experiment techniques. The number of points out
of the valley depends on the processors available.
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Distances 0;, 6,, and d; between points can be reduced or
expanded depending on the results. For example, if point III
results in a better inner optimum, distances are expanded. Points
from the fourth to the Nth are selected to have the farthest points
compared to all the collected ones. This selection is efficiently
carried out using techniques adopted and proven for the optimal
design of experiments. The following procedure is adopted as the
stop criterion. At each iteration, the number of points in the
neighborhood of the optimum (given a tolerance value) is
checked. If such a number is reasonable (according to an assigned
value), a possible solution is reached. Theoretically, the number
of points should be in the order of magnitude of the optimization
problem dimensions, but it is preferable to use smaller numbers
when the optimization size is large.

The inner optimizer has the task of quickly finding a local
minimum or a point on the bottom of the valley even when
robustness is required. It adopts different strategies explained
elsewhere.” These strategies execute a search very limited in the
amount of iterations because their target is to identify the bottom
of the valley or the local minimum. The one-dimensional
searches are carried out along the Cartesian axes and according to
a specific priority: the first axis is the one with the smallest
variation of the variable with respect to the valley direction of the
previous iteration. The axis with the largest variation is not used.

The performance in terms of estimation accuracy has been
proven with respect to the tools available in commercial suites. In
fact, the regression of the binary VLLE interaction parameters is
not possible using the PRO/II commercial tool because of the
low set of experimental data.

The optimized parameters obtained from the nonlinear
regression are reported in Table S1 of Supporting Information.
Figure 2a,b shows the comparisons between experimental and
calculated VLE using UNIQUAC activity coefficient model for
the binary systems W/AcAc and AcAc/p-xyl. Although the fitting
of the vapor composition is not excellent in the acetic acid-rich
mixture part of the phase diagram, the accuracy of this model for
what concerns the pinch point temperatures and compositions is
very satisfactory, confirming the thermodynamic approach
discussed above. This general result allows us to make a suitable
interpretation of our azeotropic distillation column that requires
high precision in the critical pure water region rather than a good
average fitting in the whole composition of the liquid—vapor
diagram. The effectiveness of the proposed method compared to
the regression tool available in PRO/II software, which is based
on a least-square method (LSA), is highlighted in Table 2, which
reports the mean absolute deviation between the experimental
data and the calculated ones using the UNIQUAC model with
either the robust parameters or the LSA parameters. These are
lower for all three components in all the phases. In addition, the
same deviation was calculated using the database UNIQUAC
parameters, showing that a proper regression algorithm is needed
for a good fitting.

A comparison between the experimental VLLE data of the
ternary system and the prediction of the model considering
interaction parameters estimated with the BzzMath library is
shown in Figure 3ab, where, particularly in the low AcAc
concentration zone, both the VLLE and the VLE are in a very
good agreement with the experimental data.

5. RESULTS AND DISCUSSION

Two kinds of experiments, for the reason explained above, were
conducted: (1) the study of the evaporation curves of three
mixtures at different compositions, here discussed, and (2) the
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Figure 2. Comparison between experimental (points) and simulated
data by UNIQUAC of (a) water/acetic acid system and (b) acetic acid/
p-xylene system. Dotted line, robust parameter; solid line, LSA
parameters.

use of a micropilot distillation column at different operative
conditions, discussed in the following paragraph. All these
experimental data were simulated adopting the UNIQUAC
activity coefficient model with the optimized parameters to
validate, in the experimental conditions, the thermodynamic
choices.

5.1. Batch Evaporation Curves. The three experimental
evaporation curves obtained by loading in the reboiler of the
batch distillator three mixtures with different composition,
together with the corresponding simulated profiles, are reported
in Figure 4a—c.

The initial distillate composition is always addressed to the
binary azeotrope W/p-xyl having the lower boiling temperature
of the system (92 °C). For this reason the distillation curves start
from this azeotrope zone of the diagram. Their trends are then
addressed to the other parts at a lower temperature of the
diagram with a pattern as perpendicular as possible to the
isotherms of the system. Being a batch operation, the distillation
curves also depend on the relative amounts of the three
components that remain in the reboiler, i.e., on the material
balance of the components. Moreover, the total composition of
the distillate depends at each time on the relative volatility of the
different compounds (pure or azeotropic). For this reason, the
first isotherm in Figure 4a (which corresponds to the loading
mixture xy = 0.727, xpcac = 0.182, and x,,.,,y = 0.091, characterized
by alow quantity of p-xyl) starts with the distillation of the binary
W/p-xyl azeotrope until the total consumption of the entrainer.
After this first step, the W/AcAc mixture remains in the reboiler,
not separable, and then we found these two compounds in the
distillate together addressed to the “pinch” composition. The
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Table 2. Mean Absolute Deviation between VLLE Experimental Data”' and the Same Calculated with the UNIQUAC Model Using

Robust, Nonrobust, and Database Parameters

aqueous phase

organic phase vapor phase

regression algorithm w p-xyl AcAc
robust (BzzMath) 0.029 0.005 0.028
PRO/II (LSA) 0.159 0.019 0.140
PRO/II (database) 0319 0.044 0275
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Figure 3. Comparison between experimental (full points and dotted
lines) and calculated (empty points and solid lines) using UNIQUAC
model with the robust parameter for the W/AcAc/p-xyl system. (a)
VLLE, liquid compositions, the tie lines are reported for both the data
sets; (b) VLLE, vapor compositions.

second isotherm (Figure 4b) (corresponding to the loading
mixture xy = 0.60, x5 = 0.10, and x, oyl = 0.30) starts in the
same way with the distillation of the W/p-xyl azeotrope until its
composition is allowed from the material balance. The
distillation curve is then addressed to the AcAc/p-xyl azeotrope,
but when the water content is finished, this curve goes toward the
binary system AcAc/p-xyl. Pure p-xyl is obtained when the other
components are not present in the reboiler. The last isotherm
(Figure 4c, that corresponds to the loading mixture xy, = 0.40,
%pcac = 040, and x,,.,,) = 0.20, characterized by a middle quantity
of p-xyl) is able both to remain in an equilibrium area with all
three components and to pass close to the potential hole,
corresponding to the azeotrope W/AcAc. The slight difference in
temperature between this azeotrope and the pure acetic acid is
not sufficient to address this last distillation curve toward the

0.007
0.012
0.037

p-xyl AcAc w p-xyl AcAc
0.029 0.021 0.010 0.021 0.020
0.072 0.060 0.057 0.033 0.090
0.226 0.187 0.222 0.062 0.145

azeotrope. The excellent overlap of both experimental and
simulated trends seems to confirm the thermodynamic choice
previously discussed.

5.2. Micropilot Continuous Distillation Runs. The
different operative parameters and the experimental results for
the continuous distillation runs performed on the micropilot
column are reported in Table S2 of Supporting Information.

Runs 4 and S have been used to estimate the global efficiency
of the column. These were performed as follows: the reboiler was
loaded with two different mixtures whose composition is &y, =
0.1, xpcpc = 0.1, and ;.3 = 0.8 for run 4 and xyy = 0.1, Xz = 0.8,
and x,,,; = 0.1 for run S. The experimental data shown in Table
S2 of Supporting Information were compared with the simulated
compositions obtained assuming different total tray efficiencies.
The number of trays that minimizes the difference between
experimental and simulated data was determined to be equal to
eight, corresponding to a mean tray efficiency of 0.53 (8/15),
consistent with the presence of a double liquid phase on some
trays. For example, the experimental AcAc vapor molar fractions
at the 12th tray were 0.062 and 0.104 for run 4 and §,
respectively, whereas the simulated values considering a column
with eight theoretical trays were 0.056 and 0.109. This estimation
of the total trays of the column agrees with the one determined
using a similar column for a different system, ie., benzene,
cyclohexane, sulpholane, and water. This system was charac-
terized by a vapor—liquid—liquid equilibrium in almost all the
trays of the column too. On the basis of these results, eight
theoretical trays were adopted for simulating all the continuous
distillation runs.

Table S2 of Supporting Information shows the results of the
four continuous distillation runs 6—9. The lowest amount of
AcAc in the distillate was obtained in run 8 (xgg acac = 0.026).

In runs 6—38, in the distillate stream, about the same quantity of
AcAc is reached. This is because the pinch point, even if it is
opened by p-xyl, still exists at high concentration of water, as
discussed in the next paragraph. Run 9 is characterized, in the
distillate stream, by a very high water molar fraction (xgw =
0.55) because it was performed using the whole column only as
stripping section (i.e., both F and Ent were fed at tray number 2).

The lowest amount of water is achieved in run 7, i.e., Xow =
0.008. In this run, there are only two trays in the stripping section
and a quantity of entrainer of 42% on molar basis. A low quantity
of water in the bottom is reached in run 9, too, in comparison to
that of run 7, in which the quantity of p-xylene was lower (15%
molar) but the number of trays of the stripping section was equal
to eight. On the basis of these results, p-xylene seems to be a
suitable entrainer for W/AcAc separation and its amount is a
crucial operative parameter. The optimization of this azeotropic
distillation column in terms of economic analysis of the p-xyl/F
ratio and the amount of W and AcAc in the distillate and residue
stream inside the terephthalic acid production process is now in
progress and will be reported and discussed in a future paper.

All the experimental runs were simulated on the basis of the
thermodynamic model discussed previously, selecting the PRO/
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a1 = =

II CHEMDIST vapor—liquid—liquid algorithm, which is based
on the full Newton—Raphson method, and providing both the
VLE and VLLE binary interaction parameters reported above.
This algorithm is especially suitable for the simulation of highly

nonideal chemical systems, and it allows the calculation of two
liquid phases on any tray of the column. Equations are solved in a
two-step procedure. At first, after initialization, the solver
provides a value for the iteration variables. In the second step,
tray temperatures along with liquid compositions are employed
to perform a flash LLE calculation to assess the presence of liquid
phase splitting for each tray. If the second phase occurs, liquid
phases are used to calculate new K-values with an iterative
procedure until convergence. Considering all the streams of the
columns, the comparison between all the experimental and the
simulated composition of the continuous runs is reported in
Figure S.

0.0 0.5 1.0
exp data

Figure S. Parity plot between all the experimental and the simulated
composition of both distillate and residue of the four continuous
distillation runs.

All the points of Figure 5 are close to the diagonal line, i.e., the
simulated compositions are satisfactorily similar to the
experimental compositions. This result confirms our thermody-
namic approach. In Table 1, the normal boiling temperatures and
azeotropic compositions of the mixtures AcAc/p-xyl and W/p-
xyl calculated with UNIQUAC model are reported. These values
are very close to the experimental values.

To verify the correction estimation of the total tray efficiency,
runs 6 and 7 were simulated changing the number of theoretical
simulation trays. In both cases, the minimum error between
simulated and experimental data was obtained for a number of
theoretical simulation trays between eight and nine, confirming
the consistency of the value of about 0.5 as total tray efficiency
determined as discussed above.

After the experimental verification of the thermodynamic
model validity, its isothermal curves have been determined by
calculating the boiling point of several mixtures with different
composition. The simulated isothermal curves of the W/AcAc/
p-xyl ternary system are reported in Figure 6.

As expected, when the content of AcAc increases in the
mixtures, temperatures increase as well. It is worth noting that
there is not inversion of temperature even where the temperature
gradient is small according to the experimental observations.

Finally, the positive effect of p-xylene on the relative volatility
of water and acetic acid is showed in Figure 7, in which the
pseudobinary VLE curve is calculated at the pressure of 101.13
kPa for W/AcAc in the presence of 30% molar of p-xyl (dotted
line).

6. CONCLUSIONS

The choice of UNIQUAC activity coefficient model is suitable
for the description of the vapor liquid equilibrium of the involved
binary systems and for the vapor—liquid—liquid equilibrium of
the ternary system. The robust regression of UNIQUAC binary
parameters permitted the comparison of the calculated data with
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Figure 7. Simulated vapor—liquid equilibrium diagram of the
pseudobinary system W/AcAc. The dotted curve is obtained by adding
30% of p-xyl on molar basis.

new experimental data from two different appartus, mainly
working in the three-phase zone, confirming the correct
thermodynamic choices.

An overall tray efficiency of 0.53 was estimated from two
specific experimental runs and used in all the simulations of the
continuous micropilot column runs. The simulated experimental
data confirmed the possibility of designing an extractive column
for separating acetic acid from water using p-xylene as entrainer.
In the specific case of terephthalic acid production, the bottom of

the column can be recycled directly to the catalytic reactor
without separating p-xylene from acetic acid. Because p-xylene is
a raw material, any contamination by an external substance is
avoided.
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