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ARTICLE INFO ABSTRACT

Keywords: Methanol synthesis offers a significant pathway for carbon dioxide valorization and hydrogen storage. However,
Sorption-enhanced methanol synthesis carbon dioxide hydrogenation to methanol is thermodynamically limited. To couple the process with biogenic
Zeolite 3A

carbon dioxide supply from organic wastes and green hydrogen, a way to shift the equilibrium by other means
than the pressure must be found. This work investigates the underlying aspects of sorption-enhanced methanol
synthesis by selective steam removal in fixed and bubbling fluidized bed configurations. Zeolite 3 A is chosen as a
suitable sorbent based on its selectivity towards water and retention of sorption capacity between 220 and
280 °C. A dynamic model for simulation of the fixed-bed sorption-enhanced methanol synthesis shows reactor
performance at the targeted application pressure of 20-30 bar. Enhanced product yields beyond thermodynamic
equilibrium limits are obtained in a lab-scale reactor at 3 bar and 220-250 °C via over-stochiometric water
adsorption. In both reactor configurations, low-pressure enhancement primarily promotes carbon monoxide
yield. Predicted methanol yields at higher pressures reach similar values, which suggests implementing a two-
stage process. The additional production relative to the total output expected under full equilibrium limitation
results in a 14-23 % integrated enhancement for methanol and 17-20 % for carbon monoxide, depending on
temperature and reactor configuration. During the sorption-enhancement peak, the maximum achievable yields
reach 130-175 % and 160-185 %, respectively. The transient nature of sorption enhancement is highlighted,
suggesting a fluidized reactor design for continuous regeneration in a separate vessel, promoted by a sharper
water breakthrough than in a fixed bed, a more compact reactor volume, and improved temperature distribution.

Fluidized-bed reactor
Fixed-bed reactor
CO: hydrogenation

Nomenclature (continued)
k; rate constant for the reaction j kmol
A reactor cross-sectional area m? kg e s @ bar"
bu,o0 Langmuir adsorption isotherm parameter pal K equilibrium constant for for the reaction j bar™"
b9 o preexponential factor for Langmuir adsorption isotherm Pa! Ki adsorption constant of the species i on the catalyst surface bar "
parameter my,0 sorbent saturation capacity kmol
D, reactor tube diameter m kg
T, micropore diffusivity m?2 m; mass of component i kg
s P; partial pressure of component i Pa or bar
F; component i molar flow rate kmol q water adsorption loading kmol
s kg
ka mass transport constant for adsorption model 1 q equilibrium water adsorption loading kmol
s kg
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(continued)

R universal gas constant J
K e mol

Te micropore radius m

T reaction rate of reaction j kmol
kges

T temperature K

t time H

[ empty tube residence time s

(t) average residence time s

Vet empty tube velocity m
s

\Z gas velocity m
s

Y: yield of component i %

b4 axial coordinate along the reactor m

AH? standard enthalpy change for the reaction kI
mol

Ahgg—‘o adsorption heat of water on sorbent J
mol

a fitting parameter -

€ overall void fraction -

sorbent volume fraction over all solid -

Vi stoichiometric coefficient of species i in reaction j -

Pa sorbent density kg
m3

Pe catalyst density kg
m3

nSE sorption-enhancement contribution wt.-%

List of acronyms

BFB Bubbling Fluidized Bed

CZA Copper/Zinc Oxide/Aluminum Oxide

FB Fixed Bed

GHSV Gas Hourly Space Velocity

HP High-Pressure

LDF Linear Driving Force

LP Low-Pressure

MFC Mass Flow Controller

MS Mass Spectrometer

m/z Mass-to-charge ratio

NDIR Non-Dispersive Infrared

ODE Ordinary Differential Equation

PSA Pressure Swing Adsorption

PSD Particle Size Distribution

PtX Power-to-X

RMSE Root Mean Squared Error

RWGS Reverse Water Gas Shift Reaction

SC Standard Conversion

SE Sorption-Enhanced

TRL Technology Readiness Level

1. Introduction

In a world where the concern for increasing carbon dioxide (CO5)
levels is fostering new industrial processes, methanol (CH3OH or MeOH)
could be a key chemical for the upcycling of CO,. Methanol already
represents a key product in the industrial sector, as it is the feedstock to
produce several chemicals, including dimethyl ether (DME), methyl-
tert-butyl ether, acetic acid, and formaldehyde [1]. As a chemical en-
ergy carrier, methanol can be used directly as a fuel, for example in
direct methanol fuel cells, where its chemical energy is converted into
electrical power under ambient pressure conditions [2]. Alternatively, it
can be blended with gasoline and diesel to replace fossil fuels in internal
combustion engines [3]. The potential of methanol extends further as a
hydrogen (H:) storage molecule, positioning methanol derived from
captured or biogenic COz2 combined with green hydrogen as a highly
promising fuel for the energy transition, particularly in the mobility [4],
and aviation [5] sectors. Notably, in the existing industrial processes,
significant amounts of CO: are already added to the syngas feedstock for
methanol production [6], confirming the potential of methanol for
converting waste CO: into high-value products in a circular economy
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[7]. In this context, waste CO, refers to CO5 recovered from flue gases at
industrial scale, captured from the atmosphere, or separated from
biomass gasification or biogas, which is in turn produced through the
anaerobic decomposition of organic residues by microorganisms [8].
While separation efficiency remains one of the main challenges of CO,
capture technologies [9], large-scale CO: utilization from flue gases
could produce more conversion products than the market can absorb in
early phases [10], whereas localized integration of methanol synthesis
with biogenic COy from organic wastes provides a feasible, carbon-
neutral alternative [11]. Finally, by offering a valuable solution to
convert carbonaceous waste, biomass, and hydrogen into a versatile
liquid energy carrier, methanol synthesis overcomes the technical lim-
itations of hydrogen with respect to infrastructure and transport feasi-
bility [12].

The conversion of CO, and Hy to methanol is described by the
following equilibrium reactions [13]:

CO, + 3H, < CH30H + H,0, AH® = —50kJmol )
CO, +Hy < CO+H,0, AH® =39 kJmol )
CO +2H, <> CH;0H, AH? = —91 kJ mol ' 3)

Methanol synthesis from COy (1) is accompanied by the reverse
water-gas shift reaction (RWGS) (2), while reaction (3) represents the
standard methanol synthesis from carbon monoxide (CO). In contrast to
the exothermic methanol synthesis reactions (1)(3), the RWGS reaction
(2) is endothermic. Hence, methanol synthesis is thermodynamically
favored at lower temperatures, whereas CO production through the
RWGS reaction is favored at higher temperatures. Another difference is
that both methanol synthesis reactions are characterized by a reduction
in volume, and thus favored at high pressures. Considering these ther-
modynamic constraints, industrial methanol reactors operate since the
1960s at temperatures between 200 and 300 °C and pressures ranging
from 50 to 100 bar with a gas mixture of CO, CO, and Hj reacting on a
fixed copper/zinc oxide/aluminum oxide (Cu/ZnO/Al;03 or CZA)
catalyst bed [13,14]. In this process, CO, conversion to methanol (1) is
considered as the result of Egs. (2) and (3). COz-based methanol reactors
were widely investigated over the years in parallel to methanol synthesis
from syngas, showing feasible pathways of CO2 valorization. Never-
theless, the commercialization of the process was limited by inadequate
conversion and product purity [15]. The CO»-to-methanol reaction
produces large amounts of water (H20) as by-product, which inhibits
methanol synthesis due to competitive Hy-H,O and CO-formate species
(HCOO¥) adsorption on the catalyst surface [16]. Besides the problems
related to catalyst optimization, methanol synthesis from waste CO, and
renewable hydrogen poses significant challenges on reactor design, with
significant drawbacks despite its attractiveness as a sustainable process.
The main limitation of the COs-to-methanol process is its unfavorable
thermodynamic equilibrium, resulting in low per-pass conversion, with
high recycling rates of unreacted species. The highest conversion
achievable according to thermodynamics at the temperatures of opera-
tion of the current metal-based catalysts (i.e., in the range 135-275 °C) is
significantly lower than in the case of syngas-to-methanol [17]. This
limitation arises from the high methanol selectivity achieved at tem-
peratures that either inhibit CO, activation (<210 °C) or reduce the
overall conversion efficiency (>300 °C). The latter is the case for
indium-based catalysts, which, however, while highly selective towards
methanol synthesis, rely on the zinc mining industry for their produc-
tion, with energy-intensive indium extraction and refining due to its
natural scarcity [18]. Additionally, decentralized methanol synthesis
coupling renewable Hy and biogenic CO, requires downscaling of the
process due to the reduced Hj availability from electrolysis and biomass
reforming plants compared to the standard steam reforming of methane
(CH4) [19]. However, downscaling chemical reactors leads to perfor-
mance losses, including limited availability of waste heat from steam
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reforming processes, which are typically used to supply heat to raise
steam used in a turbine connected to a compressor for high-pressure
(HP) operations. The resulting purely electrical compression costs to
increase methanol yield further hinder the economic viability of CO2
hydrogenation on a small scale [11]. This calls for new technical solu-
tions that allow to decrease the pressure level from the typical 6-8 MPa
down to 2-3 MPa, corresponding to the typical outlet pressure of stan-
dard PEM water electrolysis, thus eliminating the need for hydrogen
compression. Examples of unconventional reactors trying to face these
challenges include highly-conductive structured catalysts for improved
heat management [20], or thermally coupled dual reactors [21,22] with
membranes [23] for product diversification and enhanced methanol
synthesis efficiency through reactor heat transfer.

To overcome thermodynamics and shift reaction equilibrium to-
wards enhanced product yield by other means than the pressure,
removing at least one of the reaction products from the reactor is a
promising approach. Removal of steam as a byproduct has been pro-
posed as a process intensification strategy for many COy-based equilib-
rium limited reactions, including methanol synthesis, methanation,
RWGS and DME production [24]. In the case of methanol synthesis, this
has been experimentally investigated with integration of membranes
[25], in-situ condensation of a CH3OH-HO mixture [26], or by
embedding the catalyst within a zeolite (13x), acting as a solid water
sorbent in a fixed-bed reactor with batch-wise regeneration [27]. While
membrane reactors experience sealing and material stability issues, the
latter study demonstrated the feasibility of product adsorption to
enhance reactivity, establishing sorption-enhanced (SE) methanol syn-
thesis as a valuable approach to achieving higher methanol yield at low
pressures. The development of a sorption-enhanced process depends on
selecting a suitable sorbent with high selectivity for reaction products.
This is crucial for reactor modelling and the effective design of down-
stream process units to enable techno-economic feasibility analysis [28].

The choice of the sorbent depends on the feedstock composition and
operating conditions. For CO2-based methanol reactors, the selective
adsorption of water is beneficial because it reduces competitive
adsorption on active sites and limits steam-induced sintering of metal-
based catalysts, leading to catalyst deactivation [29]. Based on this,
zeolite 3 A was identified as an ideal candidate due to its small pore size
(3 A), selectively excluding molecules with a larger kinetic diameter,
such as CH30H and COj, from the adsorption process [30]. Additionally,
the operation window of this material is in line with the requirements of
standard methanol synthesis. The enhancement of CO, hydrogenation
reactions by selective steam adsorption on zeolite 3 A has been experi-
mentally validated for relevant process conditions [31,32]. SE methanol
synthesis experiments demonstrated a temporary increase in methanol
production and higher product purity, reducing the need for expensive
CH30H-H,0 separation units [32,33]. As the advantages linked to the
improved CO; conversion were limited by the short duration of the SE
effect, these studies suggested to reduce the gas hourly space velocity
(GHSV) and increase the reactor size for industrial applicability. How-
ever, this limits the options for a more compact reactor design, fast
sorbent renewal and easy heat management. To outweigh the drawbacks
of batch-wise operations in sorption-enhanced processes, efficient
regeneration strategies such as parallel reactor setups or continuous
sorbent processing have been proposed [34,35]. Specifically, the
continuous transport of sorbent in and out of the reactor has been sug-
gested for the coupling of biogas upgrading and Power-to-X (PtX) by
designing the reactor with two parallel units in a pressure swing
adsorption (PSA)-like process [36]. In this new reactor type, the unin-
terrupted circulation of sorbent is facilitated by keeping the catalyst bed
in a bubbling fluidization regime. This method enables smaller reactors
compared to fixed-bed configurations with sorbents, ensuring contin-
uous operation by regenerating spent sorbent in a separate vessel rather
than relying on multiple reactors with high catalyst demand per unit of
methanol. The same concept of sorption-enhanced methanol synthesis in
fluidized bed was already proposed for a thermally coupled reactor
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configuration and using zeolite 4 A as water sorbent [37]. Although
molecular sieves 3 A and 4 A are considered highly suitable for steam
removal [24], competitive adsorption of CO, on zeolite 4 A has been
demonstrated [38]. Moreover, experimental investigation on adsorbents
4 A, 5 A and 13x confirmed co-adsorption of methanol, reinforcing the
idea that zeolites with a pore size greater than 3 A are less suitable for a
CO-utilization process where a high product purity is targeted. Finally,
materials other than zeolites, such as hydrotalcites and base metal ox-
ides, are known to lose their steam adsorption capacity at the operating
temperatures of the methanol synthesis process [39,40].

In this paper, we investigate the underlying aspects of sorption
enhancement of CO and CH3OH yield using molecular sieve 3 A in
sorption-enhanced CO5 hydrogenation to methanol for both fixed (FB)
and bubbling fluidized (BFB) configurations of the catalyst-sorbent bed.
This investigation, conducted in a lab-scale reactor operating at 3 bar,
provides a preliminary proof-of-concept of an adsorptive BFB reactor
and assesses its differences from a state-of-the-art FB reactor for selective
steam removal. To facilitate later scale-up and maintain the research
focus on the technology proof-of-concept, commercial catalyst and
sorbent materials are employed. This work includes adsorption experi-
ments to evaluate the water adsorption capacity by the selected sorbent
across a temperature range relevant to methanol synthesis and in the
presence of methanol. Standard methanol synthesis experiments were
performed to establish baseline data on reaction yield and selectivity at
the investigated pressure, serving as a reference for the sorption-
enhancement experiments. Sorption-enhanced methanol synthesis was
then explored under both fixed-bed and fluidized-bed conditions to
understand the potential of reactor configuration in optimizing the
sorption-enhancement process. The water uptake is quantified and
compared to the additional CO and MeOH amount formed during the
adsorption phase, which is not addressed in several experimental studies
on SE methanol synthesis, including a comparison of the water break-
through between FB and BFB reactors. Moreover, in a separate set of
experiments, the sorbent's capacity and potential for co-adsorption of
reaction products other than the target component is evaluated using the
same facility and under the same conditions. To understand the impact
of the targeted reactor pressure in industrial application (20-30 bar,
similar to the hydrogen delivery pressure of standard electrolysis), a
reactor model was developed, with adsorption parameters derived from
the adsorption experimental data. Although the applied operating con-
ditions in the lab-scale reactor resulted in high selectivity towards the
RWGS reaction under both standard and sorption-enhanced methanol
synthesis, a shift towards methanol formation is shown for higher
pressures, and the methodology is still relevant to methanol enhance-
ment strategies.

2. Materials and methods
2.1. Materials

KATALCO 51-102 was employed as a commercial Cu/ZnO/Al203
catalyst and molecular sieve 3 A as sorbent for sorption-enhanced
methanol synthesis experiments. The catalyst and zeolite were pur-
chased from Jonson Matthey and Jiangsu Zeochem Technology Co., Ltd.,
respectively. CO, and H; for methanol synthesis were purchased in gas
bottles, while liquid methanol for adsorption experiments was pur-
chased from VWR Chemicals BDH, all with a purity >99.9 %. Ultrapure
water with a conductivity of 18.2 MQ x cm was acquired with an
Arium® Pro system from Sartorius.

2.2. Experimental facility

The core of the experimental facility consisted of a vertical stainless-
steel reactor with an internal porous plate as bed support, forming a
reaction zone with a diameter of 21 mm and a length of 150 mm. Above
the reaction zone, the cross-sectional area expands further into a
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disengagement zone to facilitate fluidization. The vessel then narrows
back towards the outlet, connected to a cross fitting that embeds two
thermowells and the outlet pipeline. All the described parts of the vessel
were electrically welded, resulting in a total length of 450 mm. The
reaction and disengagement parts of the vessel were enclosed within an
annular chamber, which was used to regulate the reactor temperature.

Preheated pressurized air flew through the chamber, providing
temperature control based on real-time temperature measurements in-
side the bed. Specifically, two type K thermocouples positioned at the
bottom and at the top of the bed through the thermowells (TT-609 and
TT-604 in Fig. 1) were used for real-time temperature measurements
inside the reactor during adsorption and non-SE methanol synthesis.
Additional four type K thermocouples were placed inside the reaction
zone and equally distributed in the second thermowell to acquire the
temperature profile during SE methanol synthesis and verify isothermal
conditions when fluidizing the catalyst-sorbent bed. Based on bed
temperature readings, the air heater setpoint was manually adjusted,
and the temperature of the hot air line was monitored via a dedicated
thermocouple.

The pressure of the experimental facility was maintained by a back-
pressure regulator. Dry gasses (CO2, Hj, nitrogen, argon) and vapors
(CH30H, H50) were mixed upstream a 4-valve system, which can direct
the reactive flow from a bypass line to the reactor. The mixing and
bypass lines were enclosed in an insulated chamber pre-heated at
270 °C. All flow rates, but CH3OH, were regulated by Bronkhorst AG FV-
201CV Mass Flow Controllers (MFCs). Liquid methanol, used to carry
out co-adsorption experiments only, was injected in a preheated
chamber by means of a syringe pump at a rate of up to 1 mL/min and
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carried as vapor by argon (Ar) in the mixing line. The initial condensate
was collected at the bottom of the chamber and carried out by an
exhaust line during the first phase of injection.

MECs flow rates, temperatures, and pressure were controlled with a
customized LabVIEW 2018 interface, allowing for monitoring, data
acquisition, and high-speed control via the FPGA Module every 2 s. A
mass spectrometer (Pfeiffer Vacuum GSD 301 O1, D-35614 Asslar) with
a 10-s time interval was employed as a real-time analytical tool to
quantify the relative abundance of known compounds based on their
mass-to-charge ratio (m/z). The mass spectrometer (MS) was positioned
downstream of a two-filter system and connected to both the reactor
outlet and the bypass line by two manual valves, allowing it to measure
concentrations from either path. Additionally, a Non-Dispersive Infrared
(NDIR) sensor (Siemens ULTRAMAT 23) measured the volumetric con-
centrations of CO, CO,, CH4, and O, on the exhaust gas line, combining
the outlet flows of the reactor and bypass after vapors condensation. The
instruments were calibrated for three product gas compositions as
described in the Supporting information. The MS calibration was used to
determine the product gas composition at steady-state conditions during
methanol synthesis experiments [41], as described in Section 2.3.2.

The described facility, built in-house, and connected analytics are
schematized in the Fig. 1 below, showing the adsorption/reaction
configuration of the 4-valve system. In this configuration, the reactive
gas mixture, prepared in the mixing line, is fed from the bottom of the
reactor. Meanwhile, inert gas flows through the bypass to maintain
system pressure.

Pictures of the experimental facility are available in the Supporting
information.
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2.3. Experimental campaigns and data analysis

The facility was operated with three different procedures based on
the experimental breakdown reported in Table 1, containing all exper-
imental conditions. These procedures are detailed in the following
subsections.

The experimental studies were conducted on a lab scale at a constant
absolute pressure of 3 bar. Tests on the zeolite's adsorption capacity
towards water were performed for different temperatures, water partial
pressures, and feed gas composition. Potential co-adsorption of CH3OH
was tested. Non-SE methanol synthesis was conducted in the tempera-
ture range dictated by the catalyst activation. SE methanol synthesis was
conducted for a narrowed temperature range based on the findings from
adsorption and non-enhanced methanol synthesis experiments, and for
different catalyst-sorbent bed configurations.

2.3.1. Adsorption experiments

Before beginning the experiment, the sorbent was dried with 1 L/min
of nitrogen (N2) at 310 °C and the feed gas mixture was directed to the
bypass. During this phase, the intensities indicative of complete
adsorption and desorption of water and/or other species were estab-
lished as reference for the experiment. As an example, Fig. 2 illustrates
the signal intensities of HyO, Ar and Nj recorded during this phase at the
bypass and reactor outlets for a gas mixture of 30 % water in argon at
250 °C. In the first 20 min, the gas feed was directed to the MS via the
bypass. Over the first 8 min, only 100 % argon was recorded. Thereafter,
30 % water in argon was recorded for approximately 15 min. As the
water signal increased, the argon signal decreased proportionally until
reflecting the change in the gas composition. No adsorption occurred in
the bypass, and the intensities were quantified with a known concen-
tration through the flow rates recorded at the MFCs. This intensity was
compared with the one measured at the reactor after sorbent saturation
when the water signal broke from its minimum value and attained a
higher stable intensity. A tolerance of £1.5 x 10~° was applied to the
reference values for both adsorption and desorption. After the bypass
measurements, the MS was connected to the reactor outlet, where 100
% Ny was detected and the water signal was monitored for approxi-
mately 30 min to ensure baseline conditions.

At this point, the reactor temperature was regulated to the desired
profile for the experiment, which starts when the feed gas is redirected
from the bypass into the reactor and the inert gas to the bypass
(adsorption configuration shown in Fig. 1). The intensities recorded at
the reactor outlet during the experimental phase involving a gas mixture
of 30 % water in argon at 250 °C are reported in Fig. 3. The moment an
increase in the argon signal and a corresponding decrease in the nitrogen
signal were detected marks the point when adsorption begun to be
recorded. As the sorbent-free sites were filled with H,O, no changes were
observed in the water signal, and 100 % of argon was registered. The
water breakthrough occurred when the sorbent was saturated until the
signal intensities adjusted back to 30 % H>O in Ar. The breakthrough
curve was linearly rescaled using water flow rates (g/h) corresponding
to steady-state intensity values within the baseline range established

Table 1
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during the pre-experimental phase for complete adsorption and
desorption. Baseline intensities were averaged from the differences be-
tween consecutive data points, and all values above the intersection of
the upper average line with the breakthrough curve were excluded to
remove outliers caused by fluctuations in the H,O signal at steady-state,
observed for water contents above 20 %. The first intersection between
the upper average line and the adsorption curve at steady-state returned
the final adsorption time, over which the breakthrough curve was in-
tegrated to calculate the water uptake (grams of adsorbed water). This,
divided by the grams of loaded sorbent, returned the water adsorption
capacity.

The steady-state condition was registered for a series of consecutive
stable values (over 15 min in Fig. 3) before starting desorption, which
was performed with 1 NL/min of argon at 310 °C and characterized by a
decrease in the water signal over approximately 30 min. The times
indicated for the experimental phase varied under different operating
conditions.

The analysis focused on the variations in the signal attributed to the
water molecule ions only, provided the absence of gas matrix effects,
thus interfering effects from the surrounding gas environment that could
alter the ionization efficiency, signal intensity, or mass accuracy of the
water ions. Moreover, it was assumed based on the specifics of the
employed MS that no other compounds contributed to the intensity of
water at the mass charge ratio of 18. For co-adsorption experiments
involving CH3OH and H50, the methanol contribution of 2 % intensity at
the m/z 18 was considered as negligible. This was justified by the chosen
experimental conditions for co-adsorption experiments, involving the
same partial pressure of 0.6 bar for CHsOH and H30.

2.3.2. Methanol synthesis experiments

The catalyst activation process consisted of the following steps: a)
Heating the reactor from ambient temperature to 160 °C under a flow of
Ar and Hj, with the hydrogen partial pressure maintained below 200
mbar; b) gradually increasing the Hj partial pressure in controlled steps:
two increments of 50 % followed by one increment of 35 %, resulting in
an approximate Hy partial pressure of 1 bar; c¢) raising the reactor
temperature from 160 °C to 250 °C; d) maintaining the temperature at
250 °C for 1 h to complete the activation. This procedure was preferred
to the usual industrial activation protocol, optimized for methanol
synthesis from CO, as it secures a more controlled nucleation and
dispersion of metallic Cu particles without destabilizing the ZnO struc-
ture during the Cu-ZnO interaction [42]. Once the catalyst was active,
the reactor temperature was adjusted to the experimental value. Next,
the feed gas was adjusted to a reactive mixture of 0.2 NL/min COy, 0.65
NL/min Hy and 0.15 NL/min Ar. The reaction took place for different
temperatures in the catalyst activation range of 200-300 °C. For each
temperature, stable signals of CO and CO; at the NDIR were measured
for more than 10 min before adjusting the temperature to the next
experimental value. At the end of the experiments, the reactive mixture
was redirected to the bypass, and the catalyst was flushed with 1 L/min
of argon. This phase can be considered as an empty bed experiment, in
which the composition of the feed gas mixture flowing in the bypass was

Breakdown of experiments based on the experimental class, reactor conditions, and intended output.

Class Pressure Temperature range Feed gases Bed configuration Study objective
[bar] [°C]
Adsorption 3 220-280 CH30H, H,0, Ar FB (16.3g3 A, 21 cm®) CH3OH and H,0 adsorption capacity
H,0, Ar
CH;OH, Ar
Methanol 3 220-280 20 mol% CO,, 65 mol% Ha, FB (22.2 g CZA, 21 cm®) CH30H vs CO yield and reaction selectivity
synthesis 15 mol% Ar
SE methanol 3 220-250 20 mol% CO,, 65 mol% Ho, FB (21.5 g CZA, 21 cm?®, 16.9 g3 CH3O0H vs CO yield and reaction selectivity |
synthesis 15 mol% Ar A, 21 cm®) H,0 adsorption capacity

BFB (10.9 g CZA, 10 cm®, 8.3 g 3
A, 10 cm®)
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Fig. 2. Intensities of H>O, Ar and N signals recorded at the MS over time during the pre-experimental phase of the adsorption test with 30 mol% H»0 in Ar at 250 °C
(pressure and bed configuration as in Table 1). From time 0 to the first vertical dotted line, 100 % argon was registered at the bypass outlet. Next, a feed gas mixture
of 30 % H30 in Ar was directed to the bypass, and the related intensities were recorded. The second vertical dotted line marks the point in time when the MS was
connected to the reactor outlet and 100 % N5 was registered.
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Fig. 3. Intensities of HyO, Ar and N, signals recorded at the MS over time during the experimental phase of the adsorption test with 30 mol% H,0 in Ar at 250 °C
(pressure and bed configuration as in Table 1). The dotted line represents the starting time for the adsorption/desorption phase. Shaded regions indicate the time
windows integrated to obtain water uptake, which was computed on the curve linearly rescaled to water mass flow (g/h).

recorded at the NDIR and quantified back with the flow rates set at the to concentrations based on the mass spectrometer calibration results,
MEFCs for calibration. which were represented as normalized relative sensitivities [41]. The
The intensities measured at the MS for all the signals were translated calibration procedure to compute the normalized relative sensitivities is
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detailed in the Supporting information, together with the determination
of the product gas composition at equilibrium for methanol synthesis at
250 °C. In low-pressure (LP) methanol synthesis experiments, the high
concentration of CO» in the product gas due to low conversion greatly
affected the CO intensity at the same m/z 28, despite the CO; contri-
bution (m/z 44) was subtracted from the CO ion current with, in this
work, an 11.4 % correction. Therefore, the CO concentration measured
at the NDIR was used to determine the overall CO2 conversion and the
selectivity of the methanol synthesis reaction, accounting for the
removal of condensables from the gas mixture before reaching the
sensor. Specifically, the COz conversion rate to products was computed
by interpolating experimental CO NDIR-based and CH30H MS-based
data against theoretical values from the carbon balance for a theoret-
ical CO: conversion vector ranging from O to 100 % with 0.1 % steps. An
initial guess for the selectivity towards the RWGS reaction was set at 0.5
%. If the initial selectivity guess was not representative of the actual
experiment, the conversion rate computed on the outlet CO concentra-
tion at the NDIR differed from that computed on the outlet CH3OH
concentration through the MS data. Given the difference between the
CO: conversion metrics derived from CO and CH30H concentrations, the
selectivity was optimized to minimize that difference. Once the right
selectivity was determined, the carbon balance was used to recalculate
the gas composition at the reactor outlet for the other species and rescale
the mass spectrometer signals accordingly. Deviations of the MS-based
CO», Hy, H,O and Ar molar fractions from the theoretical carbon bal-
ance returned an overall averaged root mean squared error (RMSE) of 6
%. Finally, the methanol and CO yields were computed using the
following formula:

Y, = Floulet_ 100, i — CH,0H, CO “@
Feo, inlet
Additional details on the methodology for data analysis from inde-
pendent measurements at the MS and NDIR are given in the Supporting
information (graphic example and methodology flow chart).

2.3.3. Sorption-enhanced methanol synthesis experiments

The sorption-enhanced methanol synthesis was performed for a fixed
and fluidized bed mixture of catalyst and sorbent in a volumetric ratio of
1:1 under 220, 235 and 250 °C. The catalyst was used in cylindrical
pellet form (average diameter 5.5 mm) and the sorbent in spherical bead
form (diameter 1.6-2.6 mm) as supplied, without grinding, for the fixed-
bed experiments. The uniform distribution of the fixed bed was verified
before and after the experiments with an endoscope. For the fluidized-
bed experiments, the catalyst was ground and sieved to an 80-160 pm
sample size, while the sorbent was ground and sieved to 125-250 pm to
achieve a fluidization number between 2 and 3, corresponding to a
bubbling fluidization state. The size difference between catalyst and
sorbent particles ensured similar fluidization velocity of the two particle
types, being the sorbent of lower density compared to the catalyst.
Specifically, the minimum fluidization velocity of the mixture was
calculated using the Ergun equation for fixed-bed pressure drop and
equating it to the buoyancy-reduced gravitational force on the bed cross-
section. The calculation was verified with pressure versus flow rate
measurements of dense black sand particles (mimicking the CZA cata-
lyst) and lighter, smaller y-alumina particles (mimicking the sorbent), as
performed in previous work to categorize the bed material for BFB
reactor studies [43]. The fluidization was established by introducing the
gas mixture from the bottom of the reactor. Additionally, the fluidiza-
tion of the actual catalyst-sorbent bed was observed using a transparent
plexiglass tube with the same diameter as the reactor and by applying
the same superficial gas velocity as used under reactor operating con-
ditions before loading it for the experiments. This preliminary test
confirmed uniform distribution of the fluidized bed and Geldart type A/
B behavior [44] prior to performing sorption-enhanced methanol syn-
thesis. Compared to the FB configuration, the volume of catalyst and
sorbent was proportionally reduced by half to prevent material loss from
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the reactor, as the fluidization pre-test revealed that the bed height more
than doubled under fluidized conditions.

Prior to SE methanol synthesis, the pre-experimental phase described
in Section 2.3.1 was conducted with 1 L/min of argon at 310 °C. When
the pre-experimental phase was complete, the reactor was cooled down
to 20 °C to start catalyst activation as described in Section 2.3.2. When
both sorbent and catalyst were active, reactor temperature was brought
to setpoint. The experiment started when the feed gas composition
defined in Section 2.3.2 flew into the reactor. During the reaction,
CH30H and H50 signals were monitored through the MS, while CO, and
CO outlet concentrations were monitored at the NDIR. Steady-state
conditions were maintained for a series of consecutive stable values
before starting desorption, which procedure is detailed in Section 2.3.1.
Finally, the feed gas mixture was switched to the bypass to verify the
calibration of the NDIR.

The analysis procedure for sorption-enhanced methanol synthesis
experiments employed the methodology outlined in Section 2.3.2 to
determine the gas composition at steady-state conditions for all species.
This occurred after the sorption-enhancement effect ended due to sor-
bent saturation. At this point, the CO and CH3OH signals measured by
the NDIR and MS stabilized, decreasing from a maximum peak in in-
tensity to a steady-state value representative of synthesis conditions
without adsorption. The opposite stabilization trend was observed for
the water signal at the mass spectrometer, which followed the behavior
illustrated in Fig. 3. To define this final equilibrium state, the mean
intensity of the final 30 data points was calculated for all signals. As
detailed in Section 2.3.1, the signal was mapped to flow rates using a
linear transformation between the minimum signal value and the
equilibrium intensity at steady state, for which the corresponding flow
rate in NmL/min was determined using the data reconciliation method
explained in Section 2.3.2. While the linear mapping of H,O and CH30H
was performed at the mass spectrometer, the sorption enhancement of
CO was computed on the NDIR curve, mapping the concentrations in
mol.% the same way to obtain the production rates in NmL/min. This
analysis was needed to differentiate between two integration regions
below the CO and CH3OH profiles. The area between the steady-state
baseline and the maximum production rate represents the sorption-
enhanced region, identified with positive deviations in the curve when
resting the equilibrium baseline. This region is characterized by a peak
in both CH30H and CO curves, which was used to analyze the peak
performance of the sorption enhancement. The area below the steady-
state baseline represents the standard conversion region without
adsorption. The calculated areas returned the additional amount of
methanol and CO produced due to sorption enhancement. The first
change in the signals, determining the start of the experiment, was
detected when the smoothed derivative of the signal, thus the rate of
change, exceeded 50 % of the standard deviation of the derivative,
indicating that the methanol and CO concentrations begun to increase
noticeably. The area under the curve for the standard conversion (SC)
region was computed using the following formula, assuming the CHsOH
and CO production rates at the end of sorption enhancement remain
constant:

Areasc = Fiouer (tsc.end — tscstare), i = CH3OH,CO 5)

The sorption-enhancement contribution nSE to the total CH30H and
CO production was then calculated as follows:

nSE = —SE__ 100, i = CHsOH,CO ®)
Misg + Misc

Finally, the water uptake was computed as the area between the
breakthrough curve of HyO and a baseline representing the adsorption at
steady-state conditions, as described in Section 2.3.1. The water uptake
was compared to the amount of additional CH30H and CO produced
during the sorption-enhancement phase to quantify the impact of water
removal on product yield.
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2.4. Mathematical model

A dynamic one-dimensional model for the FB reactor with sorption
enhancement was developed to provide a tool for space-time analysis
and process scale-up. The material balance equation for each species i is
as follows:

dF; dF; UL dg;

@ = Yogg PRl -OAY un—gpa(l - oAyl D)
In Eq. (7), the gas velocity term v; was adapted to account for the

non-ideal flow behavior in the laboratory equipment. It was derived

from the empty tube velocity v, according to the following formula:

ter

Ve = Ver ® o (8
where t,; is the empty tube residence time and (t) is the average resi-
dence time in the lab-scale reactor obtained from experimental data.

The adsorption loading g; in Eq. (7) is identically equal to zero for all
species except H2O. For water, it was obtained by integrating the
following expression for the linear driving force (LDF) model of
adsorption (qu,0 = g in the following):

—=kiq —9q) 9

The equilibrium adsorbent loading q° was determined from the
saturation capacity my,o through the single-site Langmuir isotherm of
adsorption:

. Mmy,oby,oP
_ Mu,008,0 0 (10)
1 + bu,oPuy0
where by,o, the equilibrium constant, is temperature-dependent and
follows the van't Hoff relation:

0 Ah}lifo
b0 = szOeXp ( — W) 11

The linearization of Eq. (10), combined with experimental mea-
surements of adsorption capacity as a function of varying water partial
pressure, allowed for the determination of the parameters my,o and bg,o
for use in the model. Knowing the heat of adsorption of water on zeolite
3 A from literature [45], the Langmuir fitting parameter bgzo was
calculated. The single-component adsorption considered in the Lang-
muir linearization to compute the parameters was experimentally vali-
dated, confirming the absence of competitive adsorption by methanol.

The mass transfer coefficient k, in Eq. (12) accounted for resistances
from micropore diffusion and is expressed as [46]:

157,

k== a2

The model is pseudo-homogeneous, assuming uniform adsorption on
the sorbent and negligible intra- and interphase diffusion resistances.
The plug flow assumption was used, where flow is axially dominant with
no back-mixing and negligible radial concentration gradients, justified
by the small reactor diameter. Changes in molar flow along the reactor
length were calculated based on axial velocity, with spatial derivatives
computed using a 1st-order, backward finite difference scheme, as
indicated below, where x represents any quantity that varies with axial
position:

a e a2
2k -

The model assumes negligible axial and radial mass and heat
dispersion, with convection dominating the system. This enabled it to
simulate realistic reactor behavior while maintaining computational
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simplicity. In fact, the reactor operated under conditions of high Péclet
number, ensuring convection-dominated transport.

The kinetic model used in this study is the one developed by Graaf
et al. [47], incorporating three macroscopic reactions: the hydrogena-
tion of CO; to methanol, following the reaction rate Eq. (14), the RWGS
reaction, following Eq. (15), and the hydrogenation of CO to methanol,
following Eq. (16). The kinetic parameters characterizing the rate ex-
pressions are those estimated by Maksimov et al. [32], with experiments
conducted on a commercial CZA catalyst at pressures ranging from 20 to
60 bar and temperatures between 210 °C and 270 °C. To account for the
different catalyst used in this work (more selective to methanol), the rate
constant for the methanol synthesis reactions and RWGS were modified
through the fitting parameters a_MeOH and a_RWGS, as reported in the
following equations:

3
3 PestaonP
)2 1 ‘CH30HYHy 0
ameorrk1Kco, (P ,Pco, —gr — 3 = >
e 3

2
PHZ

o a4
Ku, 0P,
(1 +KcoPco + Kco,Pco,) < Py, + }:2/(;(—:220)
arweskaKeo, (PH2PC02 - K%(IPHZOPCO>
r; = (15)
Ku,0PHy0
(1 +KcoPco + Kco,Pco,) ( Py, + oy >
3 Pcryon
ayeorksKeo PIZ{ZPCO - K% %
rs = (16)

/Kity

(1 + KeoPeo + Ko, Peo, ) ( Py, + ’("2‘7“’2">

The partial differential equation model resulting from the equations
listed above was solved using the finite differences method, with a linear
discretization in the axial direction. The adsorbent-catalyst bed was
divided into 100 sections to capture the spatial variations within the
reactor, each represented by a set of ordinary differential equations
(ODEs). The problem was solved in MATLAB with the built-in odel5s
integrator, specifically designed for stiff problems.

3. Results and discussion

The results from pure adsorption experiments, as well as methanol
synthesis with and without adsorption, are presented separately in the
following subsections to facilitate clarity and comparison. Nominal
temperature conditions and outcomes are listed in Table 3 (adsorption),
Table 4 (methanol synthesis), Table 5 (SE methanol synthesis, equilib-
rium conditions) and Table 6 (SE methanol synthesis). The temperatures
measured inside the reactor at 10 cm from the porous plate compared to
the nominal temperatures are listed in the Supporting information.

3.1. Water adsorption

The adsorption experiment results are presented as the water
adsorption capacity relative to the specific operating condition varied in
each test. The water adsorption capacity was computed as specified in
Section 2.3.1, and all the outcomes are summarized in Table 3. The left
graph of Fig. 4 shows the H>O adsorption capacity (wt%) measured in
this work for single water adsorption from a gas mixture containing 20
% H,0 in Ar at 250 °C, as well as for a feed where an equivalent con-
centration of methanol was added (light magenta bar). In the same
graph, single water adsorption is compared to the breakthrough data
reported from van Kampen et al. at the same temperature and water
partial pressure [30]. As for these literature results, the molecular sieve
3 A maintained high water selectivity without competitive adsorption of
methanol, resulting in a consistent water uptake of approximately 5.5 %.
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Fig. 4. (a) Water adsorption capacity measured in this work for single water adsorption (20 mol% HO in Ar at 250 °C) and for a feed with methanol added at an
equivalent partial pressure, compared to data from van Kampen et al. [30] (pressure and bed configuration as in Table 1). Error bars represent the 95 % confidence
interval of the mean, calculated using the Student's t-distribution for three replicate measures. (b) Kinetic diameters of various molecules relevant to steam adsorption

enhanced processes, adapted from van Kampen et al. [30].

This outcome was verified with a final experiment quantifying the single
methanol adsorption capacity of 3 A without water vapor in the gas feed,
consisting of 20 % CH3OH in Ar. No breakthrough, thus adsorption of
methanol, was observed (results not shown). The results presented in
this section are congruent with the higher selectivity for water exhibited
by molecular sieve 3 A compared to other zeolites due to its small pore
size of 3 A, preventing molecules with a larger kinetic diameter from
being adsorbed. This is explained in the right graph of Fig. 4, reporting
the kinetic diameter of all the molecules generally involved in sorption-
enhanced reactions as extrapolated from van Kampen et al. [24,30]. The
graph highlights that only H,O and Hy molecules are characterized by a
kinetic diameter lower than the pore size of zeolite 3 A, explaining the
higher selectivity of the sorbent towards water. Potential adsorption of
Hy was not investigated in this work, as recent experimental research
demonstrated that adsorption of Hy is negligible under process condi-
tions for temperature and pressure close to industrial methanol synthesis
[32]. At the low pressures employed in this experimental work, the
driving force for adsorption would be even smaller, making it likely for
H, adsorption to remain negligible. Moreover, zeolite 3 A is designed to
adsorb polar molecules [48], prioritizing the adsorption of water over
non-polar or weakly polar molecules like H2 and CO-. Unlike large pore
Faujasite (e.g., 13x zeolite), which features a different cationic structure
that enhances CO2 adsorption [49], 3 A exhibits low affinity for quad-
rupolar molecules, leaving little to no sorption capacity for CO2. On the
contrary, potential adsorption of CH3OH by molecular sieve 3 A has
been discussed with diverging points of view [50,51]. In this work, a
peak in the DME following the breakthrough of water supported the idea
of CH30H dehydration to form DME on the acidic sites of the zeolite,
facilitated by the removal of water during the adsorption phase. How-
ever, due to the unvaried water adsorption capacity in presence of
methanol, its adsorption in the micropores of the zeolite was excluded.
Instead, it is assumed that the zeolite functions more as a catalyst than a
sorbent for the dehydration reaction.

After confirming the selectivity of the adsorbent for steam removal,
its ability to retain adsorption capacity across a temperature range
relevant to the investigated process was verified. The results are re-
ported in Fig. 5. The variation of 3 A's water uptake with temperature is
again in good agreement with the breakthrough data extrapolated from
literature, though a less sharp decrease was observed passing from 220
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Fig. 5. Variation of molecular sieve 3 A's water adsorption capacity with
temperature based on breakthrough experiments conducted in this work (o) and
by van Kampen et al. (V). Pressure and bed configuration as in Table 1.

to 250 °C, corresponding to a 17 % loss in sorption capacity. A further
temperature increase from 250 °C to 280 °C resulted in a more signifi-
cant loss of 35 %. Overall, a total of 46 % of the water adsorption ca-
pacity was lost when the temperature was increased from 220 °C to
280 °C. The increasing differences between the water adsorption ca-
pacities calculated in this work and those reported by van Kampen et al.
at lower temperatures may be attributed to the different material source
and the resulting differences in material properties affecting water up-
take. Generally, although standard methanol synthesis is typically con-
ducted at 250 °C to maximize CHsOH production rates, lower
temperatures should be considered to optimize the sorption-enhanced
process.

Ultimately, the water adsorption capacity of molecular sieve 3 A was
investigated at varying water partial pressures in argon at 250 °C to
estimate the parameters for the Langmuir adsorption model. As illus-
trated in the left graph of Fig. 6, the adsorption capacity was measured
for H,O partial pressures ranging from O to 1.5 bar, yielding a maximum
water uptake of 7.56 wt.-%. The resulting Langmuir correlation is also
presented. Partial pressures exceeding 1.5 bar (corresponding to 50 %
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Fig. 6. (a) Breakthrough data (cyan *) and Langmuir of adsorption (red line) at 250 °C. (b) Parity plot: experimental breakthrough data (black *), perfect fit or parity
line (red line), and + 5 % error lines (red dashed lines) to prove the accuracy of the parameter estimation.

water content) resulted in significant fluctuations in the HyO signal,
which could not be reliably averaged or smoothed without introducing
higher experimental error. The parity plot in the right graph demon-
strates that the Langmuir model predictions align closely with the
experimental data, showing a maximum deviation of 5 %. The estimated
Langmuir parameters, listed in Table 2, were used in the reactor model
for the simulations of SE methanol synthesis at a larger pressure range to
show the scale-up feasibility.

3.2. Methanol synthesis

This section presents the results of methanol synthesis experiments
conducted without adsorption, focusing on product yield and reaction
selectivity as functions of temperature, as presented in Table 4. The
reactor temperature was varied sequentially within the activation range
of the commercial CZA catalyst (220-280 °C), leading to progressive
changes in CH3OH and CO production rates at equilibrium. As the
reactor temperature increased, CH3OH production decreased, while the
production of CO and Hz0 increased. These results served as a reference
for comparison with SE methanol synthesis. Additionally, the findings
were used to refine the optimal temperature range of investigation to
enhance methanol yield and reduce the experimental matrix for subse-
quent experiments, similar to the approach applied for adsorption
experiments.

Fig. 7 and Fig. 8 illustrate these trends as functions of bed temper-
ature measured at a height of 10 cm. Fig. 7 highlights the effect of
temperature on the selectivity between methanol synthesis and the
reverse water-gas shift reaction. CHsOH selectivity decreases with
increasing temperature, while RWGS selectivity (and CO production)
increases. This shift reflects the opposing thermodynamics of the re-
actions: methanol synthesis is exothermic and favored at lower tem-
peratures, while the endothermic RWGS reaction is promoted at higher
temperatures. Specifically, at 3 bar, methanol selectivity ranged from

Table 2

Adsorption parameters estimated from breakthrough experimental data of water
adsorption over molecular sieve 3 A at 250 °C and water partial pressures from
0 to 1.5 bar.

Adsorption parameter Value Reference
My,0 12.10 [wt%] This work
b0 1.273e-05 [1/Pa] This work
AR, -78 [kJ/mol] [45]

b0 2.072e-13 [1/Pa] This work

Hy0

10

Table 3
H,0 adsorption capacity on molecular sieve 3 A under all experimental condi-
tions investigated in the pure adsorption experiments.

Nominal reactor
temperature [°C]

H,O partial
pressure [bar]

CH30H partial
pressure [bar]

H,0 adsorption
capacity [wt.-%]

220 0.6 - 6.64
250 0.3 - 3.31
250 0.6 - 5.55
250 0.6 0.6 5.49
250 0.9 - 6.23
250 1.2 - 7.57
250 1.5 - 7.56
280 0.6 - 3.56
Table 4

Product yield and reaction selectivity as functions of temperature in methanol
synthesis experiments without adsorption on a commercial Cu/ZnO/Al,O3
catalyst under constant pressure (3 bar), inlet flow rate (1NL/min) and inlet gas
composition (20 mol% CO,, 65 mol% Hj, 15 mol% Ar).

Nominal CH30H CcO Overall CO, CH3;0H CcO
reactor selectivity selectivity conversion yield yield
temperature [%] [%] [%] [%] [%]
[°C]
220 6.32 93.68 7.76 0.49 7.27
225 4.75 95.25 8.93 0.42 8.50
230 3.59 96.41 10.15 0.36 9.79
235 2.67 97.33 11.23 0.30 10.93
240 1.65 98.35 13.01 0.21 12.80
245 1.15 98.85 14.32 0.17 14.16
250 1.11 98.89 14.34 0.16 14.18
255 0.84 99.16 15.53 0.13 15.40
260 0.69 99.31 16.42 0.11 16.31
265 0.55 99.45 17.24 0.10 17.14
270 0.46 99.54 18.10 0.08 18.02
275 0.40 99.60 18.67 0.07 18.60

6.3 % at 221 °C to 0.4 % at 273 °C, while RWGS selectivity spanned 93.4
% to 99.7 %. These results align with ASPEN simulations, which predict
CH3OH selectivity between 3.7 % (220 °C) and 0.3 % (280 °C). The
higher experimental selectivity observed near 220 °C may be attributed
to the tailored catalyst activation procedure detailed in Section 2.3.2 or
the improved activity of the catalyst compared to its predecessors [52].
The observed methanol selectivity is also consistent with literature re-
sults on CO: hydrogenation to methanol over Cu-ZnO catalysts in
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Table 5

Chemical Engineering Journal 526 (2025) 170755

Product yield and reaction selectivity at steady-state conditions after sorption enhancement as functions of temperature in SE methanol synthesis experiments under

the conditions underlined in Table 4.

Bed type Nominal reactor temperature Overall CO, conversion CH30H yield CO yield CH;3OH selectivity at equilibrium CO selectivity at equilibrium

[°C] [%] at equilibrium at equilibrium [%] [%]
[%] [%]

FB 220 10.25 0.36 9.89 3.54 96.46
235 13.84 0.24 13.60 1.70 98.30
250 16.68 0.13 16.55 0.81 99.19

BFB 220 9.71 0.35 9.35 3.64 96.36
235 12.80 0.19 12.62 1.46 98.54
250 16.08 0.13 15.96 0.78 99.22

Table 6

Maximum product yield, total amount of CH3OH and CO produced and contribution of sorption enhancement nSE calculated from Eq. (6) as functions of temperature
in SE methanol synthesis experiments under the conditions underlined in Table 4.

CH3O0H yield at peak
[%]

Bed type Nominal reactor temperature

[°Cl [%]

CO yield at peak

nSE CH;0H
[%]

nSE CO
[%]

Total CH3OH produced
[mg]

Total CO produced
[mg]

0.47
0.37
0.24
0.57
0.30
0.20

15.85
22.49
28.67
17.26
20.72
26.51

FB 220
235
250
220
235

250

BFB

13.60
19.20
21.50
17.30
19.10
22.50

16.90
19.60
20.20
17.30
13.20
18.30

25.10
15.10
7.40
26.20
10.60
4.30

967.30
936.30
977.10
699.30
807.30
573.60

MeOH Selectivity [%]

240 250 260 270
Temperature [°C]

CO Selectivity [%]

Fig. 7. Selectivity towards CH3OH and CO production for a CO,-based meth-
anol reactor as a function of temperature over a commercial Cu/Zn0O/Al,03
catalyst at the constant pressure of 3 bar (inlet composition and bed configu-
ration as in Table 1).

packed-bed reactors at near-atmospheric pressure, where values below
10 % were reported in the 190-250 °C range and approached zero at
250 °C [53]. These studies confirmed that at ~1 bar the reaction
pathway is dominated by RWGS, with methanol selectivity decreasing as
temperature increases. They further showed that catalyst support can
influence selectivity by mitigating water inhibition. The sorption-
enhanced approach presented in this paper tackles water inhibition
directly through in-situ water removal, as presented in the next section,
leading to even greater improvements under comparable conditions.
Since pressure remains the primary lever to suppress CO formation and
enhance methanol selectivity, complementary modelling work was
conducted to extend the analysis, as discussed in Section 3.4.

Fig. 8 presents the overall COz conversion and the corresponding
variations in CH3OH and CO yields as functions of temperature. The
enhanced CO: conversion at higher temperatures aligns with the

11

increased adsorption of H2CO: intermediates on the catalyst [16].
CH3OH yield at 3 bar was limited to a range of 0.5 % (221 °C) to 0.1 %
(273 °C), while CO yield increased with temperature, ranging from 7.3
% to 18.6 %. These results are consistent with simulations, though the
observed CO yield was lower than predicted. This discrepancy may
further support the hypothesis of improved catalyst activation, which
enhances methanol selectivity.

3.3. Sorption-enhanced methanol synthesis

Following the findings from the adsorption and standard methanol
synthesis experiments, sorption-enhanced methanol synthesis was
investigated in a narrowed temperature range (220-250 °C) to allow for
higher adsorption capacity and higher methanol production rates. The
results focus on the impact of sorption enhancement due to selective
steam removal on extra product yield and added product quantity as a
function of temperature, suggesting an adsorptive BFB reactor configu-
ration, which could aid continuous sorbent regeneration. The outcomes
are summarized in Table 5 for equilibrium conditions and in Table 6 for
sorption-enhanced conditions. A complete table including the CH30H
and CO amounts produced based on standard conversion and sorption
enhancement is provided in the Supporting information.

3.3.1. Fixed-bed sorption-enhanced methanol synthesis experiments

To assess the sorption-enhancement effect resulting from water
adsorption, the concentration profiles recorded by the MS and NDIR
were analyzed and compared with those from standard methanol syn-
thesis experiments. Fig. 9 presents the outlet trends for CO and CO: (a) as
well as CH30H and H,0 (b) at the three investigated reactor tempera-
tures: 220 °C, 235 °C, and 250 °C. In the left graph of Fig. 9, CO and CO=
concentrations were recorded using the NDIR. Higher temperatures
(indicated by the shift to darker colors) corresponded to higher CO
concentrations and greater COz conversion, as identified by the lower
outlet concentration recorded for CO.. This reflects the combined in-
fluence of the RWGS reaction and methanol synthesis. In the right graph,
the MS intensities for CH:OH and H:O are presented, with the right y-
axis adjusted to display negative intensities for an improved visualiza-
tion. Higher temperatures (darker colors) corresponded to higher HyO
concentrations measured at steady-state conditions, and lower CH30H
intensity. This observation aligns again with the thermodynamic
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Fig. 8. Effect of temperature on CO: conversion (a) and product yields (b). The temperature range of 221 °C to 273 °C refers to the measurement using a ther-
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indicates the different temperatures at which the experiment was carried out, from 220 to 235 and 250 °C (inlet composition and pressure as in Table 1).

principles and reaction stoichiometry discussed for methanol synthesis
without adsorption. A clear sorption-enhancement effect was observed
at all temperatures, marked by peaks in CO and CHsOH production,
which diminished as equilibrium conditions were re-established due to
sorbent saturation. At 220 °C, the sorption-enhancement effect was
particularly pronounced due to the higher water adsorption capacity of
the sorbent at lower temperatures. This is evident from the plateau in the
H,O signal and the sustained CHsOH intensity, indicating a prolonged
equilibrium shift facilitated by water removal. This effect was already
observed by previous authors for CO; hydrogenation to methane
[54,55]. At higher temperatures (235 °C and 250 °C), the sorption-
enhancement effect was shorter, as the reduced water adsorption ca-
pacity accelerated the return to equilibrium, resulting in faster signal
stabilization. As CO, concentration underwent a monotonous increase,
its potential adsorption on the sorbent could be conclusively excluded.
When the sorbent approached saturation, the H,O signal progressively
increased while the CH30H and CO signals decreased, stabilizing at the
equilibrium value associated with the reactor temperature. A stable
production rate over time for all reaction products was observed at the
conclusion of the sorption-enhancement phase. To regenerate the sor-
bent, desorption was performed at a higher temperature before
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initiating the next experiment. In the right plot, the onset of water
desorption is marked by a sharp peak in intensity as the temperature
rises, indicating the release of HO from the sorbent. This is followed by
a signal decrease over approximately 30 min as the desorbed water
exited the reactor.

Once sorption enhancement was established, the additional pro-
duction of CHsOH and CO was quantified and compared to the water
uptake, as outlined in Section 2.3.3. These results, illustrated in Fig. 10
across the three investigated temperatures, demonstrated the impact of
water removal on shifting the equilibrium towards reaction products, as
described by Le Chatelier's Principle. The additional CHsOH and CO
produced during the SE phase, quantified by the integrated areas,
highlight this equilibrium shift. Although H20 adsorption shifted the
equilibrium position, the production of CHsOH and CO remained gov-
erned by the reaction rates. During sorption enhancement, the transient
peaks suggest that both methanol and RWGS reactions were primarily
driven by the kinetic effect of H,O removal, which temporarily altered
the equilibrium and accelerated the rates of reaction. This enhancement
is further evidenced by the progressive uptake of water in the adsorption
graphs (right panels (c), (f), and (i), which temporarily suppressed the
inhibitory effect of HoO on the metal catalyst. In summary, the transient
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Fig. 10. Visual illustration of the quantified amount of sorption-enhanced CH30H and CO produced in comparison to the water uptake (adsorbed H,0) at the reactor
temperature of 220 °C (a) (b) (c), 235 °C (d) (e) (), and 250 °C (g) (h) (i) for the fixed-bed configuration with 21.5 g CZA and 16.9 g 3 A (inlet composition and
pressure as in Table 1). The outlet flow rate evolution over time and integration of the SE area were computed with the MS (CH3OH and H,0) and NDIR (CO) data
after determining the equilibrium composition.
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period was characterized by reaction rates momentarily exceeding those
expected under equilibrium conditions due to water adsorption.

The impact of temperature on product selectivity is evident, with the
methanol production at equilibrium decreasing at higher temperatures
due to the exothermic nature of the synthesis reaction. The total CO
production remained relatively stable (Table 6). Compared to the
methanol synthesis experiments without adsorption (Table 5), the
dominance of the reverse water-gas shift reaction, particularly at higher
temperatures, was coupled with the increased consumption of Hz on the
catalyst during the sorption-enhancement phase, returning a final
equilibrium state that favored CO selectivity. As more H> was consumed
during the SE phase due to the accelerated reaction rates, its concen-
tration in the gas phase lowered, while CO concentration increased
thanks to water adsorption.

Despite higher CO flow rates observed at steady-state conditions as
temperature increased from 220 °C to 250 °C (central panels (b), (e), and
(h)), the duration of SE effect shortened, clarifying why the overall CO
output, as presented in Table 6, remained consistent compared to
CH3OH. In fact, following the decrease at steady-state, the additional
methanol produced through water removal decreased by more than 50
% from 220 °C to 250 °C, whereas the additional CO produced showed
an overall increase of 20 %.

Interestingly, the contribution of sorption enhancement (nSE) to
methanol production (Eq. (6)), increased with temperature. This in-
crease can be explained by the interplay of several effects. The total
water uptake remained relatively constant across the temperature range
due an improved CO5-to-HoO conversion but with a shorter adsorption
time at higher temperatures, limiting the duration of the SE effect. This
reduced the absolute amount of additional CH3OH produced. Simulta-
neously, standard methanol production decreased significantly at higher
temperatures due to unfavorable thermodynamics. As a result, the
relative enhancement during SE became more pronounced at elevated
temperatures. The combined effect of these trends - shorter SE duration,
reduced total methanol production, and a larger relative enhancement -
resulted in an increase in nSE, as the contribution of the sorption
enhancement became more significant relative to the total production.
In the trade-off between absolute CH3OH production and 1SE, operating
temperatures between 220 and 235 °C are recommended to achieve a
balance (left panels (a), (d)).

The 1SE contribution to CO enhancement also increased with tem-
perature. Although water adsorption appeared to contribute more
significantly to the RWGS reaction, nSE values for CH3OH and CO were
comparable at 250 °C, reaching maximum values of 21.50 % and 20.20
%, respectively (Table 6). This trend suggests that the SE effect becomes
more pronounced at elevated temperatures, driven by faster reaction
kinetics and water removal shifting the equilibrium towards product
formation. However, the higher SE efficiency at 250 °C was offset by the
substantial drop in total methanol production, making this temperature
less favorable for single-stage methanol synthesis.

At 250 °C, the additional CO mass produced during SE (977.10 mg)
far exceeded the additional methanol mass (7.40 mg), indicating a
process shift towards CO formation, as confirmed by previous experi-
mental and modelling studies [32,36]. This opens the possibility of using
CO as an intermediate for CH3OH production in a two-stage process. In
such a configuration, the first stage could operate at low pressure and
250 °C to maximize the synthesis of CO from biogenic CO, followed by a
second stage at higher pressure to convert CO to methanol (Eq. (3)). This
approach leverages the high CO yields observed during LP sorption
enhancement while optimizing CH3OH production in a subsequent HP
stage (e.g., at the typical delivery pressure of 30 bar for a standard
electrolyzer). For the methanol synthesis stage, operating at
220 °C-235 °C remains the most favorable, balancing total methanol
yield and the benefits of the sorption enhancement.

The water uptake as represented in the right plots of Fig. 10
amounted for approximately 0.14 g of liquid water adsorbed. This
amount did not correspond to the sum of additional CH30H and CO
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produced during SE, with a higher discrepancy for decreasing temper-
atures due to a lower amount of additional CO produced compared to
the constant amount of water adsorbed. This is in line with a slower
RWGS reaction kinetic, while water adsorption remains driven by its
interaction with the sorbent, which is less temperature-dependent
compared to the reaction rates. The fact that steam removal and prod-
uct addition was not linearly related indicates that the sorbent must
adsorb more Ho0 than what is stoichiometrically produced to achieve
the sorption enhancement indicated in Table 6. A constant amount of
adsorbed water but greater enhancement of other reaction product is in
agreement with previous findings on steam removal enhanced CO hy-
drogenation [31]. Moreover, it was observed that the water adsorption
process extended beyond SE, with a less sharp increase of HyO to its
steady-state value compared to the breakthrough over additional 5 to
10 min. This is because H,O continued to be produced at equilibrium
conditions, and the sorbent could still take up water as long as it had
available adsorption capacity. However, the additional CH30H and CO
production during the SE phase was limited to the time when the
equilibrium was shifted significantly by water removal.

Fig. 11 illustrates the sorption-enhanced performance at peak con-
ditions, showing that the maximum product yield for CH;0H (a) could
reach approximately 130-175 % of its equilibrium value across the
temperature range of 220-250 °C. For CO (b), this factor lay between
160 and 173 %. The error bars in the figure (standard deviation) were
derived from a dedicated repeatability test conducted at 250 °C, repre-
senting the most demanding case due to the lower methanol production.
Three independent runs under identical conditions showed very small
variations, with absolute standard deviations of approximately 0.01 %
for methanol yields and similarly low values for other products, indi-
cating good repeatability for all calculated quantities.

These peak performances align with the outlet performance metrics
reported in previous SE studies conducted in fixed-bed reactors [32].
However, this parameter is only meaningful if the peak does not
correspond to a relatively short transient behavior. Despite the prom-
ising results observed under peak conditions, the constraint of discon-
tinuous operation due to sorbent regeneration after the sorption-
enhancement phase persists. Extending the adsorption time by
increasing reactor length at reasonable GHSV to achieve acceptable
product yields would require a significantly larger quantity of sorbent
material and result in prolonged regeneration times. This highlights the
critical need for more efficient regeneration strategies, such as those
proposed for fluidized-entrained bed reactors [34], which offer the po-
tential for continuous operation and improved process scalability.

3.3.2. Fluidized-bed sorption-enhanced methanol synthesis experiments

The trend discussed for the FB sorption-enhancement results is
consistent with what was observed for the BFB reactor, with close values
at equilibrium, although only half of the bed material was used for the
BFB experiments. The overall methanol produced as sum of the sorption-
enhanced and standard conversion was sharply reduced with tempera-
ture, decreasing by more than 70 % from 220 °C to 250 °C.

However, in contrast to what was observed for the FB configuration,
the additional amount of CO produced during sorption enhancement
decreased passing from 220 °C to 235 and 250 °C.

Because of this decrease compared to the higher total amount of CO
produced at 235 °C, the contribution of sorption enhancement nSE to CO
at this temperature lowered (Table 6). Nevertheless, since the relative SE
contribution to methanol increased with temperature, nSE values for
both CH30H and CO are maximized at 250 °C, reaching maximum
values of 22.50 % and 18.30 %. At 220 °C, these two values are equal,
though the total CO produced during SE (699.30 mg) again exceeded the
total amount of methanol (26.20 mg), confirming a higher enhancement
of CO formation by selective removal of steam.

Despite an increasing peak performance and outlet flow rate at
equilibrium with temperature, as highlighted by the central plots (b),
(e), and (h) in Fig. 10 for the fixed bed, water adsorption was
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Fig. 11. (a) MeOH yield at the peak of sorption enhancement (red stacked bars) compared to the yield at equilibrium (gray bars) across the investigated temperatures
of 220, 235 and 250 °C for a fixed-bed configuration of catalyst-sorbent. (b) Same comparison for CO yield. Error bars (standard deviations) were derived from a

repeatability test at 250 °C.

characterized by a sharper breakthrough in the BFB configuration. This
is evident when comparing the BFB results for the outlet flow rates of
CH3OH, CO and H30, along with integrated areas of sorption enhance-
ment and adsorbed water (Fig. 12), to those of the FB configuration
(Fig. 10). The graphs (c), (f), and (i) show that the breakthrough curve
tailed substantially longer in the FB case than in the BFB, which in-
dicates more potential for synthesis-regeneration cycle optimization in a
BFB reactor.

In the BFB experiments, the water uptake remained consistent across
all temperatures, ranging from 0.11 to 0.12 g of liquid H20. A consistent
over-stochiometric water adsorption was also observed between 220
and 250 °C, reflecting the reduction in both total amounts of CO and
CHsOH produced as temperature increased. Due to the higher standard
conversion measured at 250 °C for CO, the discrepancy between addi-
tional amount of reaction products and adsorbed steam reduced at this
temperature. Again, water removal with limited adsorption capacity
continued after sorption enhancement ended.

Fig. 13 shows a maximum product yield for CH30H (a) compared to
its equilibrium value between 160 and 163 % across the temperature
range of 220-250 °C. For CO (b), the relative enhancement ranged be-
tween 166 and 185 %. As for the FB configuration, the error bars in the
figure (standard deviation) were derived from a dedicated repeatability
test conducted at 250 °C, with absolute standard deviations below 0.01
% for methanol yields and between 0.2 and 0.4 % for CO yields.

Notably, the maximum yield achievable at 220 °C in the BFB reactor
was about 20 % higher than that observed in the FB configuration. In
fact, the bubbling fluidization led to more uniform temperature distri-
bution throughout the reactor, reducing the presence of hot spots. At
220 °C, this ensured optimal reaction conditions for methanol synthesis,
which is highly temperature sensitive. Moreover, the enhanced mixing
and movement of sorbent particles in the BFB configuration facilitated
continuous exposure of fresh adsorption sites. However, this may have
contributed to a shorter enhancement with increasing temperature
because of the sharper HyO breakthrough, further limiting the addi-
tional methanol production at 235 °C and 250 °C compared to the fixed
bed.

Verification of the particle size ranges after the fluidization experi-
ments revealed the presence of finer particles than those characterized
in Section 2.3.3 for both the catalyst and sorbent. This observation
prompted an evaluation of the change in particle size distribution (PSD)
during several BFB experiments conducted under the same operating
conditions. The resulting PSD is shown in Fig. 14, which compares
measurements taken before and after a three-cycle experiment per-
formed at 3 bar and 250 °C. For both materials, the post-experiment PSD
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exhibited a clear shift towards finer particle sizes than those measured at
the beginning. Despite this change, mass spectrometry analyses per-
formed over the three consecutive repetitions showed no significant
variation in the measured outputs, indicating that the loss of fine par-
ticles occurred predominantly at the onset of fluidization and then
remained stable during several hours of operation. For the catalyst,
approximately 30 % of the initial mass was lost due to entrainment from
the disengagement zone, which explains why the post-experiment
weight percentages do not sum to 100 % in Fig. 14(b). In contrast, the
sorbent experienced only about a 1 % mass loss, indicating a minimal
carryover of fine particles out of the reactor. Considering that under 160
pm size, a mixture of catalyst and sorbent was collected in the sieves,
each sieve fraction shown in Fig. 14 was carefully transferred into a vial,
photographed, and analyzed via image recognition to determine the
catalyst and sorbent proportions. The analysis was calibrated such that
completely black particles corresponded to 100 % catalyst content, and
the resulting PSD for catalyst and sorbent are as depicted in the graphs
(a) and (b) of the figure. Detailed explanation of this analysis is provided
in the Supporting information.

The observed loss of 15 % of sorbent and 17 % of catalyst to finer
particles, compared to the originally measured PSD, highlights the
importance of assessing material stability with respect to entrainment
and fine-particle separation. This is strongly recommended for an ac-
curate prediction of bubble- and dense-phase dynamics, as well as sor-
bent capacity retention, in the design of a larger-scale fluidized-
entrained bed reactor. For this preliminary proof-of-concept at lab scale,
however, the observed PSD change was demonstrated to be non-critical
for predicting the adsorption capacity and the consequent enhancement
in MeOH and CO production at the reactor outlet.

The more uniform temperature distribution along the BFB reactor
was demonstrated by the measurements of the thermocouples posi-
tioned at the porous plate and at 2 cm intervals along the catalyst-
sorbent bed. Fig. 15 displays this in-situ temperature distribution for
both the fixed (a) and fluidized (b) bed configurations for the situation
after sorption enhancement. It confirms isothermal operating conditions
for the BFB reactor compared to the FB, where noticeable temperature
gradients were observed, especially significant during the SE phase (not
shown). Specifically, the exothermic CO; hydrogenation and water
adsorption caused localized hot spots. Above 8 cm height, far from the
heat source, the heat wave was dissipated. Conversely, the BFB reactor
maintained a stable temperature distribution across the bed height,
highlighting the advantage of fluidization in achieving improved heat
transfer thanks to enhanced mixing and reduced heat accumulation. The
color gradient in Fig. 15 emphasizes these differences, with the FB



C. Berretta et al.

Flowrate [NmL/min]

Flowrate [NmL/min]

Flowrate [NmL/min]

Sorption-enhanced CH30H

1.2
1 L
0871
0.6
0471
02+t Flowrate (NmL/min)
Integrated Area
= = —Equilibrium Value
0 . . .
0 10 20 30
Time [min]
(a)
Sorption-enhanced CH30H
1.2 T . .
1 L
0.8
0.6
040 L C e e
02+t Flowrate (NmL/min)
Integrated Area
= = =—Equilibrium Value
0
0 10 20 30
Time [min]
Sorption-enhanced CH30H
1.2 T T
1t
0.8
061
04r
o2F 77 Flowrate (NmL/min)| {
Integrated Area
= = =Equilibrium Value
0 . |
0 10 20 30
Time [min]

(2

Flowrate [NmL/min]

Flowrate [NmL/min]

Flowrate [NmL/min]

Sorption-enhanced CO

60
50
40
30
20 Lo o o o o e
10 + Flowrate (NmL/min)| {
Integrated Area
= = =Equilibrium Value
0 I I .
0 10 20 30
Time [min]
Sorption-enhanced CO
60 T T
50
401
30
201
10 + Flowrate (NmL/min)| |
Integrated Area
— — —Equilibrium Value
0
0 10 20 30
Time [min]
(e)
Sorption-enhanced CO
60 T T
50
40 1
30 T ____________
20
10 Flowrate (NmL/min)| {
Integrated Area
= = =Equilibrium Value
0 I I
0 10 20 30
Time [min]

(h)

35

Flowrate [NmL/min]
N
o

w w
o [&]

N
[&)]

Flowrate [NmL/min]

w
o

w
o

Flowrate [NmL/min]

N
(&)

-
o

-
o

N
o

-
[&)]

-
o

N
(6]

N
o

-
[¢)]

-
o

Chemical Engineering Journal 526 (2025) 170755

Adsorbed HZO

(i)

30

Flowrate (NmL/min)
Integrated Area |
= = —Equilibrium Value
0 10 20 30
Time [min]
(c)
Adsorbed HZO
Flowrate (NmL/min)
Integrated Area |
= = —Equilibrium Value
0 10 20 30
Time [min]
Adsorbed H,0
Flowrate (NmL/min)
Integrated Area |
= = =Equilibrium Value
0 10 20
Time [min]

Fig. 12. Visual illustration of the quantified amount of sorption-enhanced CH30H and CO produced in comparison to the water uptake (adsorbed H,0) at the reactor
temperature of 220 °C (a) (b) (c), 235 °C (d) (e) (), and 250 °C (g) (h) (i) for the BFB reactor configuration with 10.9 g CZA and 8.3 g 3 A (inlet composition and
pressure as in Table 1). The outlet flow rate evolution over time and integration of the SE area were computed with the MS (CH30H and H,0) and NDIR (CO) data
after determining the equilibrium composition.
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because of entrainment from the reactor.

reactor showing more pronounced shifts (blue to red) compared to the
nearly uniform yellow distribution in the BFB temperature profile.
In-situ temperature measurements are necessary to detect localized
temperature variations in exothermic processes like FB methanol syn-
thesis, as temperature directly affects the reaction rates, especially
during rapid transient phases like sorption enhancement, and equilib-
rium. Moreover, they ensure accurate characterization of the adsorption
process, as the adsorption front moves faster at higher temperatures,
anticipating the breakthrough. This is visible in the right plots of Fig. 10,
where a plateau in the HyO signal during adsorption is only visible at
220 °C. For the BFB reactor, the plateau was detected also at 235 °C and
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250 °C, although the more effective gas-sorbent contact caused a sharper
breakthrough as the adsorption front did not move gradually along the
bed. So far, the experimental investigation on sorption-enhanced pro-
cesses was based on outlet temperature measurements or at the reactor
wall [32,54]. However, to rely on these measurements, a sufficient
number of thermocouples should be embedded within the setup or
reactor structure, complemented by additional equipment for data
monitoring [56]. The accuracy of wall and gas temperature measure-
ments provides a basis for representing the heat transfer coefficient in
simulation models, enhancing their alignment with the actual process.
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3.4. Impact of higher pressures

Dynamic simulations with the one-dimensional fixed-bed reactor
model (cf. to Section 2.4) using the adsorption parameters estimated
from the experimental data (Table 2) were used to show the impact of
higher pressures. The kinetics are based on Maksimov et al. [32] but
were adapted by pre-factors to the experimental results in lab scale to
account for the different catalyst used in this work, with focus on the
results in the main region of the experimentally investigated domain
(around 235 °C). It should be noted that the chosen reactor length and
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the catalyst hold-up (identical to those used for the lab experiments)
allowed to reach steady state, i.e. thermodynamic equilibrium (which in
turn was represented in the model by the results of Graaf et al. 2016
[571). Therefore, the conversion levels and selectivity at steady state are
quite independent of the applied kinetic model. The selectivity to be
expected during sorption enhancement depends more on the kinetics;
therefore, for reactor optimization, a detailed kinetic model of the used
commercial catalyst was necessary which, however, is beyond the scope
of this paper. Still, the applied modelling approach allowed to derive
some fundamental conclusions on useful reactor concepts, the more so
as the experimentally determined sorption capacity was used in the
model.

As can be observed in Fig. 16, the selectivity towards methanol
strongly increases with increasing pressures, both for the steady state
situation and the peak during sorption enhancement. Around 10 %
methanol yield at steady state and up to 12 % during the enhancement
peak were predicted by the chosen modelling approach at 30 bar, the
targeted pressure for decentralized applications. The RWGS reaction
showed an opposite trend: increasing pressures led to slightly lower CO
levels. At 30 bar, a 10 % CO yield was reached during steady state and
more than double during the enhancement. The relative contribution of
sorption enhancement to the overall methanol yield did not grow line-
arly with pressure, which can be explained by the Langmuir-type
behavior of water adsorption on the sorbents. The water removal does
not increase linearly with the partial pressure due to the increasing
surface coverage.

The high CO content at the outlet suggests, as already discussed in
the experimental section, an intermediate condensation step for meth-
anol removal, followed by a second methanol synthesis reactor that
takes advantage of the high CO content, leading to higher methanol
yields at equilibrium. To increase the methanol yield during sorption
enhancement, significantly more sorbent mass would be necessary due
to the limited water uptake per gram of sorbent in HP processes. The
already suggested continuous transport of fresh sorbent into the reactor
and of spent sorbent to a regenerator would help to avoid expensively

CO yield
35 T T Y T T
[ Reactor pressure [bar] ]
|——10bar 20 bar 30 bar|
30F \ 1

\

20

CO yield [%)]
S

-
(&

25} 1
1o} \t
5k .
ols .

0 40 60 80 100
Time [min]

(b)

Fig. 16. Influence of increasing pressure on the CH30H (a) and CO (b) yields up to the targeted level of 30 bar for process coupling with decentralized green H, and
biogenic CO, supply, as predicted by the one-dimensional fixed-bed reactor model (cf. to section 2.4) using the adsorption parameters estimated from the experi-

mental data (Table 2).
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large reactor volumes at high sorbent/catalyst ratios. Moreover, the
continuous sorbent transport would allow the reactor to operate close to
the peak conditions and the corresponding higher conversion levels,
which is favorable for the overall process.

4. Conclusions

This study comprises an extensive experimental investigation aiming
at improving product yield beyond its thermodynamic constraints in SE-
MeOH synthesis, proving the potential of both fixed and bubbling flu-
idized bed reactor configurations, with differences in behavior and
performance under dynamic conditions. Selective HyO adsorption and
retention of the sorption capacity across a temperature range relevant
for MeOH synthesis was evaluated. The sorption-enhancement effect
was quantified as a temporary equilibrium shift by computing the water
uptake, relative contributions of additional methanol and CO produced
during the enhancement phase to the total production, and maximum
achievable product yields. A dynamic model for MeOH synthesis in
fixed-bed reactors was benchmarked with the lab experiments and used
to show the impact of the targeted, industrially relevant pressure range
(20-30 bar) for biogenic CO5 upgrading and green H, storage.

It is noted that for both FB and BFB reactor, the sorption enhance-
ment benefited CO formation the most. Although the lab-scale experi-
ments were performed at a lower pressure than industrially applied, the
CO enhancement data can guide the design of an adsorptive reactor for
LP CO2-to-syngas production via RWGS, followed by methanol synthesis
at higher pressures using reaction (3). As proven by the modelling re-
sults, already the targeted pressure level of 20-30 bar (similar to the
hydrogen delivery pressure of standard electrolyzers) allows to strongly
increase the methanol yield to a range similar to that of the CO yield.

The sorption-enhanced process is inherently time-dependent, with
reaction rates declining as the sorbent approaches saturation and the
system returns to equilibrium conditions. However, the consistent
enhancement observed across the FB and BFB configurations highlights
the versatility of the method and the potential for process optimization.
This should rely on a more efficient sorbent regeneration strategy with
an advanced reactor design, possibly integrating RWGS and MeOH
synthesis in sequential stages, making use of CO enhancement.

The BFB configuration offers distinct advantages over the fixed bed,
particularly in achieving a more uniform temperature distribution, as
confirmed by in-situ measurements, and reducing hot spots caused by
exothermic reactions and water adsorption. However, the real potential
of a BFB reactor concept lies in facilitating the transport of sorbent
particles to a separate regeneration vessel before saturation. Further to
improving methanol yield — with its maximum value in this work during
fluidized methanol synthesis at 220 °C - this can be achieved with
continuous operation by preventing sorbent saturation, thus maintain-
ing methanol production at the sorption-enhancement level.

Thus, an adsorptive BFB reactor could combine sorption enhance-
ment, uninterrupted operation and improved temperature control in
compact reactor systems. This approach can address the limitations of
traditional methanol synthesis processes, overcoming equilibrium con-
straints while ensuring optimal reaction conditions with better heat
management. These advancements can significantly improve CO: utili-
zation coupled with a PtX strategy by storing renewable H: in a key
molecule for the chemical industry and the energy sector.

Future work should focus on scaling up SE-MeOH synthesis and
bridging the gap between lab-scale experiments and industrial applica-
tions by means of fluid-dynamic studies and dynamic process simula-
tions with more detailed kinetic models, validated with bench-scale
data, for reactor optimization.
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