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� Dynamic heterogeneous model reveals the thermal behavior of the SER process.

� Strategies to cover the energy demand for efficient H2 production are assessed.

� SER allows single step production of >95% purity hydrogen with >85% carbon capture rate.

� Potential to avoid the cooling step between regeneration and reforming stages is demonstrated.
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a b s t r a c t

Methane sorption enhanced reforming (SER) is investigated in this work as a promising

route for blue H2 production. A 1-D dynamic heterogeneous model is developed to evaluate

the thermal behavior of a fixed bed reactor under adiabatic conditions. The heterogeneous

model allows to decouple the feed gas temperature from the initial solid one in order to

investigate the behavior of the reforming step in a temperature swing reforming/regen-

eration process. The effects of the feed gas temperature, the initial bed temperature, and

the bed thermal capacity are studied by evaluating the global impact of each parameter

through a set of key performance indices (CH4 conversion, H2 yield and purity, carbon

capture ratio) calculated as integrals over the duration of the reforming step. The results

highlight the minor effect of the initial bed temperature on the process performances

showing the potential of minimizing the extent of a cooling step between regeneration and

reforming stages. Besides, due to the endothermic nature of the methane sorption

enhanced reforming process at high temperatures, thermal energy must be provided to the

SER process to achieve high CH4 conversion and high carbon capture ratio. This can be

made either in the form of high feed temperature or by utilizing the energy stored in the

bed benefiting from the bed thermal capacity.
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Introduction

Hydrogen plays an important role both as an energy vector

used for energy storage, transportation, and power produc-

tion, or as a raw material in the chemical and petroleum in-

dustries [1]. However, the major part of the hydrogen is

currently produced from fossil fuels either methane through

the steam reforming (SR), autothermal reforming of natural

gas, or through partial oxidation of heavier cuts [2]. By

examining the latest IEA energy outlook [3], the role of fossil

based natural gas is evidentwhere even in themost optimistic

scenario, natural gas will remain a major player in the global

energy mix for the projected period until 2050. The rapid

development of processes capable of utilizing the fossil-based

methane with the flexibility to work with future green feed-

stocks while limiting the carbon emissions resulting in net

zero emissions is of the utmost importance to achieve the net

zero targets. Among the several emerging technologies sug-

gested for this application, Sorption Enhanced Reforming

(SER) is very promising. Several experimental and modelling

studies were performed on the SER of methane commonly

using conventional steam reforming Ni based catalysts

coupled with CO2 sorbents [4e9]. CaO based sorbents are

especially suitable for methane SER since they provide high

sorption capacity and fast kinetics in the high temperature

range [10,11] coupled with high availability and cost compet-

itiveness [12]. In the presence of CaO, the CO2 produced by the

consecutive methane steam reforming and water gas shift

(WGS) reactions (Eqs. (1) and (2)) is captured through the

carbonation reaction, Eq. (3). Being a highly exothermic reac-

tion, the CaO carbonation tends to balance the highly endo-

thermic nature of methane steam reforming.

CH4 þH2O4COþ 3H2 DH�
298K ¼ 206 kJmol�1 (1)

COþH2O4CO2 þH2 DH�
298K ¼ �41 kJmol�1 (2)

CaOþCO24CaCO3 DH�
298K ¼ �178 kJmol�1 (3)

The CO2 sorption reaction, being a gas solid reaction

dependent on the availability of active sorbent, makes the

process dynamic in the fixed bed arrangement [13]. A typical

arrangement of the process can approach a continuous

steady production of hydrogen through alternating parallel

reactors between the two steps of the process: the sorption

enhanced reforming and the sorbent regeneration passing

through the two intermediate steps of blow down and re-

pressurization. As previously explained, the reforming reac-

tion, being a highly endothermic reaction with an increasing

number of moles, is favored at high temperature and low

pressure. On the other side, the sorption reaction is favored

at low temperature and high pressure. This interplay be-

tween the two reactions and the aim of improving the global

efficiency of a hydrogen production plant focuses on main-

taining the SER reactor at the lowest feasible temperature

and the highest possible pressure, delivering a stream of pure

pressurized hydrogen to be easily utilized in the downstream

processes while achieving high energy efficiency. Regarding

the regeneration step, being a highly endothermic reaction
with an increasing number of moles, the CaO calcination

reaction is favored at high temperature and low pressure. It

was shown in the literature [14] that a definite CO2 partial

pressure, function of temperature, establishes in the gas

phase at chemical equilibrium making the regeneration of

this sorbent suitable by both pressure and temperature swing

desorption.

Several modelling activities are available in the literature

for methane sorption enhanced reforming process in a fixed

bed reactor. Xiu et al. [15] developed a model of the complete

SER process including the reaction/sorption and regeneration

steps. Lee et al. [16] presented a 1-D pseudo homogeneous

model describing the steps of the transient behavior of the SER

process in a lab scale reactor placed inside an oven to keep a

fixed reactor wall temperature. Following the same concept, Li

and Cai [17] developed a kinetic expression for the cyclic CaO

carbonation and calcination reactions and implemented their

kinetic expressions in a 1-D pseudo homogeneous fixed bed

reactor model keeping the reactor wall temperature constant.

More recently, Sheu et al. [18] studied the transient behavior of

an externally heated SER reactor using a 2D model. Moving to

the large-scale applications, Fernandez et al. [19] presented a

1-D pseudo homogeneous model of a large-scale adiabatic

fixed bed reactor. The result of this work proves the theoret-

ical feasibility of applying the SER process for a large-scale

hydrogen production plant. Based on the works of Fernan-

dez et al., Abbas et al. [20,21] proposed a 1-D heterogenous

model of an adiabatic packed bed reactor for both high pres-

sure, large scale applications similar to the conditions

modelled by Fernandez et al. [19] and small scale low pressure

applications. Recently, Martini et al. [22,23] integrated the SER

process using a 1-D pseudo homogenous fixed bed reactor

modelwithin their work in developing a process for large scale

production of H2 coupled with CO2 capture.

However, pseudo-homogeneous models do not allow

decoupling of the temperature level of the gas from that of the

solid phases, which can play an important role in the opti-

mization of the reforming/regeneration temperature cycle.

Additionally, the heterogeneous model can properly address

the progressive conversion of the sorbent from CaO to CaCO3,

which increases the mass of the bed and changes its specific

heat capacity, thereby affecting the thermal behavior of the

reactor and the performances of the process.

In this work we present a 1-D heterogenous model for the

methane SER process in an adiabatic fixed bed reactor. The

model includes threewell mixed solid phases: the sorbent, the

catalyst, and the inert, in addition to the gas phase. The sep-

aration of the different phases of the reactor (gas, catalyst,

sorbent, and inert) highlights the interplay between them and

their impact on the thermal behavior of the reactor and the

global performance of the SER process. The role of the heat

capacity of the reactor is studied in detail including the sor-

bent variable density and specific heat capacity effect. The

model is used to perform simulations with decoupled initial

bed and feed gas temperatures, in order to investigate the

behavior of the reforming step in a temperature swing cycle.

The performances of the SER process are evaluated on the

basis of several key performance indices defined in the work.

From the obtained results, a strategy to improve the methane

conversion and hydrogen yield is proposed, based on
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introducing the high-density inert material in the reactor and

thus increasing the bed heat capacity. Results of this proposed

strategy are compared with the common SER arrangement

and show improvedmethane conversion, hydrogen yield, and

carbon capturing ratio in the adiabatic condition.

Methods

In this section, the reactormodel is described providing all the

correlations used. A scheme of the reactor is given in Fig. S1 of

section A of the Supplementary Material.

SER reactor model

A heterogeneous one-dimensional dynamic model of a fixed

bed reactor was developed using gPROMS® software platform.

The model describes the time evolution of concentration and

temperature axial profiles of the sorption/reforming step of a

SER cycle. The model includes 1D total mass balance for gas

phase, 1D i-speciesmass balances (i ¼ CH4;H2O;H2;CO;CO2;N2)

and energy balances for the gas-phase, catalyst, and sorbent

solid phases. The pressure drop, along the reactor was evalu-

ated by using the Ergun equation for fixed beds (E. (4)) [24].

dP
dz

¼ �
 
150ð1� εÞ2

d2
pε

3
mguþ 1:75ð1� εÞ

dPε
3

rgu
2

!
(4)

The reactor bed void fraction is calculated as defined in

Equation S1 of section B of the Supplementary Material.

Mass balance equations:

The total mass balance for the gas phase (E. (5)) consists of

four terms: mass accumulation, axial mass convection, mass

exchange between gas and catalyst phases, and mass ex-

change between the gas and the sorbent phases.

ε

u
vG
vt

¼ � vðGÞ
vz

þ aV;sorbent

XNC

i

MWikm;i

�
Csorbent;i �Cgas;i

�

þ aV;catalyst

XNC

i

MWikm;i

�
Ccatalyst;i �Cgas;i

�
(5)

Solid surface area per unit volume (Eqs. (6) and (7)) depends

on the solid phase considered (catalyst or sorbent) and it was

weighted with the volumetric fraction x related to the specific

solid phase ðxcatalyst þxsorbent ¼ 1Þ. This schemewas applied to all

the balance equations.

aV;catalyst ¼ð1� εÞxcatalyst
SP;catalyst

VP; catalyst
(6)

aV;sorbent ¼ð1� εÞxsorbent
SP;sorbent

VP; sorbent
(7)

Gas phase molar balances for i-species (Eq. (8)) consist of

five terms: molar accumulation, axial convection, axial molar

dispersion, mass transfer between the gas and the catalyst

phases, and between the gas and the sorbent phases.

ε

vCgas;i

vt
¼ � v

�
uCgas;i

�
vz

þDae;i

v2
�
Cgas;i

�
vz2

þaV;catalystkm;i

�
Ccatalyst;i �Cgas;i

�
þ aV;sorbentkm;i

�
Csorbent;i �Cgas;i

�
(8)
Regarding the catalyst phase no accumulation on the sur-

face was considered and continuity equations for the i-species

at the gas-catalyst interface (Eq. (9)) consist of two terms: mass

transfer between the gas and catalyst phase, and rate of species

consumption or production. Similarly, the continuity equation

for the CO2 species at the gas-sorbent interface (Eq. (10)) equals

the mass transfer rate between the gas and sorbent phase and

the rate of CO2 consumption by sorption, which is governed by

the rate of the sorbent conversion. Assuming ideal selectivity of

the sorbent for CO2, nomolar fluxes between the gas phase and

the sorbent phase were considered for all the i-species except

CO2. Finally, a sorbent balance equation (Eq. (11)) consistent

with the continuity one was considered.

A global catalyst effectiveness factor (h) was included in

the i-speciesmass balance similarly to works presented in the

literature [15e17,19,20,25] to account for the intra particle

diffusion limitations in the catalyst particle. A constant value

of the effectiveness factor equal to 0.3 was selected based on

the modelling and experimental work presented in [16] using

similar small particle size.

aV;catalystkm;i

�
Cgas;i �Ccatalyst;i

�¼hð1� εÞxcatalystrcatalyst
X

j
nijRj (9)

aV;sorbentkm;i

�
Cgas;i �Csorbent;i

�¼ð1� εÞxsorbentrCaO nicarbRcarb (10)

dXsorbent

dt
¼MWCaORcarb (11)

Energy balance equations:

The energy balance of the gas phase (Eq. (12)) consists of six

terms: gas heat accumulation; axial thermal convection; axial

heat dispersion; heat transfer between the gas and the catalyst

phases; heat exchange between the gas and sorbent phases.

εrgcpg
vTgas

vt
¼ �urgcpg

vT
vz

þ lax
v2T
vz2

þ aV;catalysthgs

�
Tcatalyst �Tgas

�
þ aV;sorbenthgs

�
Tsorbent �Tgas

�
(12)

The catalyst phase energy balance (Eq. (13)) and the sorbent

phase energy balance (Eq. (14)) consist of three terms each:

catalyst/sorbent heat accumulation; heat exchange between

the gas and catalyst/sorbent phase; enthalpy release by the

reactions (catalytic or CO2 sorption).

ð1� εÞxcatalystrcatalystcpcatalyst
vTcatalyst

vt
¼ aV;catalysthgs

�
Tgas �Tcatalyst

�
� ð1� εÞxcatalystrcatalyst

X
hRjDHR;j

(13)

vTsorbent � �
ð1� εÞxsorbentrsorbentcpsorbent
vt

¼ aV;sorbenthgs Tgas �Tsorbent

� ð1� εÞxsorbentrCaORcarbDHcarb (14)

The particle density of the catalyst was taken as constant

while the particle density of the sorbent was considered vari-

able in time and space, depending on the sorbent conversion as

presented in Eq. (15). This analogy is based on the model pro-

posed by Bhatia and Perlmutter [26] where the solid product

CaCO3 occupies larger volume than the consumed CaO leading

to a progressive decrease of the porosity and an increase of the

solid particle density at constant particle diameter.

https://doi.org/10.1016/j.ijhydene.2023.03.357
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Additionally, the overall heat capacity of the sorbent was

calculated as an average of both species, CaO and CaCO3,

following (Eq. (16)).

rsorbent ¼ rCaO*

�
1�Xsorbent þXsorbent*

MWCaCO3

MWCaO

�
(15)

Cpsorbent ¼CpCaOð1�XsorbentÞ þ CpCaCO3
Xsorbent (16)

To evaluate the role of the heat capacity of the bed, the case

was also simulated of highly dense inert particles introduced

into the solid bed to increase the overall bed heat capacity,

although occupying a small volume fraction. At this scope,

since no reactions take place on the inert surface, only one

additional equation describing the inert phase energy balance

was added to themodel (Eq. (18)). Besides, the gas phase energy

balance was modified to include the heat transfer between the

gas and the inert phases (Eq. (19)). Additionally, the volumetric

fraction xinert was added so that ðxcatalyst þxinert þxsorbent ¼ 1Þ.

aV;inert ¼ð1� εÞxinert
SP;inert

VP; inert
(17)

ð1� εÞxinertrinertcpinert
vTinert

vt
¼ aV;inerthgs

�
Tgas �Tinert

�
(18)

�
εrgCpg

�vTgas

vt
¼�urgCpg

vT
vz

þlax
v2T
vz2

þaV;catalysthgs

�
Tcatalyst�Tgas

�
þaV;sorbenthgs

�
Tsorbent�Tgas

�þaV;inerthgs

�
Tinert�Tgas

�
(19)

Boundary and initial conditions:

The Danckwerts boundary conditions (Eq. (20)) were

imposed at the reactor inlet and outlet.8>>>>>>>>>>>>>>>>><
>>>>>>>>>>>>>>>>>:

Fgas;tot ¼ C0
gas;totv

0
gas z ¼ 0

C0
gas;i ¼ Cgas;i � Dae;i

vgas

vCgas;i

vz
z ¼ 0

T0
gas ¼ Tgas � lax

vgasCpgas

vTgas

vz
z ¼ 0

vCgas;i

vz
¼ 0 z ¼ Lt

vTgas

vz
¼ 0 z ¼ Lt

(20)

The reactor was assumed initially to be filled with a

mixture of steam and hydrogen in thermal equilibrium with

the solid bed. For all the simulations performed in this work,

the initial composition of the gas phase inside the reactor had

negligible effect on the results given that all the trapped gas

was always completely purged in less than 30 s.

The initial conditions at t ¼ 0 selected for the reactor are

presented in Eq. (21).

8>>>>><
>>>>>:

Tgas ¼ Tsolids initial z< Lt
Tcatalyst ¼ Tsorbent ¼ Tsolids initial 0 � z � Lt
Xsorbent ¼ 0 0 � z � Lt
Cgas;i ¼ Ct¼0

gas;i 0< z< Lt

(21)
Physical properties, transport correlations, and reaction
kinetics

The physical and chemical properties (molecular weight,

specific heat, density, viscosity and thermal conductivity) of

the reacting mixture were calculated using the gPROMS®

Multiflash 4.3 utility tool, while diffusivities, mass and heat

transport coefficients were calculated with correlations taken

from the literature [27e31] and reported in Section B of the

Supplementary Material.

Concerning thermochemical data, the reactions' en-

thalpies were calculated with specific heat capacities and

enthalpies of formation of all the species from [32]. The effect

of the temperature on the reactions’ enthalpies was accoun-

ted for; indeed, the overall enthalpy of the SER process

changes by over 20 kJ/mol from a slightly exothermic�13.5 kJ/

mol at the standard temperature (25 �C) to a slightly endo-

thermic þ13.2 kJ/mol at the actual temperature of the process

(550 �C). More details on enthalpy changes with temperature

are reported in Section C of the Supplementary Material.

The C1 kinetic model (including methane reforming,

methanation, and water gas shift reactions) used in this work

is the one developed by Xu and Froment [33] for nickel cata-

lyst. The rate equations and the kinetic and equilibrium pa-

rameters are reported in the Supplementary Material (Section

D).

Regarding the description of CaO carbonation, the kinetics

were expressed in terms of rate of conversion of the CaO, as

commonly found in the literature [34e36]. Many kinetic

models were proposed, with different degrees of complexity

to capture the specific nature of this reaction. CaO carbon-

ation reaction is known to undergo two consecutive steps: an

initially fast kinetically controlled step, followed by a much

slower diffusion-controlled step through the growing car-

bonate layer [35,37,38]. However, as studied by Mess et al. [39]

the diffusion mechanism controlling the second step leads to

very slow conversion rate that has negligible importance for a

practical CO2 capturing application. For this reason and in line

with the scope of this work, the empirical equation presented

in [40] and used in themodelling works of Fernandez et al. [19]

and Abbas et al. [20,21] was selected for calculating the rate of

CO2 sorption as shown in Eq. (22).

Rcarb ¼ 1
MWCaO

nCO2 carb

nCaO carb
kcarb

�
yco2 � yco2 ;eq

�
ðXmax �XsorbentÞ (22)

In Eq. (22) Xmax represents the maximum sorbent conversion,

defined as the value of the conversion atwhich the carbonation

reaction enters in the product layer diffusion regime; many

works in the literature showed that Xmax may decline with the

number of cycles depending on the structure of the sorbent and

the presence of inert atoms (structural promoters), the regen-

eration temperature, and the regeneration media [1,10]. How-

ever, synthetic calcium based sorbents were developed by

several authors to improve the durability [1,41]. Carbonation

reactivity also depends on the type of the sorbent used. Syn-

thetic sorbents provide a wide range of reactivities, both higher

and lower than the natural one, as reported in [19]. In this work,

the use of a synthetic sorbent was assumed, a suitable option

https://doi.org/10.1016/j.ijhydene.2023.03.357
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for a commercial application where high number of cycles is

expected. Accordingly, the maximum sorbent conversion,

Xmax, was herein considered to be constant and, following the

work of Fernandez et al. [19], it was assumed equal to 0.4; the

kinetic constant for the carbonation reaction, kcarb, was set at

0.35 s�1 as a reference value. The equilibriumpartial pressure of

CO2 was calculated from Eq. (23) [42].

log
�
pco2 ;eq

�
¼ 7:079� 38000

4:574T
(23)

Numerical solution scheme

The mathematical SER reactor model was implemented in

gPROMS® software platform for the dynamic simulation. The

SARDAU solver for differentialealgebraic equations systems

based on implicit Backward Differentiation Formula (BDF)

with variable time step was used for time integration. The

integration time step of BDF changes in accordance with a

maximum local error criterion implemented in gPROMS®. A

first order Backward Finite Difference Method (BFDM) was

used for the discretization of the axial reactor coordinate

using 140 discretization points along the axial coordinate in an

equi-spaced grid. Further increasing of the number of dis-

cretization points was checked to have negligible effect on the

results. The reporting time interval is set as the default value

of 10 s. The consistency of the model results was checked by a

evaluating the global carbon material balance and the global

enthalpy balance including gas and solid phases. The balance

equations can be found in section E of the Supplementary

Material. Satisfactory closure of the balances was obtained

with a minor error (<1%) within the range of acceptable nu-

merical accuracy.
Fig. 1 e Simulation of SER lab-scale test. Solid lines: model;

Symbols: experimental data from Balasubramanian et al.

[43] Reactor outlet species mole fraction (dry basis), Green:

H2, Red: CH4, Blue: CO2, and Black: CO. Vertical dashed

lines: Reaction temporal phases.
Results and discussion

In this section, the model is validated against lab-scale data

from the literature, then a reference case is discussed defining

the key performance indices (KPI) used for evaluating the

process. Finally, a parametric analysis is presented showing

the effect of the different working conditions on the perfor-

mance of the SER reactor.

SER model validation against lab-scale data

Following the same procedure as presented by Fernandez

et al. [19], the model was first tested by comparison with the

experimental results of Balasubramanian et al. [43], per-

formed in packed tube (1.9 cm diameter, 3.8 cm length)

externally heated to keep constant the wall temperature at

650 �C. The thermal behavior of the reactor was not discussed

by the authors, but it is reasonable to assume that thermal

effects were practically negligible in such a small-scale test

unit. To properly reproduce this condition, the energy balance

of the SER model was modified to account for radial heat

transfer (Eqs. S13 and S14 in Section F of Supplementary Ma-

terial); the overall heat transfer term was sufficiently high to

keep the bed almost isothermal during all the phases of the

process. Besides, since gas inlet temperature and solid initial

temperature were equal in the experimental run, a
heterogeneous description was not needed and a single

pseudo-homogeneous phase was assumed, by lumping the

heat capacity of the gas and the solid phases, which implies

that all the phases are at the same temperature for each axial

position at any defined time.

Experimental data (symbols) and model predictions (in

solid lines) are reported in Fig. 1, in terms of outlet molar

fraction on a dry basis of carbon containing species (CH4, CO,

CO2) and hydrogen. The full set of input data of the simula-

tions (including geometrical and operating parameters) are

detailed in Table S2 of Section F of the Supplementary

Material.

It is worth observing that the data reported in Fig. 1 were

actually preceded by another dynamic evolution, since, as

reported by Balasubramanian et al. [43], the experiment

included an initial phase (the start-up), during which the

feeding mixture filled the reactor and progressively activated

the catalyst by reduction; the start of the SER dynamics was

thus identified by the authors as the time when an approxi-

mately constant CH4 conversion was reached, and matched

with the expected value at SER equilibrium (the pre-

breakthrough phase). With time, the breakthrough of pro-

gressively increasing amount of CO2 in the outlet stream was

observed (breakthrough phase), which was associated with

the approach to the saturation of sorbent with loss of CO2

capture efficiency; this in turn reduced the extent of steam

reforming and water gas shift reactions resulting in a

decreasedH2 content and increased CH4 and CO content of the

product stream. Finally, the process reached the post break-

through phase when the completely saturated sorbent no

longer played any role in the process, leaving active only the

steam reforming and WGS reactions. Here, the outlet

composition was close to the equilibrium of conventional

steam reforming, although the measured CO2/CO ratio was

moderately lower than expected, possibly due to some resid-

ual deviation from equilibrium of WGS reaction.

https://doi.org/10.1016/j.ijhydene.2023.03.357
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Table 1 e Reactor characteristics and operating
conditions for the reference case.

Feed gas temperature 550 �C
Initial solids temperature 700 �C
Pressure 10 Bar

Steam to carbon molar ratio 4 mol/mol

Inlet molar composition 20% CH4; 80% H2O %mol

Inlet gas flow rate 7000 Nm3/h

Sorbent to catalyst ratio 5 m3
CaO/m

3
Cat

Catalyst particle density 1650 kg/m3

Sorbent particle density 1650 kg/m3

Reactor diameter 2.26 m

Reactor length 5 m

Particle diameter (dparticle) 1 mm

GHSV 350 Nm3/h/m3
reactor

Max sorbent conversion (Xmax) 0.4 molcaco3/molcao
Catalyst effectiveness factor (h) 0.3 e

Void fraction* (ε) 0.4 e

*Calculated according to equation S1 of Section B of the

Supplementary Material.
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The model correctly described the observed evolution of

phases; from the pre-breakthrough phase to the post-break-

through, the dynamic transition between phases and the

values of the species concentrations are close to the measured

data. The calculated concentration of the major species,

hydrogen, and methane, keep almost constant during about

50min; then a slight drop of the hydrogen content coupledwith

an increase in the methane content develops and evolves into

the breakthrough phase, where the simulated hydrogen and

methane molar fractions compare well with the experimental

values. In this central phase, the simulated trends of the carbon

oxides describe with lower accuracy the experimental values;

thesimulatedprofilesofbothCO2andCOare infactsignificantly

sharper and delayed. However, the duration of breakthrough

phase is well captured. The mismatch between the experi-

mental and simulated COX breakthrough could be explained by

the specific features of the sorbent used in the experimental

work. The post-breakthrough region is properly captured by the

model; the calculated flat profiles match the thermodynamic

equilibrium of steam reforming, thus slightly deviate from the

non-equilibrated experimental data.

Considering the complexity of the experiment and the

reasonable but several assumptions made about the thermal

behavior, the kinetics of chemical reactions and the properties

of solids, the comparison between predicted and measured

trends appear satisfactory.

Simulation of a full-scale reactor under reference conditions

The model was then used to evaluate the feasibility of the

sorption enhanced reforming of methane in a full scale adia-

batic fixed bed reactor (2.26 m diameter, 5 m length) to pro-

duce highly concentrated streams of hydrogen in a single step.

Following the approach proposed in [44], a thermodynamic

study was performed and a base case was selected to evaluate

the process at a pressure of 10 bar with a steam to carbon ratio

of 4 and a feeding temperature of 550 �C. These working

conditions were selected to maintain the temperature high

enough to thermodynamically favor the methane reforming,

and simulate the system far from the possible formation of

Ca(OH)2 that hinders the H2 yield and the carbon capturing

performance as reported in [44]. The initial solid temperature

was assumed at 700 �C, higher than the feed temperature, to

simulate a previous high temperature regeneration step. For

simplicity, the reactor was also assumed to be initially filled

with steam and H2 mixture. As a basis of calculation, a feed

flow rate of 1 ton/h of methane (350 Nm3
CH4/h/m

2) was

assumed, which corresponds to a GHSV¼ 350 Nm3/h/m3
reactor

or 2.12 Nm3/h/kgcat. The simulations were performed

assuming that the reactor was packed with sorbent and

catalyst particles of 1 mm diameter at a volumetric sorbent to

catalyst ratio of 5. At these conditions, a very low Biot number

was calculated which validated the isothermal particles’

assumption. The reactor geometrical characteristics, selected

to minimize the pressure drop by limiting the maximum su-

perficial velocity at 0.2 m/s and to reduce the vessel cost by

keeping a proper length to diameter ratio, and operating pa-

rameters used for the simulation of the benchmark case are

presented in Table 1.
Fig. 2 reports the calculated dynamics of temperature and

composition at the reactor outlet after injection of the feed at

time zero. In a very short time (12s) the initial gas volume

filling the reactor is completely displaced and product distri-

bution at reactor outlet (dry basis) suddenly changes from the

initial condition (100% H2) to the pre-breakthrough one.

After the almost instantaneous gas displacement, the

adiabatic conditions and the assumption of pre-heated bed

here simulated result in a four-phase dynamic evolution.

Firstly, a highly steady stream is predicted to exit the reactor

with constant temperature and composition, defining the pre-

breakthrough period. The duration of this phase is mainly

controlled by the heat capacity of the reactor bed, keeping the

outlet temperature constant, and the sorption capacity of the

reactor, pushing high the extent of the reforming and WGS

reactions. After about 2800s the reactor enters in a thermal

breakthrough phase characterized by an initial temperature

decline; however, a steep temperature increase occurs at

about 5000s, after which the outlet temperature keeps above

650 �C for about 2500s. As better illustrated below, this tem-

perature rise is associated with the exothermic CO2 sorption

in themoving carbonation zone of the bed. At the approaching

full saturation of the sorbent, the CO2 breakthrough occurs,

accompanied by CH4 breakthrough and the decline of H2

concentration and temperature. Finally, the reactor enters the

post breakthrough phase when the sorbent is completely

saturated and no longer plays any role in the process; the

reactor acts then as a conventional methane reformer under

adiabatic condition.

A better understanding of the reactor outlet response can

be obtained by examining the evolution of the axial profiles of

temperature and composition in Figs. 3 and 4. Notably, mul-

tiple phenomena occur simultaneously and produce a com-

plex behavior: the heat transfer between the preheated solid

and the incoming gas, the fast and highly endothermic steam

reforming process, the progressive and highly exothermic

sorbent carbonation.

As soon as the feeding mixture is introduced, the colder

inlet gas temperature and the endothermic reforming
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Fig. 2 e Typical breakthrough curves of methane SER.

Working conditions: P ¼ 10 bar; S/C ¼ 4; Tfeed ¼ 550 �C;
Tbed, initial ¼ 700 �C. Left axis: solid lines: Reactor outlet

species mole fractions (dry basis), Green: H2, Red: CH4,

Blue: CO2, and Black: CO. Right axis: Dashed line: Reactor

outlet gas stream temperature.
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reactions (that take place on the catalyst) cool down the bed

inlet. Here, carbonation of the sorbent starts, and its growing

extent (Fig. 4A) affects the gas phase composition, until

reaching of the local full saturation state within about 1000s.

This produces a shift of the sorption process downstream,

such that two reaction fronts form: a fully equilibrated steam

reforming front at the reactor inlet and a SER front that moves

along the bed, driven by the carbonation of the solid. This

explains the steep changes of concentration of gas-phase

species that also migrate across the bed.

Sincemethane ispartly converted toCOxat thereactor inlet,

in the SER front the rate of carbonation exceeds the rate of

steam reforming, as shown in Fig. 5; here the axial evolution of

calculated rates is plotted at two characteristic time steps, in
Fig. 3 e Typical dynamic axial profiles of temperature for meth

conditions: P ¼ 10 bar; S/C ¼ 4; Tfeed ¼ 550 �C; Tbed, initial ¼ 700
the pre-breakthrough and in the thermal breakthrough phases.

The unbalance between exothermic CO2 capture and endo-

thermic methane consumption produces a local temperature

increase that, like a wave, travels towards the reactor outlet.

This phenomenon overlaps with the progressive cooling of the

solid, which moves through the bed with a speed governed by

the ratio of the solid to flowing gas heat capacity [37], deter-

mining the complex evolution of outlet temperature at the

reactor exit observed in the thermal break-through phase.

Eventually, the carbonation front in the solid phase rea-

ches the reactor outlet producing the CO2-breakthrough. The

reactor turns then into an equilibrated steam reformer with a

unique inlet reaction front.

Fig. 3B, which reports the temperature difference between

the solid phases and the gas along the reactor at different time

steps, shows positive peaks in the sorbent phase associated

with the exothermic carbonation reaction and negative peaks

in the catalyst phase associated with endothermic steam

reforming, evidencing that the gas phase effectively acts as the

heat transfer medium between the catalyst and the sorbent

phases, equalizing the temperature of the two solid phases.
Process key performance indices

The overall performances of the large-scale reactor were

evaluated based on a set of key performance indices defined by

integrating over time the inlet and outletmolar flow rates from

the start of CH4 feeding to the breakthrough time (BTt); this

was selected as the time required to reach an outlet CO2 molar

fraction of 0.01 on dry basis. The selected KPI were: the integral

methane conversion (Eq. (24)), the hydrogen yield defined as

the ratio of the produced H2 moles over the theoretical

maximum from complete methane conversion and WGS (Eq.

(25)), the hydrogen purity (Eq. (26)), the Carbon Capture Ratio

(CCR) defined as the ratio between number of carbon atoms

trapped in the reactor and the number of carbon atoms fed

over the duration of the process (Eq. (27)), the sorbent bed
ane SER process in adiabatic fixed bed reactor. Working
�C.
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Fig. 4 e Typical dynamic axial profiles of composition for methane SER process in adiabatic fixed bed reactor. Working

conditions: P ¼ 10 bar; S/C ¼ 4; Tfeed ¼ 550 �C; Tbed, initial ¼ 700 �C.
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utilization defined as the ratio between the number of con-

verted and initial CaO moles at breakthrough time (Eq. (28)).

Integral CH4 conversion¼

ZBTt
0

_n CHin
4 dt�

ZBTt
0

_n CHout
4 dt

ZBTt
0

_n CHin
4 dt

(24)

Integral hydrogen yield¼

ZBTt
0

_n Hout
2 dt

4*
ZBTt
0

_n CHin
4 dt

(25)
Integral Hydrogen purity¼

ZBTt
0

_n Hout
2 dt

ZBTt
0

_n totaloutdt�
ZBTt
0

_n H2O
outdt

(26)

Integral carboncapture ratio ðCCRÞ¼

ZBTt
0

NCi _n
gas in
i dt�

ZBTt
0

NCi _n
gas out
i dt

ZBTt
0

NCi _n
gas in
i dt

(27)
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Fig. 5 e Dynamic axial profiles of rates of reaction. Working conditions: P ¼ 10 bar; S/C ¼ 4; Tfeed ¼ 550 �C; Tbed,

initial ¼ 700 �C.
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Sorbent bed utilization¼

ZL
0

nCaCO3
ðBTtÞdz

ZL
0

nCaOðt ¼ 0Þdz
(28)

As reported in Table 2, at the reference conditions dis-

cussed above, the SER reformer grants an overall CH4 con-

version of 88.6%, capturing 85.9% of the feed carbon and

yielding 87.5% of the maximum theoretical H2 production in a

stream with an overall purity of 96.1%. Looking at the

uncaptured carbon containing species (representing 14.1% of

the total feed carbon), only 19.3% of them slipped out in the

form carbon oxides while the remaining 80.7% is unconverted

methane. It is worth mentioning that 38.4% of the CaO is

converted at the selected breakthrough criteria; this corre-

sponds to 97% of the active CaO considering that the

maximum conversion was set to be 40%. Simulations per-

formed at higher space velocity show that such high perfor-

mances can be maintained up to GHSV ¼ 875 Nm3/h/m3
reactor

corresponding to a 2.5-fold intensification of the SER process.

Detailed simulation results at varying GHSV are reported in

Section G of the Supplementary Material.

Table 2 also reports the evaluation of the performance's
indices across the duration of the single pre-breakthrough and

thermal breakthrough phases; notably, better performances

are predicted during the pre-breakthrough phase. This anal-

ysis clearly shows the negative effect of the temperature drop

during the thermal breakthrough region, that limits the CH4

conversion and hinders the overall performance of the pro-

cess. At the same time, the results show that the pre-

breakthrough phase has a major role in the process, sustain-

ing a steady flow of pure H2 and providing high CO2 capturing

performance.

This suggests that a strategy for improving the SER per-

formance passes through the optimization of the reactor

thermal behavior. A parametric analysis was thus addressed
(and is presented in the following paragraphs) on the effects of

key operating and design parameters such as the inlet gas

temperature, the initial solid temperature, the heat capacity of

the fixed bed.

In this respect, it is important to observe that since the SER

process dynamically switches between two independent

steps (reforming and regeneration) and regeneration is highly

favored at elevated temperatures, the thermal capacity of the

fixed bed (that is the heat stored in the hot solids at the end of

the regeneration) open degrees of freedom for optimizing the

following reforming stage.

Parametric analysis

The thermal behavior of the reactor is herein studied by

varying the parameters related to the heat carriers, gas (the

inlet gas temperature) and solid bed (initial temperature and

heat capacity), playing a role in the SER process.

Effect of the inlet gas temperature
Keeping all the other parameters constant, the feed gas

temperature was varied between 450 �C and 600 �C. It is

evident from the breakthrough curves plotted in Fig. 6, that

the variation of the feed temperature has no effect on the

pre-breakthrough phase, where the process is mainly driven

by the heat capacity of the bed. The main impact of the feed

temperature is visible along the thermal breakthrough

phase, where the assumed increasing feed temperature

limits the reduction of the outlet gas temperature and sus-

tains higher methane conversion, which results in lower

methane and higher hydrogen concentration in the outlet

gas. In turn, the higher conversion of methane obtained on

increasing the feed temperature leads to faster saturation of

the sorbent shortening the material breakthrough time. As

the post-breakthrough acts as an adiabatic conventional

methane steam reformer, the feed temperature sets the

thermodynamic limitation for the methane conversion and

hydrogen yield during this phase. Consistently with the
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Table 2 e Overall performance indices of the benchmark case.

Pre-Breakthrough
(t ¼ 0 / 2800)

Thermal Breakthrough
(t ¼ 2800 / 7720)

Overall
(t ¼ 0 / 7720)

CH4 conversion 90.6% 87.5% 88.6%

Hydrogen yield 88.9% 86.7% 87.5%

Hydrogen purity 96.3% 96.0% 96.1%

Carbon capture ratio 86.4% 85.7% 85.9%

Sorbent bed Utilization 13.9% 24.5% 38.4%

Uncaptured carbon distribution

CH4 68.9% 87.1% 80.7%

CO 15.9% 6.0% 9.4%

CO2 15.2% 6.9% 9.9%
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breakthrough profiles, Fig. 6 shows that the overall methane

conversion, the hydrogen yield and purity, and the CCR

increase with the feed temperature, particularly in the

450 �Ce500 �C range.
Fig. 6 e Effect of the feed temperature on the breakthrough curve

Tbed, initial ¼ 700 �C. Tfeed ¼ Green: 450�C, Blue: 475 �C, Red: 500�
It is worth noting that the increase of the feed temperature

results in higher risk of coke formation before the catalytic

bed entrance, which puts a warning to the present analysis.

On the other hand, reducing the feed temperature will lead to
s for methane SER. Working conditions: P¼ 10 bar; S/C¼ 4;

C, Black: 550�C, Orange: 600 �C.
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Fig. 7 e Effect of the feed temperature on the integral performances of the methane SER process. Working conditions:

P ¼ 10 bar; S/C ¼ 4; Tbed, initial ¼ 700 �C.

Fig. 8 e Effect of the initial bed temperature on the breakthrough curves for methane SER. Working conditions: P ¼ 10 bar; S/

C ¼ 4; Tfeed ¼ 550 �C. Tbed, inital ¼ Red: 700 �C, Blue: 750 �C, Green: 800 �C, Orange: 850 �C, Black: 900 �C.
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regions where the temperature of unconverted CaO will be

low enough to thermodynamically favor the hydration reac-

tion. For the purpose of this analysis the effect of the hydra-

tion reaction was not considered.

The effect of the feed temperatures on the overall process

was evaluated by calculating the KPI calculated according to

Eqs. 24e28. As reported in Fig. 6, the feed temperature has no

effect on the pre-breakthrough phase and only affects the

thermal breakthrough phase. As reported in Fig. 7, a
Table 3 e Effect of the initial bed temperature on the integral p
breakthrough period (Working conditions: P ¼ 10 bar; S/C ¼ 4

Tbed, inital ¼ 700 �C

CH4 conversion 90.5%

Hydrogen yield 88.6%

Hydrogen purity 96.3%

Carbon capture ratio 86.2%

Bed Utilization 9.96%

Uncaptured carbon distribution

CH4 69.0%

CO 15.9%

CO2 15.1%

Fig. 9 e Effect of the initial bed temperature on the integral perfo

P ¼ 10 bar; S/C ¼ 4; Tfeed ¼ 550 �C.
significant improvement of the SER performance on

increasing the feed temperature from 450 �C to 600 �C is

shown; indeed, methane conversion was predicted to grow

from 61.3% to 86.6% and the CCR from 59.8% to 84.3%. The

effect becomes less important on further increasing the feed

temperature up to 600 �C, which increases the methane con-

version to 90% and the CCR to 86.4%. Hydrogen purity follows

the same trend raising from 85.8% at 450 �C to 95.6% at 500 �C
and finally up to 96.3% at 600 �C feed temperature.
erformance indices after 2000 s, i.e. within the pre-
; Tfeed ¼ 550 �C).

Tbed, inital ¼ 800 �C Tbed, inital ¼ 900 �C

96.9% 99.5%

93.4% 95.0%

95.6% 95.2%

83.2% 81.0%

9.60% 9.35%

18.5% 2.8%

51.0% 68.0%

30.5% 29.2%

rmances of the methane SER process. Working conditions:
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Effect of the bed initial temperature
The effect of varying the initial bed temperature in a range

between 600 �C and 900 �C was calculated while keeping the

feed temperature at 550 �C. The highest selected temperature

of 900 �C is significant as it is representative of the expected

bed temperature after the regeneration phase, occurring at

atmospheric pressure without any sweep gas. As presented in

Fig. 8, the initial bed temperature has a clear effect during the

pre-breakthrough phase when the process is controlled by the

bed's heat capacity, leading to a higher methane conversion

with the increase of the initial bed temperature. However, the

high temperature limits thermodynamically the CO2 sorption

reaction, which results in higher content of carbon oxides that

leave the reactor. On the other hand, no effect of the initial bed

temperature is predicted for the thermal breakthrough, the

material breakthrough, and post breakthrough phases.

Looking at the effect of the initial bed temperature on the

overall process, the KPIs were calculated after 2000 s i.e.
Fig. 10 e Effect of inert heat carrier addition on the breakthrough

C ¼ 4; Tbed, initial ¼ 700 �C. Tfeed ¼ 550 �C. xinert ¼ Red: 0, Blue: 0
within the pre-breakthrough period. The results of this

calculation, as presented in Table 3, clearly show an improved

methane conversion rising from 90.5% to 99.5% on increasing

the initial bed temperature from 700 �C to 900 �C; on the other

hand, the CCR drops from 86.2% to 81.0%. Additionally, the

composition of the uncaptured carbon is dominated by un-

converted methane at the initial bed temperature of 700 �C
and more CO is expected at higher initial bed temperature

resulting from lower extent of WGS reaction resulting from

the higher bed temperature and the lower extent of the

carbonation reaction consuming the CO2.

Extending the calculation over the complete breakthrough

time (pre-breakthrough þ thermal breakthrough) as pre-

sented in Fig. 9, an attenuated effect of the initial bed tem-

perature on the SER performance is predicted. The hydrogen

yield increases from 86% up to 90% following the increase of

the methane conversion and the CCR slightly declines from

86% to 84%. This result indicates that the SER process can be
curves for methane SER. Working conditions: P¼ 10 bar; S/

.08, Green: 0.16.
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operated at high performance when minimizing or elimi-

nating the cooling down step after the sorbent regeneration

step: on the one side, there is a beneficial effect of the bed

thermal capacity on the reforming step, on the other side the

operation of the whole process cycle is greatly simplified.

Effect of inert heat carrier addition
The aforementioned results clearly show that the time lag

between the thermal and material breakthroughs severely

affects the overall SER performance. In order to better

balancing the heat and CO2 capture capacities of the fixed bed,

replacement of a fraction of sorbent with inert pellets was

simulated. Commercial alumina pellets of the of the same

particle size of the catalyst and the sorbent were selected as

they present suitable low cost solution for increasing the heat

capacity of the reactor (high density rinert ¼ 3950 kg=m3, and

similar specific heat capacity to the catalyst and the sorbent

Cpinert ¼ 0:88 kJ=kgK). By replacing part of the sorbent with the

alumina pellets, a double effect is expected: an increase of the

bed's thermal capacity with a consequent delay of the thermal

breakthrough and a reduction of the sorbent stock in the

reactor and consequently of the material breakthrough time.
Fig. 11 e Effect of inert heat carrier addition on the integral perfo

P ¼ 10 bar; S/C ¼ 4; Tfeed ¼ 550 �C; Tbed, initial ¼ 700 �C.
While keeping the catalyst volume fraction of the reference

case with no inert addition, 10% and 20% of the sorbent vol-

umewas replacedwith the inertmaterial, corresponding to an

inert bed volumetric fraction of 8% and 16% respectively.

Simulations were performed at reference operating condi-

tions (P ¼ 10 bar; S/C ¼ 4; Tfeed ¼ 550 �C; Tbed, initial ¼ 700 �C;
GHSV ¼ 350 Nm3/mrec

3h).

The calculated breakthrough curves presented in Fig. 10

show that the moderate increase of the bed thermal capac-

ity slightly extends the pre-breakthrough phase, character-

ized by a relatively constant outlet gas temperature. Moving to

the thermal breakthrough phase, the simulated outlet stream

temperature significantly increases with the inert solid frac-

tion, leading to highermethane conversion. Remarkably at the

highest simulated inert fraction the outlet temperature during

the thermal breakthrough phase significantly exceeds the

initial solid temperature. Similar results were reported in the

literature [22]. Using a pseudo homogeneous model Martini

et al. investigated a modified SER process where the reactor

was loaded with catalyst, sorbent and Cu pellets, this latter

acting as an inert during the reforming step; investigating the

impact of different operating conditions, temperature profiles
rmances of the methane SER process. Working conditions:
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with a maximum temperature exceeding the initial bed tem-

perature were obtained even though the SER process is glob-

ally endothermic.

Finally, the increasing amount of inert in the bed brings

forward the breakthrough, as a result of the reduction of the

sorption capacity of the reactor and the increase of conversion

in the thermal breakthrough phase.

The effect of progressive replacement of sorbent with

inert material on the integral process KPI is presented in

Fig. 11. Results of this analysis show that the overall methane

conversion improves with the inert solid fraction (from 88.6%

to 91.0%), leading to higher hydrogen yield and higher carbon

capture ratio. However, this strategy leads to a marked

reduction of the breakthrough time, thus increased number

of reaction-regeneration cycles leading to some possible

technical hurdles. A basic energy analysis for the three cases

was performed by calculating the specific heat required to

regenerate the reactor bed at 900 �C. Results of this analysis

show that the specific heat required for the sorbent regen-

eration stage grows from 0.279 MJ/MJH2 to 0.307 MJ/MJH2 on

replacing 20% of the sorbent with the inert. Details about this

analysis are reported in section H of the Supplementary

Material. Therefore, a global technoeconomic analysis of the

process, including the full cycle reaction-regeneration and

heat recovery, is required to better assess the benefit of

addition of inert solids in the bed on the overall plant KPIs. It

is worth mentioning that additional simulations were per-

formed at a lower feed temperature of 450 �C to magnify the

role of the thermal bed capacity in the process and the re-

sults can be found in section I of the Supplementary Mate-

rials of this work. The axial profiles for the highly diluted

case are presented in section I of the Supplementary Material

as well.

Similar effects to those calculated for addition of inert

material were found when studying the impact of the

maximum sorbent conversion (Xmax), where the inactive

portion of the sorbent acts as an inert to the process. This

indicates that the degradation of the sorbent during the cyclic

behavior of the process has positive effect on the performance

of the process in terms of CH4 conversion and carbon capture

ratio but reduces the cycle time and worsens the energy effi-

ciency. Results of Xmax effect are reported in Section J of

Supplementary Material of this work together with those of a

sensitivity analysis on the second carbonation kinetic

parameter, kcarb.
Conclusions

Methane sorption enhanced reforming (SER) process in a fixed

bed reactor under adiabatic conditions was modelled in this

work using a 1-D heterogeneous model. The model accounts

for three well mixed solid phases: the sorbent, the catalyst,

and the inert, in addition to the gas phase, providing crucial

information on the role of each of the phases on the thermal

behavior of the reactor and the global performance of the SER

process. The proposed SER model was based on the kinetic

expressions published in the literature that describe the main

reactions involved in the process and was validated using

experimental results from the literature. Simulations covering
a wide range of operating parameters were carried out with

the aim of providing comprehensive understanding and

interpretation of their effects on the technical KPIs, namely:

methane conversion, hydrogen yield and purity, and carbon

capture ratio (CCR).

Results of model simulations highlighted the need of a

sufficient enthalpy input to compensate for the endothermic

nature of the methane SER process at high temperatures.

Higher CH4 conversion and carbon capture ratios were simu-

lated on increasing either the feed temperature, the initial

solid temperature, or the bed heat capacity. From an energy

efficiency aspect, feed gas preheating is preferable if achieved

through waste heat recovery, on the other hand, it may result

in high heat exchangers cost and other technical issues (e.g.

coke formation).

The initial bed temperature was shown to have a minor

effect on the global performance of the SER process over the

duration of the reforming step. An increase of the H2 yield

from 86.1% to 90.2% was calculated on increasing the initial

bed temperature from 700 �C to 900 �C, counteracted by a

slight drop in the CCR by 1.4% (from 86% to 84.6%) on

increasing the initial bed temperature from 700 �C to 900 �C.
However, this result indicates the potential to avoid or mini-

mize the extent of a cooling step between regeneration and

reforming stages with beneficial implications on the overall

efficiency of the process.

Increasing the bed heat capacity, thus the energy stored in

the bed from the regeneration step by the addition of inert

material, avoids the coking issues but leads to an increase in

the heat demand for bed regeneration, reducing the overall

energy efficiency of the process with a predicted increase of

about 10% (from 0.279 MJ/MJH2 to 0.307 MJ/MJH2) on replacing

20% of the sorbent with dense alumina pellets.
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Nomenclature

aV;j Phase j specific surface area per unit volume [m2/m3]

A Reactor cross sectional area [m2]
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BTt Breakthrough time [s]

Cj;i Phase j molar concentration of species i [kmol/m3]

Cpg Specific heat capacity of the gas [kJ/kg/K]

Cpi Specific heat capacity of species i, (i ¼ CaO, CaCO3)

[kJ/kg/K]

Cpsorbent Specific heat capacity of the sorbent [kJ/kg/K]

dp Particle diameter [m]

Dae;i Effective axial dispersion of species i [m2/s]

Fgas;tot Total specific molar flow rate [mol/m2/s]

G Mass flow velocity [kg/m2/s]

hgs Gas-solid heat transfer coefficient [kW/m2/K]

km;i Gas-solid mass transfer coefficient of species i [m/s]

kcarb rate constant of CaO carbonation [s�1]

Lt Total reactor length [m]

MWgas Gas mixture molar weight [kg/kmol]

MWi Molar weight of species i [kg/kmol]

ni Number of moles of species i [kmol]
_ni Molar flow rate of species i [kmol/s]

NCi Number of carbon atoms in species i [�]

P Total pressure [MPa]

pco2 ;eq Equilibrium CO2 partial pressure [atm]

Rj Rate of reaction j [kmol/kgcatalyst/s]

Rcarb Rate of carbonation [kmol/kg0CaO/s]

SP;j Geometric particle surface area of solid j [m2]

Tj Temperature of phase j [K]

U Superficial velocity of gas [m/s]

VP;j Particle volume of solid j [m3]

Xsorbent Fractional sorbent conversion [molCaCO3=molCaO]

Xmax Maximum sorbent conversion [molCaCO3=molCaO]

ygas;i Gas phase molar fraction of species i [�]

yco2 ;eq Equilibrium molar fraction of CO2 [-]

Z Axial coordinate of the bed [m]

Greek letters

ε Bed void fraction [�]

DHR;j Heat of reaction j [J/mol]

DHcarb Heat of carbonation reaction [J/mol]

mg Viscosity of the gas [MPa s]

rCatalyst Catalyst particle density [kg/m3]

rCaO Initial sorbent particle density [kg/m3]

rinert Inert particle density [kg/m3]

rg Gas density [kg/m3]

rsorbent Sorbent bed density at time t [kg/m3]

xj Volumetric fraction of solid phase j [m3
j/m

3
solid]

h Catalyst effectiveness factor [�]

nij Stoichiometric coefficient of species i in reaction j [�]

lax Effective axial thermal conductivity [kW/m/K]
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