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A B S T R A C T

The work proposes an insight into an innovative combination of thermal seawater desalination technologies 
(forward osmosis and membrane distillation) fed by sensible waste heat recovered from the cooler of a super
critical CO2 cycle of a concentrating solar plant. The sensible heat at low temperature, from 50 to 75 ◦C, is 
exploited in the forward osmosis plant adopting a thermo-responsive draw agent, where 60% of available 
freshwater is separated from the seawater with a thermal consumption of 89 kWhth/m3. At temperatures up to 90 
– 100 ◦C, the rejected heat is used in the vacuum membrane distillation plant with an innovative layout, bringing 
the brine close to crystallization and entailing a thermal consumption of 187 kWhth/m3. Finally, a crystallizer 
operated with the sensible low temperature heat from the cycle precipitates the salts, recovering part of them. 
The work presents a novel integration in series of various thermal desalination technologies to approach zero 
liquid discharge and includes the system hybridization with a next generation renewable concentrating solar 
plant, demonstrating the technological attractiveness in both technologies. With simulations of annual perfor
mances of the solar-power section, assuming a 100 MWel CSP plant in Sevilla, the annual freshwater production 
is evaluated at 3.39 Mm3/year, with 32 kton/year of salts separated and 4040 equivalent operating hours. The 
proposed configuration leads to overall specific thermal consumption of 156 kWhth/m3, a level lower than 
conventional desalination solutions at constant output products, with water recovery ratio of 95%, thus reducing 
the issues related to brine management of commercial plants.

1. Introduction

Freshwater scarcity represents one of the most significant challenges 
of the 21st century, driven by various factors such as population growth, 
rapid industrialization, and intensifying effects of climate change. 
Currently, more than 3.6 billion people experience limited water 
availability for at least one month annually with projections indicating 
that the affected population will increase by 50 % within 2050 [1]. The 
global installed desalination capacity is undergoing exponential growth 
to meet this demand and is projected to nearly double by 2030 [2]. 
Reverse Osmosis (RO), the most widely deployed technology, relies on 
high hydraulic pressure to overcome the osmotic potential of seawater, a 
process that is inherently electricity-intensive, consuming approxi
mately 4 kWhel/m3 of produced freshwater [3,4]. Furthermore, RO 
systems are limited in water Recovery Ratios (RR) to moderate values 
between 40 and 50% [5,6]. Similarly, thermally-driven technologies like 
Multi-Effect Distillation (MED) can demand a relatively limited Specific 
Thermal Energy Consumption (STEC), in the range of 70 – 90 kWhth/m3 

[7] when a latent heat source above 70 ◦C is considered, but their 
operational effectiveness is largely capped by scaling phenomena which 
significantly limits the RR [8]. A critical, shared drawback of RO, MED 
and other commercial desalination technologies is the production of vast 
quantities of hypersaline brine effluents, given the RR in the range of 
50% [9]. For this reason, in the last few years the interest for Zero Liquid 
Discharge (ZLD) plants has increased drastically to completely separate 
the water from the various salts commonly found in seawater, eventu
ally recovering their economic value.

Research has advanced thermally driven membrane processes like 
Forward Osmosis (FO) and Membrane Distillation (MD) to push for RR 
beyond the ones of MED or RO. In a FO system, an osmotic pressure 
gradient between the two sides of the membrane is exploited (seawater 
side and draw side), while MD can run due to temperature difference 
across the membrane, driving vapor transport across it [10,11]. The key 
advantage of both technologies is their ability to operate using low- 
grade sensible heat (<100◦C) from sources like industrial waste heat, 
geothermal energy, or solar thermal collectors [12] and recover the 
latent heat in the process by reducing the process energy consumption.
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A highly promising pathway to mitigate these challenges can be 
found in the symbiotic integration of desalination processes with 
Concentrated Solar Power (CSP) plants [13]: various works demon
strated the advantage of using the rejected heat from the steam cycle to 
drive a MED [14] and other more unconventional technologies [15,16]. 
Several techno-economic assessments, such as those by Olwig [17] and 
Askari [18], analyzed CSP+MED or CSP+RO configurations powered by 
steam Rankine cycles, reporting levelized costs of water in the range of 1 
– 3 $/m3, but consistently emphasizing that the integration compro
mises electric output due to the elevated condensation pressure required 
for steam extraction. Specifically, the loss of electric production of the 
steam cycle of the CSP plant is in the range of 3 kWhel per cubic meter of 
freshwater produced. [19,20,21]

Recent advancements in power block technology, particularly the 
development of high-efficiency supercritical CO2 (sCO2) cycles, have 
opened new frontiers for water and electricity cogeneration [22]. A 
unique thermodynamic characteristic of these advanced cycles is the 
rejection of considerable amounts of sensible heat over a gliding tem
perature range (typically 50 – 100 ◦C). These temperature levels are 
suitable to drive the abovementioned thermal desalination processes 
without penalizing the cycle electric efficiency. A few literature works 
are also available exploring CSP+D plants with MED and sCO2 cycles 
[19,20,21]: configurations adopting multi-effects MED are discussed 
with STEC below 200 kWhth/m3, a much higher value than the one from 
latent heat sources.

In addition to the interest in conventional MED coupled to solar 
plants, previous works demonstrated the potentialities of FO with sCO2 
cycles to significant reduction in specific thermal consumption [23], 
from 150 kWhth/m3 of the MED to 90 kWhth/m3. Nevertheless, the 
hybridization of FO and CSP studied in literature systems for thermal 
desalination from CSP up to ZLD were not considered in literature, 
evidencing a significant literature gap which will be tackled in this work.

This work proposes a hybrid concept which sequentially combines 
FO with vacuum membrane distillation (VMD) to treat the highly 
concentrated brine from the FO unit, followed by a final thermal crys
tallization step. Accordingly, the innovative configuration proposed in 
this work shows a viable pathway toward achieving RR above 90% and 
approaching ZLD, while having a purely thermal system maintaining an 
overall specific thermal consumption below the values of MED plants in 
analogous CSP+D plants. The proposed plant benefits from the low 

STEC of the FO technology, if compared to MED with sensible heat in the 
100-50◦C range, and combines it with the high RR that is enabled with 
VMD, in series with the FO.

Conventional solutions such as MED are limited to 50% RR and 
cannot reach ZLD conditions, configurations combining MED and VMC 
with RO strongly penalizes the electric output of the CSP plant whereas 
FO alone is not considered for ZLD applications.

The primary objectives of this study are three-fold: (i) to push the 
boundaries of seawater recovery to over 90% and up to ZLD, thereby 
turning the concept of brine from a waste and problematic by-product 
into a valuable resource for mineral extraction; (ii) to drastically mini
mize auxiliary electricity consumption by designing a system that 
operates exclusively on low temperature sensible heat that otherwise 
would have been rejected in the environment; and (iii) to propose an 
unified and thermodynamically optimized integration of thermal desa
lination up to ZLD with dispatchable renewable energy technologies, 
such as CSP, made feasible by exploiting the favorable characteristics of 
sCO2 power cycles. Among these, the last one represents a significant 
novelty of the work, as sensible heat sources from 100 to 50◦C can be 
found in many energy and industrial applications, other than CSP, 
widening the interest of this study.

To validate this concept, the proposed framework is assessed through 
rigorous process simulations of a 100 MWel solar tower CSP plant, 
analyzed in a case study in Sevilla, Spain (identified in literature as an 
optimal location for desalination plants [24]), featuring detailed ther
modynamic models of the solar field, power block, and advanced 
desalination layouts. The results presented herein demonstrate the 
profound potential of this integrated approach to concurrently achieve 
high-efficiency green electricity generation and truly sustainable fresh
water production, projecting a course for the next generation of 
renewable energy system for the combined production of electricity and 
desalinated freshwater.

2. Technology description

2.1. Concentrating solar power integration with novel desalination plant

This work proposes the modeling of a 100 MWel CSP+D plant located 
in Sevilla, evaluating the electrical and freshwater production at design 
conditions and on annual basis, through an analysis with hourly 

Nomenclature

Acronyms
CSP Concentrated Solar Power
DNI Direct Normal Irradiation
FO Forward Osmosis
HX Heat Exchanger
HTC Heat Transfer Coefficient
HTF Heat Transfer Fluid
HRU Heat Rejection Unit
KPI Key Performance Parameters
LCST Lower Critical Solution Temperature
MD Membrane Distillation
MED Multi Effects Distillation
PCHE Printed Circuit Heat Exchanger
PV Photovoltaics
PHE Primary Heat Exchanger
RR Recovery Ratio
RO Reverse Osmosis
sCO2 Supercritical Carbon Dioxide
STEC Specific Thermal Energy Consumption
TES Thermal Energy Storage

VMD Vacuum Membrane Distillation
ZLD Zero Liquid Discharge

Symbols
A Area [m2]
cp Specific Heat Capacity [kJ/kg/K]
c Concentration of draw solute [%wt]
EEel Electric Energy [MWhel]
Jw Permeate Flux [kg/m2/hour]
m Mass [kg]
ṁ Mass flow rate[kg/s]
π Osmotic Pressure [bar]
P Pressure [bar]
ΔP Pressure drop [bar]
ρ Density [kg/m3]
Q Thermal Power [W]
T Temperature [◦C]
ΔT Temperature difference [◦C]
s Specific Entropy [kJ/kg/K]
V Volume [m3]
V̇ Volumetric flow rate [m3/year]
x Salinity [kgSALT/kgTOT]
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discretization. The CSP plant adopts a central solar tower receiver with 
conventional solar salts as heat transfer fluid and storage media, using a 
sCO2 power cycle with maximum and minimum temperature of 550 ◦C 
and 50 ◦C, respectively.

The analysis of the overall plant is carried out by assuming that the 
operating conditions of the power cycle are always fixed, running at 
design point when thermal power is available in the heat transfer fluid 
(HTF) either from the thermal energy storage (TES) or from the receiver: 
this represents a typical operating condition which maximizes the plant 
electric output, since the TES decouples the solar radiation from the 
power cycle operations. Consequently, the thermal power discharged 
from the cycle to the desalination plant is at constant temperature levels, 
preventing off-design behavior of the desalination plant and thus sta
bilizing and guaranteeing its performances.

The innovative arrangement of the two thermal desalination tech
nologies in series, specifically as bottom systems of the power cycle, 
shown in the schematic plant layout of Fig. 1. The first desalination 
section requires sensible heat at low temperatures, in the 50 – 75 ◦C 
range and is based on a FO plant with a thermo-responsive draw agent 
(Polycerin 55GI-2601) proposed in literature for this application [25]. 
The FO achieves a RR of about 60%, producing a brine with salts content 
of 8.3%wt., starting from conventional seawater with a salinity of 3.5% 
wt.

The second desalination section consists of a VMD bringing the 
salinity of the brine from 8.3%wt. to 20%wt. using sensible heat avail
able at higher temperatures, from around 75 to 100 ◦C. The specific MD 
plant configuration includes a vacuum MD plant with commercially 
available ceramic tubular membranes [26]. The final step includes a 
crystallizer and concentrator, with low temperature heat in the 50 – 75 
◦C range from the cycle that brings the brine to the crystallization point 
and producing valuable minerals as by-products.

The layout of the heat rejection units is defined to meet the heat 

demand of the desalination units HRU (A) and HRU (B). The higher 
temperature HRU (75 – 100 ◦C) drives the VMD system, while the low 
temperature heat (50 – 75 ◦C) runs the crystallizer and FO.

The CSP+D coupling ensures that the desalination unit is adapted to 
the characteristics of the power cycle and its HRU, without affecting its 
operation and load profile along the year, conceptually substituting a 
conventional air-cooled HRU: as such, the temperature profile of rejec
ted heat is defined by the power cycle, while the temperature match 
with the desalination section is matched by adapting its flow rates, 
composition and temperatures TB, TC, TD and TE from Fig. 1. Therefore, 
this work does not aim at investigating a trade-off between electrical and 
freshwater output, but it wants to showcase what is the maximum 
freshwater output achievable without affecting the electricity 
production.

As the work includes two innovative desalination technologies, 
models from literature have been adopted to strengthen the analysis. 
The summary in Table 1 lists the validation of the models adopted in 
terms of mass and heat transfer across the membranes for this specific 
application: detailed discussion of the numerical analysis of each sub- 
component is reported in the respective section.

2.2. Forward osmosis plant

The forward osmosis plant is the first section of the overall desali
nation plant shown in Fig. 1 (specifically from point A to B on the brine 
side). Before entering the FO plant, the seawater is processed in a pre- 
treatment section where problematic compounds (organic or chemical 
additives in seawater) are removed, whereas the FO membrane serves as 
a highly selective primary barrier, effectively rejecting multivalent ions, 
micropollutants, and any residual macromolecules present in the 
seawater feed. The specific layout and characteristics of the FO plant 
considered in this work are shown in Fig. 2 [30]: after the membrane, 

Figure 1. Layout of the CSP+D Plant with Waste Heat Exploitation up to ZLD.

Table 1 
Summary of the experimental validation of the models in this work.

Desalination 
Unit

Model Deviation from Experimental Data

FO JW model validated for seawater desalination Between 5% and 13% with NaCl as draw; Always below 6% with glucose as 
draw [27]

VMD JW model validated and membrane characteristics calibrated on this work 
membrane

Average deviation of 11% on JW values [28,29]
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the draw-rich stream (point 3) is diluted (point 4), it is heated in a 
recuperator up to point 6, at temperature of 45 ◦C, receiving heat from 
the cycle HRU up to point 7. After the heating phase, the mixture of both 
draw and water is separated into two liquid phases in a coalescer, with 
two compositions evaluated according to the Low Critical Solution 
Temperature (LCST) curve of the draw solution. Both stream are cooled 
down in recuperators: as the water-rich one is filtrated with a nano
filtration system producing the freshwater flow (stream B), the draw rich 
is directly recirculated (point 14), heating up the brine to be fed to the 
subsequent VMD plant.

The thermo-responsive draw agent Polycerin 55GI-2601 is consid
ered [31] (CAS: 220144-83-2, a copolymer), guaranteeing higher RR 
than other polymer based draw agents as PAGB2000 as discussed in 
literature [32]. Properties of the mixture between Polycerin and water 
are summarized in Table 2.

Focusing on the Polycerin thermal properties, the heat capacity of 
the pure draw and the mixture between the draw and distilled water was 
measured at Politecnico di Milano with a calorimeter (Microcalvet Ultra, 
manufactured by Setaram), with the results reported in Table 3: the 
numerical values shown did not present relevant variations with tem
perature in the range 40 – 60 ◦C, and a polynomial interpolation of such 

data is derived in Table 2.
Data are available on the phase diagram (i.e. the LCST of the Poly

cerin+water mixture) along with the osmotic pressure up to a draw 
concentration of 35% [25]: the equation in Table 2 reports an expo
nential trend of the osmotic pressure interpolated by the experimental 
data. Unfortunately, viscosity, thermal conductivity and diffusivity are 
data not available in literature for the this mixture: nevertheless, these 
properties do not influence the thermal consumption of the desalination 
plant (STEC), nor the liquid-liquid phase separation process in the 
coalescer and the estimation of the respective RR.

The LCST and trend of the heat capacity used in this work are visu
alized in Fig. 3: the draw agent requires temperatures up to 75 ◦C to 
produce pure freshwater in the water-rich stream (through the liquid- 
liquid phase separation in the coalescer), hence demanding quality 
heat, perfectly suitable for coupling with sCO2 cycles.

The properties of the membrane adopted in the FO are taken from a 
previous literature work of the authors on FO [27], including all the 
geometrical and structural data, affecting only the membrane area and 
associated costs, whereas its water permeability is 0.44 LMH/bar [33]. 
The nanofiltration membrane and its characteristics is also taken from 
literature, characterized by a water permeability of 14 LMH/bar [34]. 
Once the freshwater is separated in the nanofiltration membrane 
(stream B in Fig. 2), the brine at the outlet of the FO membrane is heated 
in the recuperator up to the inlet of the VMD plant (stream A in Fig. 2): at 

Figure 2. Plant layout of the forward osmosis section of the desalination plant.

Table 2 
Properties of Polycerin 55GI-2601 +water mixture as function of the draw mass 
concentration.

Property Correlation Source

Density 
[
kg/m3

]
ρ(c) = 141.87⋅c + 997.84 Petrinic 

[25]
Isobaric specific heat 

capacity [kJ/kg/K]
cp(c) = − 2.842 ⋅c3 + 2.811 ⋅c2 − 2.099 ⋅c 

+ 4.180
This Work

Phase diagram (LCST) 
[◦C]

T(c) = 75.34 − 137.56⋅c +

711.57⋅c2 − 1350.60⋅c3 + 914.26⋅c4
Petrinic 

[25]
Osmotic pressure [bar] π(c) = 2037.60⋅c3.09 Petrinic 

[25]

Table 3 
Experimental data of the Polycerin+water mixture heat capacity.

Polycerin 55GI- 
2601(Mass 

composition)

Heat Capacity at 
Constant Pressure 

[kJ/kg/K]

Uncertainty Operating 
conditions

100% 2.05 2% From 40◦C to 
60◦C, at ambient 

pressure
68.4% 3.15
38.2% 3.63
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this condition the salinity is about 8.3%wt., and membrane distillation is 
normally considered in literature as a suitable technical solution for 
water permeation, avoiding problems of scaling and fouling that would 
affect more drastically FO or RO membranes at this high salinity levels.

Finally, the electricity consumption of the auxiliary (circulating 
pumps) for the water and the draw side are assessed assuming a pump 
efficiency of 70%, including electromechanical losses. In the calcula
tions, the following pressure drop are assumed: i) 1 bar for the seawater, 
on the pre-treatment section, ii) 0.5 bar for the seawater, on the FO 
membrane side, iii) 1 bar for the draw side, on the coalescer, iv) 1 bar on 
the draw side, across the HX of the whole plant except for the nano
filtration, v) 8 bar on the draw side across the nanofiltration step. The 
pressure drop value across the coalescer is based on experimental data 
[30], whereas the value of the pressure drop across the nanofiltration 
step is taken from a previous work of the authors on PAGB2000 as draw 
solute, assuming 8 bar overpressure due to the uncertainties related to 
the viscosity of Polycerin 55GI-2601 and the consequent uncertainties 
on the corresponding NF membrane area.

2.3. Membrane distillation plant

The MD membranes effectively work at higher temperatures than the 
ones characteristic of the FO section, typically above 70 ◦C, as the 
driving force of the VMD is the pressure difference between the satu
rated pressure of water at the temperature of the feed and the vacuum 
pressure on the permeate side.

Tubular membranes are considered for VMD, available on the market 
from IKTS [26], with the characteristics reported in Table 4 and external 
diameter of 6 mm with a length of 1 m. The membrane is in α-alumina 
oxide, a ceramic material, used for the good structural resistance. The 
brine flows in-tube as feed, while vacuum is imposed on the external side 
with vacuum pumps. The membrane top layer, with the highest porosity 
and lowest tortuosity, constitutes the internal layer, directly in contact 
with the feed. The intermediate layer and the support layer are coaxial 

with the tubular membrane, with the support layer being in direct 
contact with the vacuum side. The characterization of these membranes 
and rigorous 1-D numerical modeling of the VMD are available in 
literature [29], including SEM analysis and the identification of the 
structural parameters such as porosity and tortuosity.

A peculiar layout of the VMD plant is developed, see Fig. 4 [29], 
suitable for the recovery of sensible heat from the sCO2 flow in the cycle 
HRU, highlighted in red. According to the VMD process and layout, the 
heat is introduced in first two stages through two heat exchangers, red in 
Fig. 4, that elaborates a recirculating flow rate (flow 1R, flow 2R) higher 
than the main flow (flow 1).

As the vapor permeate leaves the first and second stage, it feeds in 
cascade the other 2 stages (third and fourth) by heating their respective 
recirculating flows (flow 1P and 2P) using the latent heat to separate 
more water. A pinch point of 1 ◦C is set at the condenser of the permeate 
allows, useful to determine the recirculation flow of the subsequent 
stages (flow 3R, 4R, 5R, 6R, 7R, 8R), whereas the mixing of the recircu
lation stage with the main flow is set at isothermal conditions (tem
perature T3R is fixed at the value of T3).

The degrees of freedom of the VMD layout are the temperature dif
ference across the stages (ΔTSTAGE = T1 − T2 = T2 − T3 = ⋯ =

Tlast− 1 − Tlast), assumed equal in all the stages and the inlet temperature 
of the plant (T1); the salinity levels at inlet (x1) depends on the previous 
desalination section and the outlet (x9 in the figure) is set at 20%wt. 
with a RR for the combined FO+MD system of 85%.

The temperature difference across each stage, ΔTSTAGE is set to 
maximize the average permeate flux Jw of the overall VMD plant: high 
ΔTSTAGE maximizes the permeate flux Jw in the first stages but penalizes 
the last stages, since the condensation temperature of the last two 
permeate flows (flow 7P and 8P) is kept at 40◦C, while the opposite 
occurs with low ΔTSTAGE. Thus, Jw maximization is adopted as single 
selection criterion for ΔTSTAGE since a variation in ΔTSTAGE does not in
fluence the FO section, that is precedent with respect to the brine di
rection, nor the subsequent crystallizer and brine separator.

The electric consumption of the vacuum pump for the VMD system is 
estimated, assuming a pump efficiency of 70%, including electrome
chanical losses. Pressure drop on the feed side is assumed at 1 bar for 
each stage (8 bar overall), whereas the consumption of the vacuum 
pump are modelled as liquid pumps of the permeate after the conden
sation in the respective HX, up to the ambient pressure.

2.4. Brine concentrator and crystallizer

Once the brine has reached a salt concentration of 20%wt., the flow 
is heated again up to 75 ◦C for the final separation step, a temperature 
compatible with the heat from the cycle HRU and coherent with the 
maximum temperature of the draw solute heated in the FO plant. The 
plant scheme of the brine concentrator and crystallizer is proposed in 
Fig. 5, adapted from literature considering the characteristics of the heat 
source and heat sink of this work [35], and considering the hybridiza
tion with the CSP plant with sCO2 cycle.

As the brine at VMD outlet is introduced in the plant (stream “a” in 
Fig. 5), it is mixed with a recirculation flow from the crystallizer (stream 
“j”) before entering the first PHE (stream “b”) at 40◦C. Then, the brine is 
brought to 75 ◦C (stream “c”) thanks to the low-temperature heat 
available from the HRU of the power cycle, it thus undergoes a single 
stage of VMD (down to stream “d” at 45◦C), producing freshwater. The 
flow then is heated up again to the same maximum temperature of 75 ◦C 
(stream “e”) and subsequently concentrated again in a VMD stage down 
to 45 ◦C (stream “f”): finally an air-cooler brings the temperature down 
to 40 ◦C (stream “g”).

The water separated in the VMD stages (stream “i”) leads to an in
crease in salinity of the circulating brine above the crystallization point 
at 40 ◦C (evaluated at 26.6%wt.): for this reason, part of the salt can be 
separated until the salinity at the outlet (stream “h”) reaches 26.6%wt. 
Finally, as not all the salt introduced in the system (in stream “a”) is 

Figure 3. Interpolated trend of experimental data of LCST and heat capacity of 
the water+Polycerin 55GI-2601 mixture.

Table 4 
Characteristics of the tubular membrane of α-AO taken from literature [29].

Membrane top 
layer

Membrane 
intermediate layer

Membrane 
support layer

Material Alpha Alumina Alpha Alumina Alpha Alumina
Average Pore 

Diameter
0.2 μm 0.8 μm 3 μm

Porosity 43% 42% 36%
Tortuosity 1.7 2.0 2.2
Thickness 30 μm 15 μm 1500 μm
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removed in the crystallizer, an additional flow of saturated brine at 40◦C 
is removed from the plant (stream “k”), before the flow in stream “j” can 
be reintroduced and mixed with the incoming brine from the VMD plant.

The process is based on the principle that the brine at the inlet of the 
VMD stages (at 75 ◦C) is far from the saturation (that occurs over 27% 
wt.) and water permeation remains possible, whereas at lower temper
atures (40 ◦C) the concentration of salts necessary for the crystallization 
reduces, effectively separating the salt through precipitation in the 
crystallizer.

The process is fully integrated with the low-temperature heat avail
able from the CSP and thus the sCO2 power cycle in the 50 – 75 ◦C range, 

allowing also for the production of salt, potentially recovering its eco
nomic value.

The electrical consumption of the auxiliary is quantified as in the 
previous MD plant: a consumption of the vacuum pump of the 
condensed permeated, up to 1 bar, with an additional 5 bar of frictional 
pressure drop in the overall plant on the brine side including mem
branes, the two PHE and the air-cooler.

3. Modelling of the plant components

3.1. Solar section and power cycle for electricity production

Regarding the solar plant design and its off-design yearly analysis, 
along with the performance of the sCO2 cycle, this work refers to a set of 
results taken from previous works, published in the open literature by 
the authors, on hybridization between a CSP plant and a seawater 
desalination plant based on a conventional MED system [36]. The aerial 
view of the solar field and the temperature-entropy diagram of the sCO2 
cycle are shown in Fig. 6. Moreover, the characteristics and features of 
the solar field and the power cycle that are most relevant for the nu
merical simulation and characterization of the hybrid CSP+D plant are 
listed in Table 5.

The solar field was designed with the open-source tool Solarpilot 
[37], assuming the tower and receiver height, including the heliostats 
dimensions, of the Crescent Dunes CSP plant in Nevada [38]. The optical 
performance at off-design conditions of the field, for any sun position, 
was also performed in Solarpilot. The thermal efficiency of the external 
cylindrical solar receiver was evaluated with a thermal model from 
Gentile [39], accounting for conductive, convective and radiating losses: 
simulations are run covering a wide range of thermal power on the 
receiver, from 20% to 100% of the nominal value to capture all possible 
conditions of the plant in off-design conditions, and also the modeling of 
the electric power absorbed by the HTF pump is characterized with the 
same approach.

The annual analysis of this work is carried out on hourly basis: 

Figure 4. Plant layout of the vacuum membrane distillation plant, adapted from literature work of the authors [29].

Figure 5. Simplified block diagram of the crystallizer.
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starting from the sun position and the DNI from hourly weather data of 
the Solarpilot database, the optical and thermal efficiencies are inferred, 
evaluating the energy transferred to the HTF. With a simple control al
gorithm, assuming the power cycle operation always at full load, the 
thermal energy from the HTF is evaluated for the power production and 
the storage in each hour of the day: to do so, a direct storage layout with 
eight equivalent hours is introduced, leading to a negligible amount of 
energy defocused along the whole year.

The power cycle simulations have been computed with the Span and 
Wagner equation of state [40], normally adopted for CO2: the cycle 
maximum temperature and pressure are conventional values for cycle 
simulations for state-of-the-art CSP plants, along with the HX internal 
pinch and pressure losses [41,42]. The recompression cycle layout is 
chosen, suggested in the open literature for an effective coupling with 
the CSP plant [43]. The resulting net cycle efficiency, including elec
tromechanical losses, is 42%. The cycle is operated always at full load, 
when thermal energy is available from the field or the TES it is intro
duced in the primary HX (PHE), and independent from the environ
mental conditions such as ambient temperature: this is necessary to keep 
the temperature profiles in the HRU of the cycle constant, hence leading 
to constant temperatures and heat duty in both desalination sections, FO 
and VDM.

3.2. Forward osmosis plant for freshwater production

The governing equations used to describe the FO process across the 
membrane are here recalled. The model for heat and mass transfer 
across the FO membrane is taken from the work of Colciaghi [27], where 
the asymmetric membrane has the active layer facing the feed solution 

[44]. The difference in concentration across the active layer of the 
membrane, which is the driving force of the whole process, is smaller 
than the concentration difference at the bulk of the two sides due to the 
concentration polarization losses included in the model. Specifically, 
two different concentration polarization effects have to be accounted 
for: (i) internal concentration polarization and (ii) external concentra
tion polarization (the former occurs in the support layer, whereas the 
latter at the feed side interface).

Hence, the water flux 
(

Jw[kg m− 2 h− 1
]
)

across the membrane could 

be described as [45]: 

Jw = D(πDi − πFm) (1) 

Where D[kgm− 2h− 1bar− 1] is the water permeability and π[bar] is the 
osmotic pressure. In addition, part of the draw solute can cross the 
membrane, increasing the concentration of the feed side. This flux of 

draw solute is called reverse draw solute flux 
(

Js[kg m− 2 h− 1
]
)

, which is 

linearly proportional to the concentrations difference across the active 
layer: 

Js = B(CDi − CFm) (2) 

Where B[kgm− 2h− 1
] is the draw solute permeation coefficient, and C 

[
kg m− 3] is the concentration of the solute. This loss in draw solute (Js) is 

integrated into the layout as a pure stream (referring to stream 13 of 
Fig. 2), but it is almost negligible from a numerical point of view with 
respect to the water permeated (JW) and for this reason is neglected in 
the next step of the analysis.

The numerical model is developed across the membrane length with 

Figure 6. Aerial view of the CSP solar field and optical performance (a), T-s diagram of the sCO2 cycle in solarized condition (b). Figures from a previous work of the 
authors [36].

Table 5 
Review of the characteristics of the CSP plant and the Power cycle as from literature [36].

Solar Field Characteristic Value at Design Power CycleCharacteristic Value at Design

Location / Sun position Sevilla, Solar Noon Maximum Temperature [◦C] 550
DNI at design [W/m2] 950 Minimum Temperature [◦C] 51

Heliostats area / Field footprint [m2] 1.28⋅106 / 7.07⋅106 Maximum / minimum Pressure [bar] 250 / 100
HTF Solar Salts Turbine Isentropic Efficiency [%] 92

HTF inlet/outlet temperature [◦C] 420 / 565 Compressors Isentropic Efficiency [%] 88
Optical / Thermal Efficiency [%] 62.9 / 85.4 Recuperator internal Pinch [◦C] 5

Power to HTF [MWth] 635.4 HRU / PHE pressure loss [bar] 2 / 4
Electric power HTF pump [MWel] 12.1 Recup. pressure loss HP / LP [bar] 0.5 / 1

TES Size [h] 8 Net Cycle Efficiency [%] 42.0
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a 1-D approach, discretizing the domain in 100 finite-elements of con
stant area: the feed and permeate properties (temperature, composition, 
flow rate, osmotic pressure) are evaluated locally, obtaining an accurate 
solution of the problem.

Once the water flux (Jw) is evaluated, the water permeated across the 
membrane ṁw[kg s− 1] is computed, being ρw[kgm− 3] the water density 
and Amembr[m2] the active area of the membrane : 

ṁw = JwρwAmembr (3) 

Finally, since the osmotic pressure of the seawater depends both on 
temperature and salinity, the mass transfer and heat transfer model 
across the membrane are solved simultaneously. To do so, the heat 
transfer across the membrane qʹ́ [W m− 2 ] is evaluated according to: 

q'' = UAmembrΔTml (4) 

With U
[
W m− 2 K− 1] being the overall heat transfer coefficient and 

ΔTml[K] the mean logarithmic temperature difference, where U is 
computed as follows: 

U =
1

1
hf
+ Rm + 1

hd

(5) 

And hf and hd 
[
W m− 2 K− 1] are the convective heat transfer coefficients 

on the feed and draw side, respectively, evaluated according to con
ventional correlations for flat plates, and Rm 

[
m2K− 1W− 1] is the 

conductive resistance across the membrane [27].

3.3. Vacuum membrane distillation plant for freshwater production

The governing equations used to describe the MD process across a 
porous membrane are here recalled: they are taken from the heat and 
mass transfer model for VMD already developed in literature by the 
authors [29]. These equations are derived from the works of Zhang [46]
and of Kast and Hohenthanner [11], which have been widely used by 
other authors [10]. As for the FO model, also the VMD model is devel
oped with a discretized 1-D approach, where the trend of the flow 
properties and the permeate flux are evaluated along the axial coordi
nate of the tubular membranes.

The mass transfer mechanism of freshwater across the membrane 
pores is driven by both Knudsen diffusion and Poiseuille flow (i.e., 
viscous flow). Hence, the permeate water flux N

[
kmol m− 2s− 1] is equal 

to the sum of these two components: 

N = NK +NP (6) 

Where 

NK =
8
3
∊r
τt

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅
1

2πRMmTfeed
wall

√

ΔP* (7) 

And 

NP =
1
8μ

∊r2

τt
Pm

RTfeed
wall

ΔP* (8) 

Specifically, Tfeed
wall [K] is the feed temperature at the surface of the mem

brane, Mm[kgkmol− 1
] is the water molar mass, R

[
m2kg s2kmol− 1K− 1

]
is 

the universal gas constant, μ[Pa s] is the viscosity of the vapor across the 
pores, Pm[Pa] is the mean pressure in the pores, defined as 
the mathematical average between the pressure on the permeate side 
(i.e., the vacuum pressure, Ppermeate

vacuum [Pa]) and the vapor pressure of water at 
the wall temperature of the feed side (Psat(@Tfeed

wall)[Pa]). Moreover, r[m] is 
the average pore radius of the membrane, ∊[ − ] is the membrane porosity, 
τ[ − ] is the tortuosity of the membrane pores and t[m] is the membrane 

thickness.
The pressure difference (ΔP*[Pa]), which is the driving force of the 

VMD process, is given by: 

ΔP* = Psat

(
@Tfeed

wall

)
xH2OγH2O − Ppermeate

vacuum (9) 

being the difference between the saturation pressure of pure water at the 
wall temperature of the feed (Psat(@Tfeed

wall)), multiplied by both the molar 
fraction of water in the feed (xH2O[kmolH2O kmol− 1

feed]) and its activity 
coefficient (γH2O[− ]), and the vacuum pressure on the permeate side 
(Ppermeate

vacuum ) imposed by the vacuum pump.
Moreover, to properly simulate the mass transfer problem across the 

membrane, the wall temperature on the feed side (Tfeed
wall) has to be 

determined. The value is retrieved from the energy balance across the 
membrane according to: 

q'' = hf

(
Tfeed

bulk − Tfeed
wall

)
= JwΔheva (10) 

Where qʹ́ [W m− 2 ] is the thermal power per unit of membrane area 
required by the VMD process, hf [W m− 2 K− 1] is the convective heat 
transfer coefficient between the feed and the membrane wall, Tfeed

bulk[K] is 
the bulk temperature of the feed, JW[Kg m− 2 s− 1] the water flux that 
permeates across the membrane (being NMm) and Δheva[Jkg− 1] is the 
enthalpy of evaporation of water at the feed wall temperature, Tfeed

wall.
The first two stages are directly fed by the cooled sCO2 from the HRU 

of the cycle, while the other stages are heated by the condensing 
permeate of the previous ones, with Qin

i [W] the thermal power feeding 
the stage ith, mpermeated,i− 2[kgs− 1] the permeate vapor of the stage i-2th, the 
heat capacity Cp,i [Jkg− 1K− 1] of the feed as function of temperature and 
salinity, while (Ti − Ti+1) is ΔTSTAGE, already defined in Section 2.3. The 
thermal input Qin

i to the ith stage is shown in Eq (11): 

Qin
i = mpermeated,i− 2Δheva = mR,iCp,i(Ti − Ti+1) (11) 

Evaluating Qin
i from the stage ith, it is possible to determine the recir

culating flow rate of the ith stage, mR,i[kgs− 1], thus defining the mass 
balance across each stage.

3.4. Brine concentrator and crystallizer for near ZLD processes

The brine concentrator and crystallizer shown in Fig. 5 is composed 
of a series of components (single stage VMD membranes, HX and crys
tallizer). The boundary conditions on the heat sink and heat source of 
this plant section are: i) hot source from the sCO2 cooling as sensible 
heat from around 80 ◦C to 51 ◦C (see HRU A in Fig. 1), ii) ambient air at 
design condition of 35 ◦C. In the HX is assumed a pinch-point of 5 ◦C 
between the sCO2 in the HRU and the circulating brine (PHE), and be
tween the ambient air and the brine (air cooler).

The mass flow rate of recirculating brine (stream “b” in Fig. 5) is 
computed by considering the heat available from the cycle HRU, 
dividing it equally in both PHE in series, and the temperature difference 
across the PHE (from 40 ◦C to 75 ◦C). The two VMD single stages are 
proposed, similarly to the VMD of the CSP+D plant from Fig. 4, with a 
minimum brine temperature of 45 ◦C at VMD outlet to allow the 
condensation of the permeate at the vacuum pressure corresponding to 
the saturation pressure of water at 40 ◦C: the vapor is subsequently 
condensed by ambient air available at 35 ◦C to achieve liquid fresh
water. As the single stage VMD membranes cannot recover heat inter
nally nor in cascade, since the permeate condenses directly in contact 
with ambient air at the lowest possible temperature, the STEC of this 
section coincides with the evaporation enthalpy of water (around 650- 
660 kWhth/m3), where the thermal input is taken directly from the 
fraction of the HRU power that is not exploited by the FO and VMD 
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plant.
The brine concentrator and crystallization unit, which is based a 

VMD membrane, is modelled with a 1-D approach according to the one 
from section 3.3, assuming the same membrane properties and numer
ical models. According to literature, the specific membrane material for 
VMD can work for in continuous operation for hundreds of hours 
maintaining a constant flux [28], being also experimentally evaluated 
for highly saline feed up to a mass fraction of 35% [47]. To ensure the 
mass balance across the whole component, the saturation conditions for 
the hyper concentrated brine is estimated through correlations from 
experimental data of aqueous solutions of NaCl depending on temper
ature, as the one proposed by Sparrow [48]. A pretreatment section for 
multivalent ions chemical precipitation is to be included before the 
crystallization section, already done in commercial plant, adding 
chemical reactants for the precipitation of Ca2+, Mg2+ and SO4

2-. This 
step doesn’t influence the thermal and electric consumption of the plant, 
affecting only the operative costs, and thus is not detailed in this work.

Precipitated salt is removed under the form of a slurry, sold on the 
market to recover its economic value, whereas the saturated brine at the 
outlet of the brine concentrator plant is left evaporating in a dedicated 
small solar pond nearby the CSP plant, without recovering the water in 
it.

3.5. Key performance parameters of the CSP+D plant

A CSP+D plant is expected to produce both electricity and fresh
water: as such, it can be characterized by the KPI typically adopted 
within the CSP community (such as optical efficiency, thermal efficiency 
and other ones from Table 5) and the KPI adopted in the field of thermal 
desalination technologies.

Moreover, it becomes important to define KPIs that can relate the 
thermal energy exploited from the solar section with the operation of the 
desalination plants. These are discussed in this section, starting from the 
STEC of the FO and VMD plant, including the STEC of the overall CSP+D 
system, and the respective RR.

According to the technology description of Section 2, the STEC 
[
kWhth m− 3] are proposed as: 

STECFO =
QIN,FO

mFresh,FO
=

m6⋅cP,6⋅(T7 − T6)⋅ρH2O

mB⋅3600
(12) 

STECVMD =
QIN,VMD

mFresh,VMD
=

(m1R⋅cP,1R + m2R⋅cP,2R)⋅ΔTSTAGE⋅ρH2O

(
∑

miP)⋅3600
(13) 

STECOVERALL=
QHRUsCO2

mFresh,Overall
=

msCO2Cycle⋅(h8 − h1)
(
mFresh,FO+mFresh,VMD+mFresh,CRYST

)
⋅3600

=
STECFO⋅mFresh,FO+STECVMD⋅mFresh,VMD+STECCRYST⋅mFresh,CRYST

(
mFresh,FO+mFresh,VMD+mFresh,CRYST

)

(14) 

Hence the STEC of the FO plant is evaluated considering the thermal 
input from the PHE (stream “6” and “7” in Fig. 2) and the freshwater 
produced (stream “B” of the same figure), while the STEC of the VMD 
plant is computed considering as thermal input the power from the sCO2 
HRU (red stream in Fig. 4) and output the flow rate of permeate (1P, 2P, 
3P, etc., from the same figure). Finally the STEC of the overall plant 
depends on all the freshwater produced and separated in the three sub- 
sections (including mFresh,CRYST, being stream “i” in Fig. 5) and the overall 
thermal input from the cycle HRU, QHRUsCO2 (from stream “8” to “1” in 
Fig. 1).

The RR of the FO plant is the ratio between the freshwater produced 
in the FO (mFresh,separated,FO, being mB in Fig. 2) and the fraction of 
freshwater within the seawater at inlet (mFresh,inlet,FO). In general, for any 
section of the desalination plant (FO, VMD and crystallizer), the RR is 
evaluated considering the freshwater separated in that section 
(mFresh,separated,i) and the share of freshwater at the inlet (mFresh,inlet,i) 

according to Eq (15). An analogous definition is proposed for the 
FO+VMD section and for the overall plant as defined below: 

RRSection,i =
mFresh,separated,i

mFresh,inlet,i
(15) 

RRFO+VMD =
mFresh,Separated,FO+VMD

mFresh,Seawater
=

mFresh,Separated,FO + mFresh,Separated,VMD

mSeawater⋅
(
1 − xSalt,Seawater

)

(16) 

RROVERALL =
mFresh,Overall

mFresh,Seawater

=
mFresh,Separated,FO + mFresh,Separated,VMD + mFresh,Separated,CRYST

mSeawater⋅
(
1 − xSalt,Seawater

) (17) 

Effective KPIs of hybrid plants can sometimes include details on the 
plant dimensions or cost. Regarding the plant dimension, indicators of 
HX and membrane area are relevant if compared to the overall pro
duction of freshwater along the plant operation.

In this work an indicator of the HX area included in the FO and VMD 
plants is evaluated with Eq. (18), being HXAreaDesal

Yearly[m
2
HXm− 3year− 1]: to 

do so, separated area values are presented for air-cooled HX (i.e. at 
membrane inlet on the draw side in Fig. 2 and for the condensation of 
the permeate of the 7th and 8th stage of the VMD), and for HX that only 
include liquid or vapor streams. For air-cooled HX, the area is evaluated 
assuming an ambient temperature of 35 ◦C, typical for hot location of 
CSP plants, with an overall heat transfer coefficient of 35 W/m2/K 
(referring to the external area of the finned surface), while a value of 
1000 W/m2/K is considered for the HX with liquid or vapor streams, 
without finned surfaces.

Similarly to heat transfer surfaces, an indicator of the membrane area 
necessary for the FO and VMD plant is introduced as 
MembrAreaDesal

Yearly[m
2
membranem

− 3year− 1] and evaluated as in Eq. (19): in this 
case, the membrane area is evaluated directly accounting for the thermal 
power of each separate desalination plants, the relative STEC and Jw.

Both KPIs present at the denominator the overall amount of fresh
water produced yearly, making the indicator specific to the actual useful 
product of the hybrid plant. 

HXAreaDesal
Yearly =

AFO
HX + AVDM

HX
mFresh,Produced

(18) 

MembrAreaDesal
Yearly =

AFO
Membr + AVDM

Membr
mFresh,Produced

(19) 

The specific freshwater production is expressed for the plant with the 
two KPI of Eqs. (20) and (21): the first one accounts for the instanta
neous freshwater production at design conditions, being 

V̇Desal
Design

[
liter m− 2

Helio hour− 1
]
, while the second is an indicator of the yearly 

freshwater production, VDesal
Yearly

[
m3 m− 2

Helioyear− 1
]
. To include the plant size 

in the KPI, the indicators are specific to the unit of reflective area of the 
CSP plant (the heliostats area, AHeliostat). 

V̇Desal
Design =

ṁFresh,Design

AHeliostat
(20) 

VDesal
Yearly =

mFresh,Yearly

AHeliostat
(21) 

4. Case study: 100 MWel CSPþD plant in Sevilla

The results of this work outline the hybrid production of electricity 
and freshwater of the CSP+D plant introduced in this work and sche
matized in Fig. 1. As mentioned, the optical efficiency of the field, the 
thermal efficiency of the receiver, the TES profile and the electrical 
production of the solar section are evaluated with hourly discretization 
assuming solar resources data of the location (Sevilla).
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Considering the net electric power of the sCO2 cycle (100 MWel) and 
the auxiliary electric consumption (mainly the power of the HTF pump, 
evaluated on hourly basis), the net electrical energy produced and sold 
to the grid is evaluated at 404 GWhel/year, leading to a capacity factor of 
the solar plant of 46% and around 4040 equivalent hours per year.

The power cycle, always run at full load whenever thermal power is 
available either from the solar receiver or the TES, rejects to the bottom 
desalination section through its HRU a yearly thermal energy of 576 
GWhth/year, being the totality of the rejected heat from the cycle.

The next subsections present the resulting characteristics of the FO, 
VMD and crystallizer and brine concentrator plants, discussing details 
on the characteristics of each subsystem along with the overall KPI of the 
CSP+D plant as previously defined.

4.1. Performance of the forward osmosis plant in CSP+D configuration

According to the CSP+D scheme of Fig. 1, the first section of the 
desalination plant is the FO, receiving water from the sea at its natural 
salinity assumed at 3.5%wt. To understand and identify the most 
effective operating conditions of the FO layout, a wide sensitivity 
analysis has been carried out on the main parameters, mainly varying 
the ratio between the flow rate of the membrane feed (seawater) and 
permeate (mixture between freshwater and draw) for unit of membrane 
area, keeping the temperature of the draw at 40 ◦C, the seawater at 25 ◦C 
and the temperatures across the PHE (from stream 6 to 7 in Fig. 2) at 45 
◦C and 75 ◦C, respectively.

The temperature difference across the PHE of the FO plant is defined 
as follows: at first, the draw-side minimum temperature of 45 ◦C is set to 
ensure a reasonable internal pinch-point in the T-Q diagram of the 
power cycle HRU with a sCO2 minimum temperature of 51 ◦C, as re
ported in section 3.1. Then the maximum temperature of 75 ◦C is chosen 
to allow for an effective seawater separation in the coalescer (referring 
to the LCST of the draw of Fig. 3). The draw concentration at membrane 
inlet has been fixed at 45% (stream 3), ensuring a good osmotic pressure 
in the permeate side, sufficient to target the RRFO value of 60% with 
seawater on the feed side.

The results in Table 6 highlight the characteristics of the streams in 
the FO plant under the conditions investigated, referring to the specific 
nomenclature reported in Fig. 2: in the table, the mass concentration 
refers to mass concentration of NaCl in water for streams 1, 2, A and B, 
and to the concentration of the draw solute in all the other ones. The 
resulting STECFO is 89 kWhth/m3, considering the thermal input (from 
stream 6 to 7) and the permeate water with a RRFO equal to 60.0% 
favored by the draw osmotic pressure. Finally, the average permeated 
water flux Jw is 1.18 kg/m2/h, going from around 0.6 (cold side) kg/m2/ 
h to 1.9 (hot side) kg/m2/h. The nanofiltration section thanks to the 
infinite selectivity to the draw agent (due to the large molecular 
dimension of Polycerin with respect to water) can operate with small 
pressure difference between the two sides of the membrane with 
consequent negligible electric consumption of this step (differently from 
a conventional RO membrane for seawater desalination).

The temperature-composition chart of the FO plant is also shown, in 

Fig. 7, along with the FO plant layout, visualizing the heating and 
cooling of the draw mixture, along with the permeation of freshwater 
across the membrane (from 3 to 4) and the phase separation in the 
coalescer (from 7 to 8 and 14). It is noted that at the chosen value of the 
maximum temperature (T7) the water-rich stream (stream 8, 9 and 10) 
presents only traces of draw solute, easing the operation of the nano
filtration process.

4.2. Performance of the VMD plant and crystallizer in CSP+D 
configuration

The brine at the outlet of the FO plant with a salinity of 8.3% feeds 
the VMD plant. Considering an inlet temperature of the feed of 83 ◦C, the 
optimal ΔTSTAGE is equal to 4◦C (see Fig. 4) leading to an outlet brine 
temperature of 51 ◦C, well above the condensation temperature of 40 ◦C 
of flows 7P and 8P in the plant layout. The heat is thus introduced in the 
first two stages between 83 ◦C and 75 ◦C (feed side) and the main 
resulting variables across all the stages of the plant along the axial co
ordinates in Fig. 8.

The recirculation rate in the first two stages is 8.2, whereas the 
STECVMD is 189 kWhth/m3. Considering the tubular membrane charac
teristics of IKTS, the VMD results per each stage (summarized in Table 7) 
depict promising values of permeate flux Jw, that decreases along the 
stages (due to the exponential trend of the water vapor pressure) and it is 
enhanced again in the last two stages. In these last two the driving force 
is enhanced with respect to the previous one, since: the vacuum pressure 
on the permeate side corresponds to the saturation pressure of water at 
40◦C, a condition enabled by the air cooling necessary for condensation 
of the permeate streams.

The average overall Jw of 9.1 kg/m2/h, an order of magnitude higher 
than the one of the FO sections, denotes the good features of the ceramic 
membranes for this application in VMD.

Finally, as the high salinity brine is rejected from the VMD plant 
(stream 9 in Fig. 4), it is fed to the crystallizer and brine concentrator of 
Fig. 5. The numerical results of Table 8 summarizes the temperatures 
and salinity of the streams in the plant, including the flow rate assuming 
as a unitary value (100% of the flow) the inlet brine from the top VMD 
plant (stream “a” in Fig. 5). Considering the heat available from the sCO2 
cycle HRU for the crystallizer, 6% of the mass flow rate of the highly 
concentrated stream at inlet is separated as salt, while 42% of the inlet 
brine at inlet is separated as pure water in the two VMD single stages 
(stream and “i” in Table 8). The remaining 52% of the inlet brine is 
rejected as saturated conditions at 40◦C (salinity of 26.61%wt) and left 
evaporating to achieve a complete ZLD process without recovering its 
water content: this saturated flow represents only 7.4% of the overall 
mass flow rate of the seawater at the inlet of the CSP+D plant.

The T-Q diagram of the heat supplied from power cycle HRU to the 
desalination plants is represented in Fig. 9: the VMD plant is run with 
heat from 105 ◦C to 80 ◦C, matching the hot source (cooling of sCO2) 
avoiding internal pinch-conditions on the higher-temperature section of 
the HRU. Regarding the lower-temperature region, at sCO2 tempera
tures below 80 ◦C, a part of the flow is used in the FO plant (HRU (B) in 

Table 6 
Conditions of the FO plant of Fig. 2.

Point Temperature [◦C] Flow Rate [%sea] Concentration [%wt.] Point Temperature [◦C] Flow Rate [%sea] Concentration [%wt.]

1 25 100 3.50 salt 10 46.5 80.0 <1 draw

2 40 42.1 8.30 salt 11 46.5 22.1 <1 draw

3 40 97.6 45.0 draw 12 46.5 22.1 <1 draw

4 29.6 155.5 28.3 draw 13 25 <0.1 100 draw

5 29.6 155.5 28.3 draw 14 75 75.5 58.2 draw

6 45 155.5 28.3 draw 15 67.5 97.6 45 draw

7 75 155.5 28.3 draw 16 55.7 97.6 45 draw

8 75 80.0 <1 draw A 64.4 42.1 8.30 salt

9 46.5 80.0 <1 draw B 46.5 57.8 0 salt
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Fig. 9 (b)) and the remaining part in the hot air crystallizer (HRU (A) in 
Fig. 9 (a)). With a clear understanding of the energy balance from the 
cycle HRU to the desalination plant, the next section investigates the 
overall freshwater obtained from each of the three separate plants in 
series, and the respective thermal performances of the separation.

4.3. CSP+D annual analysis and KPI: Energy and freshwater production

Considering the combined performances of the FO, MD, crystallizer 
and solar plant, the overall STEC (STECOVERALL), overall RR (RROVERALL) 
and annual energy and freshwater produced are presented. The data in 
Table 9 reviews the main results of each desalination technology: an 
overall STEC of 156 kWhth/m3 is obtained, with an overall freshwater 
RR of 95.0% and a separation of salts of 31% with respect to the salt in 
the seawater.

The analysis is carried out considering the water separated in the FO 
and VMD sections (according to the two values of RR) and their 
respective STEC (89 and 189 kWhth/m3). It results that 52.7% of the 
sCO2 flowrate flows in HRU (B) of the FO plant, and 47.3% the sCO2 flow 
in HRU (A). For each of the two HRU, 65% of the power is dedicated to 
the lower temperature heat recovery section (either FO or crystallizer), 
while 35% of the thermal power is exchanged in the high temperature 

Figure 7. Temperature and composition behavior of the circulating flow in the FO plant with POLYCERIN 55GI-2601 as draw agent (a), FO plant (b).

Figure 8. Trend of the temperature and vapor flux across the VMD plant: numbers 1 to 9 refers to the feed conditions as reported in Fig. 4.

Table 7 
Summary of results from the VMD plant modelling.

Stage Jw [kg/ 
m2/h]

Outlet salinity 
[%wt.]

Stage Jw [kg/ 
m2/h]

Outlet salinity 
[%wt.]

1 14.7 8.90 5 5.1 12.75
2 11.7 9.55 6 3.6 14.41
3 9.1 10.40 7 13.7 16.78
4 7.0 11.41 8 8.0 20.00
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section to feed the VMD plant, as shown in Fig. 9.
Considering the yearly electric energy production of 404 GWhel/year 

from the solar plant, with a capacity factor of the solar plant of 46% and 
around 4040 equivalent hours per year, the figures in Table 10 show the 
annual results of the desalination and separation plant applied to the 
CSP plant with sCO2 cycle: the yearly freshwater produced is 3.39⋅106 

m3/year, with around 32⋅103 ton/year of salt. Hence, starting from these 
results of the annual analysis, relevant KPIs of the plant are discussed in 
the following subsection, with focus on the necessary area for the 
membranes and the heat exchangers involved in the plant.

It is important to underline that previous works on CSP+D system 
sharing the same power plant technology provided similar annual 

analysis, while presenting low RR (not over 50%) hence underlining the 
relevance of the current study for next-generation desalination plants 
run by sensible heat. Specifically, referring to Doninelli’s study on the 
MED desalination plant the STEC computed at same boundary condi
tions is around 130 kWhth/m3 [36], hence a higher freshwater produc
tion was found (4.2 ⋅106 m3/year) considering the same solar plant of 
this work: this comes at a cost of more problems for the brine manage
ment. Considering the work of Carraretto on the CSP+D plant located in 
Dubai with only single section of FO [49], the resulting STEC is evalu
ated at around 100 kWhth/m3 using PAGB2000 as draw solute: never
theless, this low STEC value comes at a cost of a way lower RR (of around 
30%, instead of this work value of 95%), that is estimated for PAGB2000 

Table 8 
Characterization of the circulating flows in the brine concentrator-crystallizer. streams numbers refer to the plant layout of Fig. 5.

Point Temperature [◦C] Flow Rate [%Inlet] Salinity [%wt.] Point Temperature [◦C] Flow Rate [%Inlet] Salinity [%wt.]

a 40 100 20.00 g 40 478 27.55
b 40 520 25.34 Salt 40 6 100
c 75 520 25.34 h 40 472 26.61
d 45 499 26.40 k 40 52 26.61
e 75 499 26.40 j 40 420 26.61
f 45 478 27.55 i 40 42 0

Figure 9. Integration between sCO2 cycle heat rejection units and the three thermal desalination plants: the nomenclature in the figure refers to the one of Fig. 1.

Table 9 
Overview of the KPI of the seawater desalination technologies applied to the CSP plant.

FO VMD Crystallizer Overall Plant

STEC [kWhth/m3] 89 189 660 156
RROverall [%] 60.0 85.5 95.0 95.0
RRSection [%] 60.0 63.7 65.5 -

Outlet salinity [%wt.] 8.3 20 100 (Salts) - 26.6 (Rejected brine) 100 (Salts) - 26.6 (Rejected brine)
Average Jw [kg/m2/h] 1.18 9.1 - -

Table 10 
Annual results of the Desalination plant.

FO VMD Crystallizer Overall Plant

Power share from cycle HRU [%] 34 35 31 100
Thermal Power from cycle HRU [MWth] 47.2 48.2 42.4 137.8

Annual Energy from cycle HRU [GWhth/year] 191 195 171 557
Annual Freshwater produced [m3/year] 2.14⋅106 1.03⋅106 0.22⋅106 3.39⋅106

Annual Salt separated [ton/year] - - 32.3⋅103 32.3⋅103
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as draw solute due to the poorer separation capacity to achieve water 
permeation across the membrane and phase separation in the coalescer, 
if compared to Polycerin 55GI-2601.

Considering the auxiliary consumption of the pumps mentioned in 
the previous desalination sections (vacuum pumps for VMD and circu
lation pumps), the overall electricity auxiliary consumption is very low 
with respect to the power plant electric production, being less than 0.5% 
(2.0 GWhel/year out of the 404 GWhel/year produced). This corresponds 
to a specific electric energy consumption (SEEC) of around 0.59 kWhel/ 
m3 for the overall system with the RR of 95% and STEC of 156 kWhth/ 
m3: the SEEC evaluated is thus between one and two order of magnitude 
lower than the SEEC of analogous electrical-driven MVC alternative 
configurations that are not fed by waste heat.

4.4. CSP+D annual analysis and KPI: Economic analysis and system 
footprint

A preliminary economic analysis is carried out, considering estima
tions of the capital expenditure cost (CAPEX) of the various component 
and evaluating the levelized cost of water (LCOW) of the CSP+D plant 
analyzed in this work: details on the methodology adopted for the LCOW 
estimation are shown in the Appendix.

The initial CAPEX of the system is estimated at 110 M€, including 
indirect and contingency costs, evaluated for the overall capacity of this 
work of 840 m3/h: out of this, around half of it is related to the mem
branes capital costs and the second half to the capital costs of the HX. In 
addition to the initial CAPEX, it is assumed that all the membranes are 
substituted every 5 years, and their respective costs are allocated 
accordingly.

The resulting LCOW is 5.8 €/m3 and it mainly depends on: i) the 
capacity factor of the solar plant which limits the capacity factor of the 
desalination plant to the same value, being only 46% in this work (thus 
different analyses of CSP with higher annual DNI would lead to lower 
LCOW values), ii) the membrane replacement cost, iii) the OPEX and iv) 
financial assumptions such as the discount rate. In detail, the LCOW is 
determined by the upfront capital cost for a share of 45%, the OPEX 
contributes for 14% of the LCOW, whereas the membrane replacement 
contributes for the remaining 41% of the LCOW. The analysis is carried 
out without any economic valorization of the separated volume of salts, 
considering a negligible cost of the thermal energy from cycle HRU 
(being effectively waste heat) and by assuming electricity consumed to 
be included in the OPEX.

Due to the strong sensitivity of the LCOW on the capacity factor, 
plant lifetime, discount rate and energy costs, a comparison with similar 
LCOW from literature can be difficult to be made: nevertheless, the value 
in this work falls within a range of 4.5 to 7 $/m3 proposed in literature 
analyses [50].

Along with the economic analysis of the system, system footprint and 
component sizing are also analyzed: KPI related to HX and membrane 
dimension are included in Table 11. In the table, with an overall 
HXAreaDesal

Yearly of 161 m2
HX*m− 3 103*year− 1, the area of the air-cooled HX 

is 5 times higher than the ones with liquid or vapor streams, even if the 
heat transferred in the latter is much higher. Moreover, the VMD section 
accounts for most of the HX area, particularly for the condensation of the 
permeate flow at the last two stages (7th and 8th stage).

Regarding the membrane area, the KPI defined as Membr AreaDesal
Yearly 

has an overall value of 102 m2
Membrane*m− 3103*year− 1, the great ma

jority of the membrane area is disposed for the FO plant because of the 
lower Jw and the highest amount of recovered water.

A trade-off between membrane and HX area (and costs) is evidenced 
in the analysis: while the FO plant does not require large HX surfaces, 
the necessary membrane area is extremely relevant. On the other hand, 
due to the many subsequential condensation steps of the vapor permeate 
in the VMD, vast surfaces in HX are forecasted, with limited membrane 
area due to the inherently higher driving force of vacuum membrane 
distillation process.

Along with the LCOW analysis defined, a sensitivity on the main 
critical parameters of the desalination plant is also proposed in Fig. 10, 
focusing on uncertainties related to variations within reasonable range 
of the overall HTC of the HX (with a 25% variation with respect to the 
base case for both air-cooled HX and liquid-cooled ones), and the 
characteristics of the three categories of membrane involved. The water 
flux permeated of the VMD section, Jw, is only varied by 20%, since the a 
validation of the model on this membrane material is already presented 
in literature, whereas for both the FO and the NF a variation in water 
permeability of 50% is assumed, covering possible analysis for a wider 
range of membrane characteristics. Results suggest that variations in FO 
membrane water permeability don’t have significant influence in 
LCOW, with negligible variation in LCOW for different NF water 
permeability, whereas the variations in HX and VMD characteristics can 
bring the LCOW to vary always within 5.3 to 6.3 €/m3, demonstrating 
the robustness of the LCOW analysis.

Finally, it is important to recall that the results of this sections are 
relative to the annual simulations of the CSP plant in Sevilla, with a total 
of 4040 equivalent hours (i.e. a capacity factor of around 46%): different 
simulations with larger TES of the CSP plant or in locations with higher 
solar radiation may results in very different levels of KPIs.

With regards to the electrical section, as mentioned in section 3.1 the 
annual electricity production of 404 GWhel/year by the power plant is 
evaluated from an overall heliostat area and footprint of 1.28⋅106 m2 

and 7.07⋅106 m2, respectively.
Accordingly, the plant presents a specific production of freshwater 

V̇Desal
Design, at design condition (DNI of 950 W/m2), of 0.302 liter/m2

Helio/ 

hour, whereas the same indicator on an annual basis is V̇Desal
Yearly, 2.65 m3/ 

m2
Helio/year.

5. Conclusions

This work develops and exhibits a novel configuration of a hybrid 
CSP+D plant that is particularly effective with sCO2 cycles feeding a 
bottom desalination plant, up to ZLD. Expanding the framework of this 

Table 11 
Details on the area of the heat exchangers and membranes involved in the FO and VMD plant.

HX: Liquid/Vapor HX: Air-cooled

FO+NF Plant: HX Area [m2] 7 619 35 505
VMD+Crystallizer Plant: HX Area [m2] 77 575 (VMD) + 9450 (Cryst.) 393 469 (VMD) + 22860 (Cryst.)

FO+NF Plant:HXAreaDesal
Yearly[

m2
HX

m3⋅103/year
]

2 10

VMD+Crystallizer Plant:HXAreaDesal
Yearly[

m2
HX

m3⋅103/year
]

26 123

Membrane: FOþNF Plant Membrane: VMDþCrystallizer Plant

Membrane Area [m2] 307 500 (FO)+ 4700 (NF) 28 025 (VMD) + 5855 (Cryst.)

MembrAreaDesal
Yearly[

m2
Membr

m3⋅103/year
]

92 10
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study, the configuration proposed can also be extended to various ap
plications, thanks to the accurate integration between the desalination 
subsections and the sensible heat source from around 100 ◦C to 50 ◦C 
that can be representative of any waste heat recovery process, particu
larly from exhaust gases at low temperature.

The performance of the systems is presented with an overall STEC of 
156 kWhth/m3 and a recovery ratio of 95%, exploiting all the wasted and 
rejected heat from the power cycle, bringing the seawater to the sepa
ration between freshwater and salts.

In the first section of the work, this study demonstrates the inter
esting characteristics of Polycerin 55GI-2601 as draw solute in a FO 
plant, providing experimental data of heat capacity collected within this 
work: a recovery ratio of 60% can be considered feasible for this first 
desalination section, thanks to the promising thermophysical properties 
of the draw mixed with water, with a STEC of 89 kWhth/m3, extremely 
promising if compared with conventional state-of-the-art MED plants at 
the same heat source conditions.

Furthermore, the study evaluates the high permeate fluxes of 
ceramic alumina oxide tubular membrane for the VMD plant, able to 
desalt high salinity brines up to 20%wt. in salt without compromising 
the thermal consumption levels (remaining below 190 kWhth/m3) for a 
cascade plant layout.

Considering the main characteristics and the annual analysis of a 100 
MWel CSP plant with a sCO2 cycle in Sevilla, operated at full load when 
thermal power is available from the solar field or from the energy 
storage, the integration and hybridization of the proposed solar plant 
with the novel desalination system is particularly promising. As a matter 
of fact, the rejected heat from the HRU of the cycle would have been 
effectively wasted, impossible to be re-used for any thermal processes or 
direct use (such as district heating, etc.): for this reason, both the 
freshwater and the separated salts are effectively direct by-products of 
the solar plant. Results of the annual analysis of the 100 MWel CSP+D 
plant with solar tower located in Sevilla suggest that annual specific 
water production are possible around 2.65 m3

WATER/m2
HELIO/year, sepa

rating a large quantity of salt with a considerable market value. More
over, the electric consumption related to the overall desalination process 
results almost negligible with respect to the electric energy produced by 
the solar plant, being less than 0.5% on annual basis, with a SEEC of 0.59 
kWhel/m3. Finally, a preliminary economic analysis of the system sug
gests that the LCOW of the desalination plant is around 5.8 €/m3, an 
interesting value for a desalination plant with a yearly capacity factor of 
only 46%, suggesting that this could substantially lower for CSP plants 
with higher capacity factors.

Future works can focus on expanding the domain of the simulations: 

regarding the FO plant, different draw solutions or different composition 
of the same draw can be considered for a more wide optimization. On 
the MD section, different technical solutions for the membrane distil
lation section, other than the VMD, can be further investigated (such as 
the air-gap membrane distillation technology), including different 
methodologies to reach crystallization conditions. Moving to the power 
section, future works can investigate a comparative scenario with 
photovoltaic fields coupled with reverse osmosis plants, aiming at 
integrating analogous thermal processes to achieve salts crystallization 
that can be electrically run by the photovoltaic plant. From experimental 
point of view, future works can focus on the long term operational sta
bility of the permeate for ceramic membrane for feed close to saturation.
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Appendix:. Preliminary economic analysis and cost estimation

The appendix summarizes the capital cost estimation of the desalination section for the preliminary economic analysis.
Results are proposed adopting the LCOW as the sole KPI of the whole desalination plant, computed as in Equation (22): this is defined as the value 

that brings the Net Present Value (NPV) to zero, including initial CAPEX, OPEX, the membrane replacement costs and the net cashflow from the sold 
freshwater produced (i.e. 3.39 Mm3/year in the analysis of this work). 

NPV = CAPEX+
∑lifetime

i=1

(OPEX + MembraneReplacement − LCOW⋅Freshwateryearly)

(1 + d)i (22) 

The capital costs assumptions are listed in Table A1: most of them are specific to the area of the HX or the membrane of each section, that is already 
proposed in Section 4.4. In addition to the membranes and the HXs also other components have been evaluated according to literature cost function 
[30] (such as the pretreatment unit, the coalescer), but their costs is found to be negligible with respect to the membranes and HX (less than 1%). Also 
piping and pumps are not detailed as previous techno-economic analysis found them to be almost negligible [29], considered included in the 20% of 
CAPEX for the indirect and contingency costs. Finally, OPEX are evaluated as fraction of the CAPEX. Additional financial assumptions are shown in 
Table A2, necessary for the approximate economic analysis. It is evident that since membranes are substituted every 5 years, they are actualized at the 
ith year in Equation (22), corresponding to the 5th, 10th, 15th, 20th and 25th year.

Table A1 
Overview of Capital cost functions.

Section Cost Function Reference

FO membrane 10 €/m2 [30]
NF membrane 20.4 €/m2 [30]

VMD membrane 1000 €/m2 [29]
Heat Exchangers 100 €/m2 [51]

Table A2 
Overview of financial assumptions for the economic analysis.

Feature Value

Plant lifetime 30 years
Discount Rate (d) 6%

OPEX 3% of CAPEX / year
Substitution of membranes Once every 5 years

Indirect + Contingency 20% of CAPEX

Data availability

Data will be made available on request.
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